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SYNOPSIS 
Due to the increasing cost of conventional energy, 
vapour absorption systems are gaining more and more 
importance. It has, therefore, attracted scientists, especially in 
the area of solar energy, biomass energy and waste heat 
recovery, etc. to examine potentiality of the vapour absorption 
cycles which utilize low grade thermal energy. Number of solar 
assisted and gas powered absorption systems have been 
proposed by several researchers [1-7] for use in urban as well 
as rural population of the world. Most of them are readliy 
available in market. However, mainly because of high operating 
costs, they are still not in a position to compete with the 
conventional refrigeration systems. There is still a large scope 
of research to economize such systems. Economic analyses of 
H2O-NH3, NaSCN-NHj, LiNOg-NH, and LiBr-H^O absorption 
systems, using renewable form of energies such as solar, biogas 
and Liquified Petroleum gas (LPG) have been carreid out by 
Siddiqui [8-16] to optimize the operating parameters. It has been 
pointed out by Siddiqui that among the varous operating 
parmeters, the generator temperature has large impact both, on 
performance of the absorption cycle and cost of the energy 
required to operated it. The works of Siddiqui, however, were 
limited to only the single stage absorption cycle. Active research 
in this area is still in progress for improving performance and 
economy. Several modifications have also been proposed for 
advancement in the basic absorption cycle [17]. 
The present work has been taken up to carry study on 
some advanced absorption cycles with the aim that low evapo-
ration temperatures can be attained with improved performance 
and reduced energy requirement. Therefore, economic analysis 
of a few energy sources has been carried out and the optimum 
generator temperatures obtained corresponding to the minimum 
operating costs, for the following three absorption cycles, 
i) absorption cycle with a Heat Recovery Absorber (HRA), 
ii) two-stage dual-fluid cycle, and 
iii) two stage evaporation and absorption cycle, (TSAEC). 
with H2O-NH3, LiNOg-NHg and NaSCN-NHj mixtures as the 
working fluids and the ordinary flat plate collector, evacuated 
tubular collector, biogas and LPG (liquified petroleum gas) as 
the energy sources. 
In the cycle employing a heat recovery absorber 
which is in addition to the primary absorber in the single stage 
(simple) cycle, absorption of the refrigerant is carried out in parts 
at each absorber [18-20]. The heat of absorption released in 
the secondary absorber is used to heat the mixture leaving the 
primary absorber before entering the generator. This reduces 
heat input to the generator. On the other hand, the heat of 
absorption gets distributed among the two absorbers where heat 
only from the primary absorber is to be rejected. This, also 
reduces size of the primary absorber. As a result, the 
performance of the cycle gets highly improved leading to a 
decrease in the costs of the energy sources [18-20]. 
In the two stage dual-fluid cycle, LiBr-HjO mixture 
is used at the first stage and the HjO-NHj, LiN03-NH3 or 
NaSCN-NH3 at the second stage [21,22] so that the evaporator 
at the first stage is used to cool the absorber at the second stage. 
Thus, low evaporator temperatures with improved performance 
and reduced energy input can be achieved. 
In the third model, evaporation and absorption of 
the refrigerant is carried at two stages. A set of the evaporator 
and the absorber operate at very low pressure, thus, yielding 
low evaporation temperatures. While, another set works at a 
medium pressure, with the condenser and the generator 
operating at high pressure. Thus, low evaporator temperatures 
with reduced energy input and improved performance can be 
obtained. 
It has been found that the two stage dual-fluid and 
the two-stage evaporation/absorption systems are suitable 
especially for very low evaporation (as low as -60°C). The 
generator temperature required by these systems are very low 
as compared to the single stage cycle. Thereby, making the 
ordinary type flat plate solar collector feasible for operating the 
absorption cycle at sub-freezing conditions. The absorption 
cycle with a heat recovery absorber, on the other hand, also 
shows great improvement in the performance as compared to 
the single stage simple system. The heat recovery absorption 
system seems to be more suitable for the evaporator 
temperature ranging around 0°C to -20°C. 
Area of the ordinary flat plate and evacuated 
tubular collectors, volume flow rates of biogas and LPG, and 
their corresponding costs have been presented against 
the generator temperature. The curves show minima 
corresponding to to which optimum generator temperatures and 
coefficients of performance have been selected. Optimum 
values of the generator temperatures and the coefficients of 
performance, along with the minimum size of the energy sources 
and their costs, have been exhibited graphically for the various 
absorption cycles at different operating temperatures. 
Mathematical equations for the optimum generator temperatures, 
in terms of the condenser and the evaporator temperatures, have 
also been presented. A comparative study of the absorption 
cycles using the H^O-NHg, LiNOj-NHgand NaSCN-NHj solu-
tions, operated with different forms of the energy sources, have 
also been carried out. 
Percentage deviation in the minimum operating 
costs, the optimum generator temperatures and the 
corresponding values of COP from one another, have also been 
obtained and presented. The optimum generator temperatures 
in the cycle at the second stage of the dual-fluid cycle and in the 
TSAEC are respectively, 17 to 90% and 23 to 85%, lower than 
those in the cycle with HRA. Increase in the coefficient of 
performance of the absorption cycle with HRA from those of the 
cycle without HRA are around 36 to 95%, 32 to 44% and 
25 to 44% for the Hp-NHj, LiNOj-NHjand NaSCN-NH3 mixtures, 
respectively. Percentage increase in COP of the dual-fluid cycle 
from the TSAEC are respectively, 5 to 50%, 3 to 11% and 4 to 
11% for the same working fluids. Percentage decrease in the 
operating costs of the cycle with HRA from those of the cycle 
without HRA are around 20 to 45%, for the H,0-NH, solut ^ 2 ^ " ' '3 
While, 20 to 30% for the LiNOg-NHjand the NaSCN-NH3 solu-
tions. The operating costs of the TSAEC are generally more 
than those of the two stage dual-fluid cycle. The evacuated tubu-
lar collector is costier than the other sources of energy, while 
the biogas and LPG operated cycles come out to be cheaper 
than the solar operated cycles. 
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ABSTRACT 
Theoretical study on some advanced absorption 
cycles have been carried out keeping in view that low evaporation 
temperatures can be attained with improved performance and 
reduced energy requirement. For this purpose, economic analysis 
of a few energy sources has been done and the optimum 
generator temperatures obtained corresponding to the minimum 
operating costs, of three absorption cycles, 
i) absorption cycle with a Heat Recovery Absorber (HRA), 
ii) two-stage dual-fluid cycle, and 
iii) two-stage evaporation and absorption cycle (TSAEC), 
with H2O-NH3, LiNOj-NHj and NaSCN-NH3 mixtures as the 
working fluids and, the ordinary flat plate collector, evacuated 
tubular collector, biogas and LPG (liquified petroleum gas) as 
the energy sources. 
The two-stage dual-fluid and the two-stage 
evaporation/absorption systems are found suitable for very low 
evaporation (as low as -60°C) temperatures. The generator 
temperatures required in these systems are very low as 
compared to the single stage cycle, thereby, making the ordinary 
type flat plate solar collectors feasible for operating the 
absorption cycle at sub-freezing conditions. The absorption 
cycle with a heat recovery absorber, on the other hand, also 
(ii) 
Shows great improvement in the performance as compared to 
the single stage simple system. The heat recovery absorption 
cycle seems to be more suitable for the evaporator 
temperatures ranging around 0°C to -20°C. 
Area of the ordinary flat plate and evacuated tubular 
collectors, volume flow rates of biogas and LPG, and their 
corresponding costs have been presented against the 
generator temperature. These curves show minima 
corresponding to which optimum generator temperatures and 
coefficients of performance have been selected iteratively. 
Optimum values of the generator temperature and the 
coefficients of performance, along with minimum sizes of the 
energy sources and their costs, have been exhibited graphically 
for the various absorption cycles at different operating 
temperatures. Mathematical equations for finding the optimum 
generator temperatures, in terms of the condenser and the 
evaporator temperatures, have also been presented. A 
comparative study of the absorption cycles using the HjO-NHg, 
LiNOj-NHjand NaSCN-NHj solutions, operated with different 
forms of the energy sources, have also been carried out. 
Percentage deviation in the minimum operating 
costs, the optimum generator temperatures and the 
corresponding values of COP from one another, have also been 
obtained and presented. The optimum generator temperatures 
in the cycle at the second stage of the dual-fluid system and in 
(iii) 
in the cycle at the second stage of the dual-fluid system and in 
the TSAEC are respectively, 17 to 90% and 23 to 85% lower than 
those in the cycle with HRA. Increase in coefficient of performance 
of the absorption cycle with HRA from those of the cycle without 
HRA are around 36 to 95%, 32 to 44% and 25 to 44% for 
the H2O-NH3, LiNOj-NHjand NaSCN-NH, mixtures, respectively. 
Percentage increase in COP of the dual-fluid cycle from the 
TSAEC are respectively, 5 to 50%, 3 to 11% and 4 to 11% for the 
same working fluids. Percentage decrease in the operating costs 
of the cycle with HRA from those of the cycle without HRA, are 
around 20 to 45% for the HjO-NHg solution while, 20 to 30% 
for the LiN03-NH3 and the NaSCN-NH3solutions. The operating 
costs of the TSAEC are generally more than those of the two 
stage dual-fluid cycle. The evacuated tubular collectors are 
costier than the other sources of energy, while the biogas and 
LPG operated cycles come out to be cheaper than the solar 
operated cycles. 
NOMENCLATURE 
A Absorber. 
A Area of the ordinary flat plate solar collector m . 
A Area of the evacuated-tubular Type solar collector m . 
C Condenser 
C, Capital cost, Rupees 
Cj Running cost per year, Rupees 
C^ Total yearly cost, Rupees 
E Evaporator 
C Specific heat, kJ/Kg/K 
C^ Total cost of the biogas per year, Rupees 
C| Total cost of the liquid gas per year. Rupees 
C Total cost of the ordinary flat plate collector per year. 
Rupees 
C, Total cost of the evacuated tubular type solar collector 
per year. Rupees 
C^, Capital cost of biogas, Rupees 
C 2^ Running cost of biogas per year, Rupees 
C,^  Capital cost of LPG, Rupees 
C|2 Running cost of LPG per year, Rupees 
C ^ Capital cost of the ordinary flat plate solar collector, m' 2 
Cp2 Running cost of the ordinary flat plate solar collector, per 
year, m 
C,, Capital cost of the evacuated type solar collector, m 2 
(V ) 
2 C,2 Running cost of the evacuated type solar collector, m 
Fp Collector heat-removal factor, dimensionless. 
F, Collector efficiency, dimensionless. 
G.I. Symbol for galvanised iron. 
h Specific enthaply, kJ/kg. 
HRA Heat recovery absorber. 
AH, Enthaply of combustion, kJ/kg of fuel. 
i Interest rate 
m Mass flow rate/TR (kg/h) 
m^ Mass flow ratios of the solution from the absorber to the 
refrigerant entering the condenser (m^/m.), kg of 
solution/kg of refrigerant. 
MS. Mild Steel. 
n,,n ,n .^ Rate of flow of the fuel, products and reactants, 
respectively, moles/h 
PC Pre cooler 
PH Pre heater 
p Absolute pressure; p , p , p , p , p are pressures in the 
absorber, condenser, evaporator, generator and rectifier, 
respectively, bar 
Q , Q , Q Heat released by the absorber, condenser, and rectifier, 
respectively, kJ/h 
Q^ Cooling effect produced by the evaporator, kJ/h 
Q^ Heat required in the generator, kJ/h 
Q^ Heating value of biogas,kJ/m' 
Q Heating value of liquified petroleum gas. kJ/m 
(vi) 
Q Useful heat available from the ordinary type flat plate 
solar collector, kJ/m 
Q, Useful heat available from the evacuated-tubular type 
3 
solar collector, kJ/m 
S Solar flux, kJ/hm^ 
t Temperature, "C 
T Temperature, kelvin 
T^, T^ Refrigerant and solution temperatures, respectively, 
kelvin 
TR Tonnage of refrigeration (12600kJ/h) 
TV,, TV2 Throttle values 
U| Loss coefficient from bottom, top and sides of a solar 
collector, W/m' K or KJ/hm'K 
V| Volume flow rate of LPG, m /h 
X Concentration of liquid ammonia per kg of solution in 
H2O-NH3, LiNOj-NHj or NaSCN-NHj/concentration of 
lithium bromide salt (%) in LiBr-HjO solution 
X^ Concentration of liquid ammonia in LiN03-NH3 or 
NaSCN-NHj/concentration of lithium bromide salt (%) 
in LiBr-HjO solution that would lead to crystallization 
at the preheater-exit 
y Concentration of ammonia in the vapour phase, weight 
per kilogram of the H^O-NHj gas mixture/ (y=x for the 
other cycles) 
Z Actual air fuel-ratio 
Z. Theoretical air-fuel ratio 
(vii) 
x,y Number of carbon and hydrogen elements applicable in 
the combustion equation (3.16) 
Subscripts 
a 
am 
a 
b 
c 
e 
g 
1 
1 
0 
p 
pv 
pi 
r 
R 
s 
t 
Absorber side 
Ambient 
Ammonia 
Biogas 
Condenser side 
Evaporator 
Generator side 
Inlet 
Liquified petroleum gas (LPG) liquid 
Outlet 
Ordinary flat plate collector/product 
For specific heat of vapour at constant pressure 
for specific heat of liquid at constant pressure 
Rectifler/reactant 
Rectifier 
Solar energy/standard atmsopheric conditions 
Evacuated tubular collector 
(viii) 
Greek letters 
* 
5. 
£ 
@ 
T.a 
Diameter 
Thickness of tube 
Heat exchanger effectiveness 
At the rate of 
Transmittivity-absorptivity lactor 
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1. INTRODUCTION 
1.1 Scope and Brief History about the Absorption System 
Maintaining cold by t ransferr ing heat from the low 
temperature region to a high temperature region, is termed as 
refrigeration, which finds enormous application in preservation of 
food-stuff like fruits, vegetables, meat, fish, milk etc, Some medicines 
also require cold preservat ion. Owing to the increasing high 
technology industries and ergonomic considerations, demand for the 
air-conditioning of building is also increasing day by day. 
Out of the available refrigeration systems, the vapour 
absorption refrigeration is the oldest, whose scientific basis was 
proposed by Faraday in 1823. Ferdinand Carre developed the first 
patent of an intermittent absorption system in 1850. However, the 
continuous absorption system, using water-ammonia pair was 
developed by Mignon and Rouart, and Shown at London exhibition in 
1862. Vapour compression and air refrigeration systems were 
developed around 1870. A comparative study was carried out by Linde 
and Gewersblatt in 1871 who concluded that the vapour compression 
and air-refrigeration systems should be more efficient, since the 
compressor utilizes high grade energy as compared to the low grade 
energy supplied to the absorption system. However, the absorption 
system may surpass the mechanical refrigeration systems when the 
low grade energy is available in abundance [1] Due to this reason 
and continuosly increasing cost of the conventional forms of the high 
grade energy, the vapour absorption system is gaining more and 
more importance. It has, therefore, become an active concern of the 
engineers and scientists to re-examine the vapour absorption system 
as a whole. 
1.2 Refrigerant-Absorbent Pairs 
1.2.1 Basic Criteria for the Worthing Pairs 
The success of the absorption process depends on the choice of 
an appropriate pair of refrigerant and absorbent. This aspect has 
been considered in reasonable detail by Buffington [2] and Macriss 
[3]. In general, selection of the working fluids for the absorption 
cycles are based on 
(a) chemical and physical properties of the fluids, and 
(b) acceptability range for certain thermo-physical and 
thermodynamic properties of the fluids. 
Some of the desirable characteristics of a refrigerant 
absorbent mixture are: 
(I) high degree of negative deviation from Raoult's law, 
(II) low viscocity of the solution under the desired op 
erating conditions ; this reduces the pump work, 
(III) freezing points of the liquid should be below the 
lowest temperature in the cycle, 
(IV) good chemical thermal stability, 
(V) non-corrosive non toxic and non-flammable. 
(VI) high equilibrium and solubility of the refrigerant in 
the absorbent, and 
(VII) a large difference in boiling points of the absorbent 
and the refrigerant. 
The refrigerant should also posses the following 
characteristics: 
(I) high enthalpy of vapourization for better coefficients of 
performance. 
(II) high critical temperature and pressure in order to have 
large range of isothermal energy transfer dur ing 
condensation. 
(III) low specific heat so that subcooling of liquid increases. 
(IV) low molecular weight. 
(V) high affinity for the absorbent at low temperatures, while 
less at high temperatures. 
1.2.2 Available Fluids for the Absorption Systems 
Based on their characteristics and operation requirements, 
a number of pairs have been suggested by different researchers. In 
the recent investigations, considerable improvement has been done 
in the characteristics and performance of working fluids by means of 
certain additives. Some of the refrigerant absorbent pairs and the 
reported improvements in them are presented in Appendix A 
1.2.3 A Brief Discussion on the Practical Fluid-Pairs 
Inspite of a large number of refrigerant-absorbent combinations 
available, only a few pairs are widely used. Lithium bromide-water 
mixture is popular for space air conditioning and has following 
attractive features: 
(I) the refrigerant, that is water, has a very high latent heat 
of vapourisation, 
(II) the absorbent is non volatile, 
(III) the system operates at low pressure and hence, the 
pumping work is low, and 
(IV) the solution is non-toxic and non-flammable. 
However, the main disadvantages of using lithium bromide water are: 
(I) temperatures corresponding to refrigeration can not be 
reached because water freezes at zero degree 
centigrade, 
(II) water cooled absorber is required because lithium 
bromide Is not sufficiently soluble in water to permit the 
absorber to be air cooled, 
(III) lithium bromide salt is highly corrosive to the materials 
of construction except to high quality stainless steel, and 
(IV) the LiBr-HjO solution crystallizes at certain conditions 
of temperature and concentration, which may block the 
passage 
Water ammonia is one of the oldest combinations, 
successfully employed for industrial air conditioning and refrigeration. 
Water-ammonia mixture has certain favourable thermodynamic 
characteristics. Some of them are: 
(I) large negative deviation from Raoult's law, 
(II) lowmolecular weight of ammonia and hence, large heat 
of vapourization, 
(III) temperatures corresponding to refrigeration (that 
is.-SS^C at one atmosphere) can be reached, 
(IV) water is a proper absorbent due to its low cost, availability 
and non-toxicity, and 
(V) both the refrigerant and absorbent molecules meet the 
requirements for hydrogen binding extremely well, and 
are highly stable; and in general, quite compatible with 
ordinary materials of construction. 
However, because of the high affinity between ammonia and 
water, although their boiling points are spread apart by about 133°C, 
some water is always vapourised from the generator along with the 
ammonia vapour due to which complex rectifying system is needed. 
Ammonia being corrosive to copper and brass, generally steel 
vessels are used for its construction. 
Sodium thiocyanate-ammonia solution also possesses many 
desirable features such as: 
(I) in-expensiveness, 
(H) non-explosive character, 
(Ill) chemical stability, 
(III) safety and non-corrosiveness in steel vessels, and, 
(IV) solubility of sodium thiocyanate in ammonia is very large. 
The viscosity of NaSCH-HN3 solution is so high that this 
system is commonly used in intermittent absorption refrigeration 
systems [1]. Also, problem of crystallization becomes severe at 
certain conditions of operation. 
Lithium nitrate-ammonia mixture is also a good combination 
and has been experimentally tested by Chinnappa [4] as an 
intermittent absorption refrigeration system. Also, the viscosity of 
LiN03- NH3 is found to be high because of which it has not gained 
much attention for continues operation. The solution may crystallize 
at certain operating conditions, but is less problematic as compared 
to the NaSCN-NHj mixture. 
1.3 Literature Survey 
For operating a vapour absorption refrigeration 
system, energy is supplied to its generator in the form of heat, a low 
grade energy. The low grade energy sources like biomass, waste heat 
recovery from power and process plants, and solar energy are under 
active investigation, especially for use in the vapour absorption 
system. Also, choice of an appropriate absorbent-refrigerant pair that 
can be used as the working fluid in the absorption system is under 
exhaustive consideration of the researchers Efforts are on to 
find out trade-offs between the sources of energy and the 
refrigerant-absorbent combination. 
Solar energy, as heat input to the generator of the 
absorption system, has been investigated by several researchers like 
Loef [5], Trombe et al. [6], Duffie et al. [7], Swartman et al. [8], Ferber 
[9], Chinnapaa [10] and Nielsen et al. [11]. They have established 
the feasibility of the solar flat plate collectors to achieve the required 
temperatures for providing heat input to the vapour absorption 
system. Some experimental investigations in the field of solar cooling 
have been carried by Ward et al. [12], Namkong [13], San Martin et 
al, [14], Jacobsen [15], Ward eta l . [16,17], Johnston [18], Bong et 
al. [19], Kouremenos et al. [20], Anand et al. [21] and Clerx et al. 
[22]. 
Research and development work on the vapour 
absorption system, with different refrigerant-absorbent pairs as the 
working fluids, is continuously in progress. The NaSCN-NHg mixture 
has been investigated at LIT. Madras under a joint programme with 
BHEL-ESNP division New Delhi and I.IT. Madras in 1977, Another 
pair using H2O-NH3 was also tested there in 1980. A 0.25 ton system 
with R22-Dymenthyle Formamide was tested at R.D. Division, 
Hyderabad in 1979. Work is going on in this direction at BHEL 
Hyderabad, Jyoti Limited Baroda, Central Salt and Marine Chemical 
Research Institute Bhavnagar, l.l.T Delhi, L I T Bombay and NPL New 
Delhi, on the absorption system using the H2O-NH3 mixturte [23]. 
The vapour absorption system using LiBr-H^O solution is 
now-a-days produced by a number of manufacturers Some of them 
are TRANE, YORK and CARRIER in America, YAZAKI Corporation in 
Japan, BROWN BOVERI in Swtizerland [23] and PENZKHIMMASH in 
Russia [24]. 
The LiBr-HjO absorption machines, manufactured by 
Penzkhimmash [24] on large scale, produces cold water temperature 
upto VO by using hot water at 90-120°C or steam at 0.17 MPa. The 
sources of energy are secondary heat and bleed-offs of turbine in 
low pressure thermal power plants. Mine air-conditioning systems 
at 24-26°C have been developed by VNII Kholodomash [25]. The 
source, in this case, is a portion of compressed air from mine 
compressors at 145-160°C. 
Economic feasibility of using solar energy is a critical 
factor. A number of solar assisted and biomass powered absorption 
systems have been proposed by researcher's cited above and many 
more in references [26-32]. The complexities involved in the design 
of vapour absorption system demand optimization of various 
operating parameters for improved performance and economy. Such 
optimization has been carried out by various investigators. Generator 
temperature optimization in solar powered H2O-NH3 and LiBr-H^O 
systems have been reported by Prasad [27], Prasad et al. [33] and 
Alizadeh et al. [34]. Economic evaluation of a solar operated 
H2O-NH3 system for optimizing some operating temperatures and 
solution pumping rates, has been presented by Shiran et al. [35]. 
Siddiqui et al. [28] have presented the optimization of generator 
temperature using biogas as source of energy. The Optimization of 
various temperatures in lot product ion of LIBr-H^O system, 
corresponding to minimum sizes of the evaporator/absorber and the 
condenser/generator combinations, have been reported by Shmuilov 
et al. [24] for different models of the system. Economic analyses of 
biogas, liquified petroleum gas and solar energy have been carried 
out by Siddiqui [36-39] for optimizing generator and condenser 
temperatures of the absorption system using LiBr-HjO, 
H20-NH3,LiN03-NH3, and NaSCN-NHj mixtures. Siddiqui [40-43] 
has also optimized the generator, condenser, evaporator and absorber 
temperatures along with the solution flow rates by carrying economic 
study of the absorption system as a whole using the above four 
mixtures. However, these studies are generally on the single stage 
absorption cycle, although it has been improved in many ways by 
the researchers of this field [44]. 
The importance of providing a preheater between the 
absorber and generator, and a precooler between the evaporator and 
the condenser, in an absorption cycle have been discussed by Siddiqui 
et al. [28]. Kaushik and Kumar [45] have shown the thermodynamic 
feasibility of an absorber heat recovery cycle for solar air conditioning. 
Kandikar [46] analyzed modified absorber heat recovery cycle using 
HjO-NHj solution and found that the performance of the modified 
cycle improves to about ten percent. He also showed that the cycle 
can be easily operated using solar energy. Also Kumar [47] carried 
out a similar study and noticed improvement in COP of the 
absorption system on employing heat recovery absorber. In all these 
studies, COP of absorption system has been made the basis of 
comparison. However, economic analysis of the absorption cycle has 
not been yet carried out. 
For low evaporator temperatures in single stage 
ammonia cycle, the required temperatures are reported [37] to be 
very high, which will obviously put limit in the use of ordinary type 
flat plate collectors. Also performance of absorption cycle, for such 
conditions of operation, become very poor [36,37,48,49]. To improve 
the performance, some advanced cycles have been proposed by a 
few investigators of this area. Thermodynamic design of a two-stage 
dual-fluid cycle for solar refrigeration, using the H2O-NH3 cycle at the 
second stage, has been presented by Kaushik and Kumar [50]. Also, 
optimization of the generator temperatures in biogas operated 
two-stage dual fluid cycles has been done by Siddiqui and shamim 
[51], leaving the effects of employing rectification column in 
H2O-NH3 cycle. Optimization of generator temperature in two stage 
dual fluid cycle for solar refrigeration has not been reported so far, 
although lowering of the generator temperatures in it, facilitates the 
use of the ordinary flat plate collectors. For this purpose, three types 
of working fluids (refrigerent-absorbent pair), four types of energy 
sources and three types of absorption cycles have been selected 
11 
1.4 Present Work 
The present work has been taken up to carry study on 
some advanced absorption cycles with the aim that low evaporation 
temperatures can be attained with improved performance and reduced 
energy requirement. Therefore, economic analyses of energy sources 
has been carried out and optimum generator temperatures obtained 
corresponding to the minimum operating costs of the absorption 
cycles. The working fluid pairs in the absorption cycles selected are: 
(i) water ammonia (H2O-NH3), 
(ii) lithium nitrate ammonia (LiNOj-NHj), and 
(iii) sodium thiocyanate ammonia (NaSCN-NHj). 
The four sources of energy to be used in the generator 
of the cycles are: 
(i) ordinary type flat plate solar collector, 
(ii) evacuated tubular type solar collector, 
(iii) biogas, and 
(iv) liquified petroleum gas. 
Three types of absorption cycles have been considered 
for the study and they are as follows: 
(i) absorption cycle with a heat recovery absorber, 
(ii) two-stage dual-fluid cycle, and 
(iii) two stage absorption and evaporation cycle. 
In the cycle employing heat recovery absorber, which 
is additional to the primary absorber in the single stage (simple) 
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cycle, absorption of the refrigerant is carried out in parts at each 
absorber [52-54]. The heat of absorption released in the secondary 
absorber is used to heat the mixture leaving the primary absorber 
before entering the generator. This reduces the heat input to the 
generator. On the other hand, the total heat of absorption gets 
distributed in two absorbers where heat, only from the primary 
absorber, is to be rejected. Also, due to the reduced heat of 
absorption, the size of the primary absorber becomes small. As a 
result, the performance of the cycle gets highly improved leading to 
decrease in the costs of the energy sources [52-54]. 
In the two stage dual-fluid cycle, LiBr-H20 mixture is 
used at the first stag e and H2O-NH3, LiNOj-NHj or NaSCN-NH3 at the 
second stage [55-56]. In this model, the evaporator of the first stage 
is used to cool the absorber of the second stage. Thus, low evaporator 
temperatures can be achieved with improved performance, low 
generator temperatures and reduced energy input. 
In the third model, absorption and evaporation of the 
refrigerants are carried at two stages. A set of the evaporator and 
the absorber, operate at a very low pressure, thus, yielding low 
evaporation temperatures. Another set works at a medium pressure 
with the condenser and the generator operating at a high pressure. 
Thus, low evaporator temperatures, with the reduced energy 
input, low generator temperature and improved performance, can 
be obtained as compared to the single stage simple absorption 
system 
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Area of the ordinary flat plate and evacuated tubular 
collectors, volume flow rates of biogas and LPG and their 
corresponding costs have been presented against the generator 
temperature. These curves show minima corresponding to which 
optimum generator temperatures and coefficients of performance have 
been selected. The optimum values of the generator temperatures 
and the coefficients of performance along with the minimum sizes of 
the energy sources and their costs have been exhibited graphically 
for the various absorption cycles at different operating 
temperatures. A comparative study of the different cycles using the 
H2O-NH3, LiN03-NH3 and NaSCN-NHj solutions operated with 
different forms of energy sources have also been carried out. 
Mathematical relations for finding the optimum generator 
temperatures in the various cycles using different working fluids and 
energy sources have been presented 
2. SYSTEM MODELLING 
2.1 System Description 
2.1.1 Single Stage Simple Absorption Cycle (SSAC) 
The flow diagram of a single stage simple vapour 
absorption system is shown in Fig. 2.1. The refrigerant-absorbent 
solution in the absorber is pOmped via preheater to the generator. 
This solution, after getting heat in the generator, separates and a 
portion of the refrigerant flows to the condenser. The remaining 
solution, weak in refrigerant, flows down again to the absorber through 
the preheater. On the other hand, the pure refrigerant released from 
the generator, condenses in the condenser after rejecting heat to a 
sink. The condensate, so formed, is then allowed to pass through a 
precooler for subcooling. The subcooled condensate is then throttled 
to the evaporator, where it vaporises due to the cooling load, thereby 
producing cooling effect. The refrigerant vapour, leaving the 
evaporator, is then passed through the pre-cooler for cooling the 
condensate. The vapour is finally taken to the absorber where it gets 
absorbed in the solution coming from the generator. Thus, the cycle 
gets completed. 
Because of the marginal volatility differential between 
H2O and NH3, the water- ammonia system needs a rectifier and an 
analyser for sepacatoing the two and getting almost pure ammonia 
for the condenser-evaporator circuit In Fig 2 1, the analyser and the 
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A -Absorber 
AN-Analyser 
C -Condeser 
E -Evaporator 
G -Generator 
PC-Precooler 
PH-Preheater 
Q -Rate of heat transfer 
TV -Throttle valve 
Fig.21 Single Stage Absorption refrigeration Cycle 
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rectifier have also been shown. It is to be noted that the lithium 
nitrate-ammonia and the sodium thiocyanate-ammonia systems, that 
use solid-absorbents, do not require rectifier and the analyser, 
because there is no possibility of LiNO, and NaSCN salts being 
carried away by ammonia vapour in the condenser. 
2.1.2 Absorption cycle with a Heat Recovery Absorber (HRA) 
In Fig. 2.2, a line diagram of the absorption 
cycle, employing a heat recovery absorber is represented. The 
absorber-assembly, in this system, consists of a heat recovery 
absorber (HRA) and a primary absorber (A). The cycle of operation is 
similar to the simple absorption system shown in Fig. 2.1. In heat 
recovery absorption system, the refirgerant-vapour coming from 
evaporator through precooler is absorbed in the absorber at two 
stages. At first, a portion of the ammonia-vapour is absorbed in 'HRA, 
where the solution weak in refrigerant is coming from the generator 
through the pre-heater and the throttle valve TV^. The remaining 
ammonia vapour then flows into the absorber part 'A, where it 
gets absorbed in the mixture coming from the HRA. The strong 
refrigerant-absorbent solution, from the absorber 'A then flows 
through the HRA for taking heat of absorption evolved during the 
initial absorption of the ammonia-vapour, the two fluids remaining 
unmixed. 
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A -Absorber 
AN-Analyser 
C -Condenser 
PC - Precooler 
E - Evaporator 
P - Solution pump 
G - Generator 
PH- Preheoter 
Q - Rate of heat transfer 
R -Rectifier 
TV-Throttle valve 
Fig.2-2 Single Stage Absorption refrigeration 
Cycle with heat recovery absorber. 
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2.1.3 Two-Stage Dual-Fluid Absorption Cycle (DUAL) 
Figure 2.3 shows the schematic diagram of a two-stage 
dual-fluid vapour absorption system having a LiBr-H^O cycle at the 
first stage and ammonia cycle at the second stage. The operation of 
the systems at the two stages are similar to those operating 
separately as a single stage simple absorption cycle (SSAC). 
However, the cooling effect produced by the evaporator E^  is utilized 
to cool the absorber A^ at the second stage. In ammonia-cycle, at the 
second stage working fluid selected are HjO-NHj , LiNOj-NH, and 
NaSCN-NHj mixtures. 
The generator, in case of the HjO-NHj cycle, consists 
of a combination of rectifier and an analyser,in the rectification 
column for separating the traces of water- vapour escaping along with 
the ammonia vapour. Thus, after rectification, almost pure ammonia 
vapour is expected to flow into the condenser C^. The refrigeration 
effect produced in the evaporator E^  by the ammonia liquid coming 
from the condenser and then through the precooler and the throttle 
valve TV,, is meant to cool spaces. The heat required in the 
generator G, and G2 would be obtained from the energy sources 
under study. In the LiN03-NH3 and NaSCN-NHj cycles the rectifier 
and the analyser are not required 
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2.1.4 Two-Stage Absorption and Evaporation Cycle (TSAEC) 
Figure 2.4 shows block diagram of the two stage 
absorption and evaporation cycle with different state points and flow 
paths of the working fluid. This cycle employs two absorbers and 
two evaporators, with the refrigerant-ammonia evaporating and 
absorbing at two stages. That is, the evaporator E^  and absorber A^ 
would operate at a low pressure, while E^  and A^ at a medium 
pressure, the condenser and the generator remaining at the high 
pressure level. 
The ammonia-vapour, generating at state point 4, shown in 
the Fig. 2.4, and condensing in the condenser, is split to flow in two 
paths, after being subcooled in the precooler. One part of the 
condensate is throttled to the evaporator E^  where, after producing 
the cooling effect Q^^ it flows to the absorber A^ via the precooler 
PCj. The other part of the condensate Q^ is taken to the evaporator 
E^  for producing cooling effect Q ,^ after getting again subcooled in 
the precooler PC,. The vapour formed in the evaporator, then travels 
to the precooler PC, for subcooling the condensate in it, which now 
goes to the absorber A,. 
Similarly, the solution weak in the refrigerant-ammonia and 
leaving the generator, is also divided in two parts after being cooled 
in the preheater PH2 and then throttled at state point 12'. One part of 
the solution, enters the absorber A ,^ following the path through state 
point 12", while the other part, at the state point 10', goes to the 
absorber A, through the preheater PH, and the throttle valve TV 
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A - Absorber 
AN -Analyser 
C -Condenser 
E - Evoporotor 
P - Solution pump 
PC-Precooler 
PH - Preheoter 
TV - Throttle valve 
Q - Rote ot heat transfer 
Fig. 2^ Two Stage Absorption and Evaporation cycle 
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The refrigerant-ammonia vapour from the evaporator E^  is 
absorbed in the absorber A^, while that from E, is absorbed in A,. 
The refrigerant-absorbent solution leaving the absorbers A^ and A^, 
are pumped to the generator via the preheaters PH^ and PH2. Hence, 
the cycle gets completed. 
The operations of the rectifier and the analyser, 
applied only for the H2O-NH3 solution, remain same as discussed 
earlier for the single stage simple absorption cycle. 
2.2 Mathematical Modelling 
2.2.1 Single Stage Simple Absorption Cycle 
The mass, concentration, enthalpy and pressure 
equalities, at different state points in the Fig. 2.1, for the single stage 
simple absorption cycle using various refrigerant-absorbent mixtures 
are as under: 
Mass flow rate: 
m,= m, = mj (2.1) 
m^ = mg = mg = m^ = m^ = m^ (2.2) 
^ 1 0 = "^11 = "^12 ( 2 . 3 ) 
Ammonia Concentration: 
Xi = X2 = X3 = x, = x, (2 .4) 
^^o=\^ = \2=\ (2 .5 ) 
y4 = y5 = y6 = y7 = y8 = y9 (2-6) 
= 1 0 if there is pure ammonia 
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Specific enthalpy: 
h^  = hj (negligible puming) (2.7) 
he = h, (isenthalpic expansion) (2.8) 
* i^i ~ ^^12 ('senthalpic expansion) (2.9) 
Pressure: 
The mass transfer equilibrium gives 
p,= p^andp^=p^=p^ (2.10) 
These pressure relate the refrigerant temperature to the 
solution temperature and concentration. 
The mass concentration and energy balance to each 
component as a control volume gives the following relations: 
m,= m,+ m,g (2.11) 
m, x^  = m^ y, + m^e x^, (2.12) 
fTii = ^4 (y4 - X J/(x, - X J (2.13) 
fT^ i = fTi4 (y4 - ^V(Xi - ^o) (2.14) 
Q, = m g h 5 + m „ h „ - m ^ h ^ (215) 
Q ^ = m , ( h , - h 5 ) (2.16) 
Qe=m9(ha-h , ) (2.17) 
Qg = m, h, + m,„h,„ - m3h3 + Q, (2.18) 
Q, =m„h,3-m^^h^ , -m^h, (2.19) 
m^ = 12600 X TR/(hg - h,) =m, (2.20) 
Similarly, mass and concentration balance on the rectifier 
(for the HjO-NHj mixture only), lead to the following equations: 
m,3='^4+n^14 (2 21) 
24 
nrinVij = f^ 4y4 + "^ 14 ^4 (2-22) 
m,3=n^4(y4-x,4V(yi3-^4) (2 23) 
^14 = ^4 ^VA - yi3V(yi3 - ^^14) (2 24) 
For the absorption cycles using the working fluids other 
than the HjO-NH, ,Q, will be zero. 
The mass and energy balance to the precooler and 
preheater, assuming them to be counter flow heat exchangers, lead 
to : 
h 9 = h , + C ^ , . ( t c - U (2.25) 
^ = h3 - c^ (^9 - h») (2-26) 
h 3 = h , + (m,ym,). 8,(h,,-h,,) (2.27) 
The effectiveness of the precooler and the preheater in 
the absorption cycle are assumed to be E^ = e^  = 0.75. 
Thus, the coefficient of performance of the absorption 
cycle will be given by 
COP = QJQ^ (2.28) 
Similarly, the ideal coefficients of performance can also be 
obtained by considering the absorption cycle shown in the Fig. 2.1, 
as a closed system. Energy balance on it would give 
Q» + Q. = Q. + Qn + W„ (2.29) 
But, due to the negligible pumping work involved in operating 
the absorption system, W = 0. Also, from the definition of entropy, 
the equation (2.29) can be re-written as 
( Q ; T,) + (Qc / D = (Qe / L ) + (Qg / T„) (2.30) 
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Combination of the equation (2.29) and (2.30), by keeping 
T = T , would lead to 
a c' 
COP = l(T, - TJ/TJ X [T./(T. - T J ] (2.31) 
2.2.2. Absorption Cycle with Heat Recovery Absorber 
The absorption system with a heat recovery absorber 
(Fig.2.2) is quite similar to the simple absorption^cycle, shown in the 
Fig. 2.1, with slight modification in the absorber. It has a heat 
recovery absorber along with primary absorber. The mass flow rate 
and the heat transfer relations are mostly the same as given by the 
equations (2.1) to (2.31). However, the additional equations required 
for the heat recovery absorption system are formulated and given 
below: 
Making mass and concentration balance on the absorber 
'A' of the system, shown in the Fig. 2.2, one can get 
m „ = m,,(y, - x j / (x , - X J (2.32) 
where, 
m,, = Z. m^ ' (2.33) 
and Z is the fraction of the refrigerant coming from the evaporator, 
which is taken to the primary absorber A, while the remaining of it is 
absorbed in the heat recovery absorber 
26 
Also, the concentration of ammonia in the solution leaving 
HRA, after absorbing a portion of evaporated refrigerant, is given by 
^ 6 = (fTIi ^1 - ^^^y4)'^^^ " ^u) (2.34) 
Here, the heat load on the primary absorber, due to 
addition of a heat recovery absorber, gets modified as under: 
Q.= m,h,+ m , „ h ^ ^ - m , h , 5 - Q , , (2.35) 
Where 
Qh. = ^^oK + ^ A - ^M^n - "^16^16 (2-36) 
which is the heat transferred from the hot solution, entering the HRA, 
to the fluid leaving the primary absorber and passing through the HRA. 
The various enthalpies required for evaluating Q^ are 
h,5 = hi + ^. Q h > i (2.37) 
h n = h 3 - ^ V 9 ( t . - g (2.38) 
Effectivensss of the various heat exchangers, in the 
modified system, have been taken as; 
e = e, = e^  = 0.75 
Also for the absorption system not using heat recovery absorber, 
Q^ will be zero, and for those not using rectifier and analyser, Q^  will 
be zero 
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2.2.3 Two-Stage Dual-Fluid Absorption Cycle 
The two stage dual-fluid cycle explained through the 
Fig. 2.3, has two single stage simple absorption cycles where the 
absorber at the second stage is cooled by means of the evaporator at 
the first stage. The mass, concentration, pressure and enthalpy 
equalities are similar to those presented for single stage simple 
absorption cycle, applicable for the state points in the Fig. 2.3. 
Thus, mass and concentration balance on absorber A, lead 
to the following equations: 
m i5= f " i8V(X24-^5 ) (2.39) 
fTl24='Tl„X,5/(X„-Xj (2.40) 
The expression for the mass flow rates m ,^ m,p, m j^ and m^^  
are given earlier defined by the equations (2.13), (2.14), (2.23) and 
(2.24) respectively. 
Similarly, energy balance on the each component give following 
heat transfer equations: 
Qi. = mi3h23 + m„h25-m,5h,5 (2.41) 
Qc1 = m1»(^a-^9) (2.42) 
Q.I = fn„ (h^ - h J (2.43) 
Qgi = "^^tK + "^ 24^ 24 - m^jh,, (2.44) 
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Q.2 = fTiA + m,„h„ - m^h, (2.45) 
Qc2="^4(h4-^) (2.46) 
Q . 2 = m , { h , - h , ) (2.47) 
Qg2 = fTiA + "i,„h,„ - m,h3 + Q^  (2.48) 
where Q^  is applicable only for HjO-NHj mixture and is given 
by the expression (2.19). 
Here, since the absorber A^ is to be cooled by the fluid in 
the evaporator E ,^ at the first stage, therefore, 
Qa2=Qei (2.49) 
And 
" i i a=Q. / (h22-h^ ) (2.50) 
m, = 12600 X TR/(h, - h )^ (2.51) 
which is same as equation (2.20). Here, 12600 is the heat load 
on evaporator (Q^ )^ per TR (Tonnage of refrigeration), in kj /h. 
The coefficient of performance at the first and second stages 
and that of the combined dual-fluid cycle are given by, 
COP, = Q^Q^, (2.52) 
COP,= Q.yQ^, (2.53) 
29 
COP,^.= Q, / (Q, , *Q, , ) (2.54) 
Again, the mass transfer equilibrium implies. 
P.I = P.I and p ,^ = p ,^ (2.55) 
P.2 = P.2 and p,, = p,, = p^  
(2.56) 
which relates the refrigerant temperature to the solution 
temperature and concentration. 
The specific enthalpies at the inlet and exit states of the 
precooler and preheater, in the first and second stages of the 
dual-fluid cycle, are evaluated on the same basis as described 
earlier and defined by the equations (2.25) to (2.27), with the heat 
exchanger effectivenesses equal to 0.75. 
2.2.4 Two-Stage Absorption and Evaporation Cycle 
The double stage system, shown in the Fig. 2.4, has two 
abrorbers A, and A^ and two evaporators E^  and E ,^ working at two 
pressure levels. 
The mass, concentration, enthalpy and pressure equalities for 
the system are as follows: 
Mass flow rate: 
m, = m2=m3, (2.57) 
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m^  = nig = rrig, (2.58) 
rTig. = rPj = m^ = nrig = rHg (2.59) 
m^ = nrig, = m^, (2.60) 
m,„ = m,,. = m,2. (2.61) 
m,„. = m„ = m,2' (2-62) 
Ammonia concentration 
x^ = X2 = X3, = = x ,^ = X2, = X3 = X, (2 .63 ) 
^10 ~ ^11' ~ ^12' ~ ^12" ~ 1^0" " ^ i i ~ ^12 " \ ( 2 . 6 4 ) 
= y9' =ys' =y6 = y7 = y8=y9 ( 2 6 5 ) 
Specific enthalpy 
h, = hj (negligible pumping) (2.66) 
h,, = hj, (negligible pumping) (2.67) 
113, = h,, (identical state points) (2.68) 
hg, = h^ (isenthalpic expansion) (2.69) 
hg, = hg, (identical state points) (2.70) 
hg = h^  (isenthalpic expansion) (2.71) 
h„, = h j^, (isenthalpic expansion) (2.72) 
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^10' " ^12' " ^12" (identical state points) (2.73) 
*^ii ~ 1^2 (isenthalpic expansion) (2.74) 
Pressure 
The mass transfer equilibrium implies. 
P.2=P.2 (2.76) 
Pc=P ,= Pr (2.77) 
These pressures relate the refrigerant temperature with the 
solution temperature and concentration in the respective components 
of the system. 
The mass balance on each component in Fig. 2.4 gives the 
following equations. 
m, = m,+ m,2 (2.78) 
m,, = mg+ m,2M (2.79) 
m3 = m^+m,^ (2.80) 
m,3=m^+m^4 (2.81) 
Also, 
m3=m,+ m .^ (2.82) 
" i4= '^9+"^9' (2.83) 
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^ 1 0 = ^10- + ^^2" = ^^2 -*- ^12" (2-84) 
Similarly, the concentration balance on each component wil 
lead to, 
n i^ = m „ (Yg - X J / ( x^ - X J (2.85) 
m „ = m, (y , - x,)/(x, - X,,) (2.86) 
and 
m,, = m,.(y,. - x,2„)/(x,, - x^ .^,) (2.87) 
mi2M = mg.(yg. - x^,)/(x,. - x,,..) (2.88) 
fTi,3 = "1,4 (y^ - Xi4V(yi3 - x j (2-89) 
^14 = m, (y, - y„)/(y,3 - x „ ) (2.90) 
Now, on making energy balance, we get the fol lowing 
relat ions: 
Q.i = ' T i i 2 h i 2 ' ' ' ^ A - ' n i h i (2 91) 
0,2 = "^12" ^^ 12" "^  ^s'K - ^1' ^y (2.92) 
Q.1 = m,(h3 - h,) (2.93) 
Q . 2 = " i 9 ' ( ^ - h r ) (2.94) 
Q ^ = m ^ ( h , - h 5 ) (2.95) 
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Q, = m,h, + m,„h,„ - nrijh, + Q^  (2.96) 
Qr = ^MK - ^4^A - ^14^14 (2 .97) 
For the LiN03-NH3 and NaSCN-NH, solutions, Q^  will be zero. 
The refrigerant flow rate in the evaporator E ,^ having a 
cooling load of one TR, is given by 
m,= 1 2 6 0 0 x 1 / ( h g - h , ) (2.98) 
The equations for specific enthalpies at the precooler and 
the preheater, on making similar analysis as in the section 2.2.1, come 
out to be 
h, = he + C^ y (ts-+ t j (2.99) 
h,'= h..-^ C^-(to - U ^ (2.101) 
he = hs = ^ (h,- - htf)(m,./m,) (2.102) 
h, = h .^ + e, (h,, - h,^).(m,ym3) (2.103) 
ts. = t,. = t^  - E^  (m^. C^ /m, C,) (t^ - ij (2.104) 
3. COST ESTIMATION 
Almost all the energy requirements today are met by 
producing low grade energy, that is, heat obtainable from combustion 
of fossil fuel such as coal and petroleum or from nuclear reaction. 
The high grade energy or power is generated using this heat in a 
power plant or any conventional energy conversion system. These 
fossil fuels or nuclear reserves in the earth, are limited and going to 
exhaust later or sooner, after some time. Further, they are non 
renewable. 
The known local reserves of coal and oil petroleum 
in India are 80 billion tonnes and five hundred million tonnes, 
respectively out of which nearly 400 tonnes of coal and 50 million 
tonnes of petroleum are being tapped today. Due to a number of 
constraints restricting the use of nuclear energy, so much so that the 
western world has even started abandonning the nuclear power plants, 
the use of nuclear energy for meeting the energy requirement is also 
on the decreasing trend. Under these conditions, the only way out is 
to concentrate on the use of non conventional energy sources for the 
purpose. 
The solar energy and biogas are the promising non-
conventional energy sources which can be effectively used for the 
heat operated system. The solar energy is also available abundantly 
specially in the middle Asian countries like India, where the yearly 
mean intensity of solar radiation is around 1500 to 2000 k.W.h/m^ 
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It is in these very regions that the demand for cooling is also high. 
Further, the demand for cooling coincides very well with increase in 
the solar radiation which favors the use of solar energy for the heat 
operated cooling systems. The biogas, v^ ich is abundantly 
available from waste organic material and produces fuel gases like 
methane, ethane, carbon mono-oxide etc., have very high potential 
of heat energy. 
Thus, the useful heat available from solar energy, 
using ordinary flat plate and evacuated type tubular flat plate 
collectors and biogas have been estimated and the economic 
analyses carried out, with respect to their use in the vapour 
absorption refrigeration systems, which are heat operated ones. 
However, identical analyses for liquified petroleum gas (LPG) is also 
carried out for comparison and because of its unavoidable use when 
the above two sources fail to serve the purpose. 
3.1 Ordinary Fiat Piate Soiar Coilector 
Heat may be supplied to the refrigerant-absorbent 
solution in the generator of an absorption system by passing hot 
water available from the storage tank of the solar collectors. A 
primary fluid, which is generally water, gets heated up during its forced 
or natural flow in the flat plate type solar collectors. The primary fluid 
is then circulated through the storage tank where it rejects heat to 
the secondary fluid thereby raising its temperature. The secondary 
fluid is used to supply heat in the generator of the absorption system 
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Temperature of the primary fluid in the ordinary fiat plate collector,, 
ranges from 80°C to 115°C, but is generally around 90°C. 
The useful heat that would be available from the flat 
plate solar collector is obtained from the efficiency equation after Ward 
and Ward [17], who proposed the following values for a flat plate 
collector, having two glass covers and a selective coating on the 
absorber plate, 
F^(T.a) = 0.77 and F^ U, = 12.9 kJ/h.m^K. 
Assuming that temperature of the primary 
fluid entering the collector tubes is at t = 70''C, with the 
surrounding-ambient temperature at t^^=30°C, the useful heat gain 
from the solar collector, which can be obtained from the following 
equation, 
Q^ = F,(T.a). S - F, U, ( t - t , J (3.1) 
will be 
Q =1336 kJ/h.m^ 
p 
Here S is the solar flux at Aligarh (27" 5', North 
latitude and 78" 4', East longitude), which has been estimated by 
Siddiqui [49] using the procedure given by Sukhatme [57]. Thus, 
average value of the solar flux at Aligarh for the period April to 
October, which are generally the hot months in the Northern part of 
India, comes out to be. 
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8=2436.77 kJ/h.m^ 
This value of Q , with outlet temperature of the 
primary fluid as t^  = QCC, using the following heat transfer equation, 
mc = Q^.A^/(t„-1) (3.2) 
gives 
mc = 70 kJ/h K. 
With U, = 15 kJ/h m' K , A^ = 1 m', F, = 0.95 and mc = 70 kJ/h K, 
the heat removal factor is calculated from the following equation, 
F„ =(mc/U, Ap) [1 - exp (F, U, A/mc)] (3.3) 
which after substituting the given values comes out to be, 
F, = 0.86. 
Now, considering the useful heat gain, equation [57], based upon 
the outlet temperature, which is 
Q^ = [F,(T.a) S - F, U,(t„ - t ,J]/ [1 - F, U, A^ /mc], (3.4) 
the required equation for estimating the ordinary type flat 
plate collector area, turns out to be 
Q^ =0.938 8 - 1 5 . 7 2 ( t „ - t , J (3.5) 
Cost of the solar collectors mainly depend upon the 
materials of construction and the fabrication method involved Cost 
estimation, based upon the Aligarh market rates, for an ordinary flat 
plate collector is presented below: 
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A. Break-up of the expenditure on the Ordinary Flat Plate Collector 
of 2m collection area with two glass covers and selective coating 
Mild Steel Sheet (2m' x 1mm), @ Rs. 30/- per kg 
Galvanized Iron pipe ((t)=15.8mm x 20m length),® Rs.25 per meter 
Galvanized Iron pipe (()>=31.76mm x 2m length),® Rs.50 per meter 
Galvanized Iron elbow ((()=15.8mm x 5 numbers),© Rs.15 per piece 
Galvanized Iron Tee ((•<=31 76mm x 2 Nos ) @ Rs 15 per piece 
Glass Wool (0.10 m thick) 
Plywood (2,6 m^ x 18 75mm), @ Rs.200 per m^ 
Glass Sheet (2m^x 2 Nos) , @ Rs.162.5 per m' 
Selective Coating 
Water Pump 
Supports and frame 
Total cost of material for the col lector 
Tax on the material 12% 
Fabrication, assembly and piping (20% of the material cost) 
Total Cost of a 2 m collector 
= Rs. 500/-
= Rs.500/-
= Rs.100/-
= Rs.40/-
= Rs 30/-
= Rs. 800/-
= Rs 520/-
= Rs.650/-
= Rs 200/-
= Rs.1000/-
= Rs. 500/-
= Rs. 5000/-
= Rs. 600/-
=Rs 1000/-
= Rs.6600/-
B. Reflector 
Aluminium Sheet (2.1 m^ x 1 mm), @ Rs 120 per kg 
Plywood (2.3 m' x 18.75mm),@ Rs. 220 per m' 
Side frame supports 
Total Cost of material for the ref lector 
= Rs. 650/-
= Rs. 500/-
= Rs. 500/-
= Rs. 1650/-
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Tax on the material (12%) 
Fabrication and assembly (20% of the material cost) 
Total Cost of a 2 m^ size reflector 
= Rs. 200/-
= Rs 330/-
= Rs. 2200/-
C. storage Tank 
steel tank of 50cm diameter and 90cm length=0.18m size 
1. Cost of insulation (0.15 thick) 
2 Mild Steel Sheet (55kg) @ 30 per kg 
Total cost of material for the storage tank 
Tax on the material 12% 
Fabrication, piping and fitting (20% of the material cost) 
Total Cost of 0.18 m of storage tank 
Summing the above cost we have, 
A. Flat Plate Collector of 2 m area 
B. Reflector, 2 m area 
C. Storage tank 0.18 m^ 
Total Cost 
Rs. 1500/-
Rs 1600/-
Rs. 3100/-
Rs 372/-
Rs. 620/-
Rs. 4100/-
Rs. 6600/-
Rs. 2200/-
Rs. 4100/-
=Rs12900/-
Thus, the total cost of a 2 m' area ordinary flat plate 
collector having two glass covers, a reflector and a storage tank comes 
out to be Rs. 13000 (Approx.). Adding 20% of the above cost for 
overheads charges and 10% for installation of the system, capital 
cost of the flat plate collector comes out to be Rs. 16,900/-. This can 
be expressed in terms of the collector area as follows: 
C , = 8450 A 
pi p 
(3.6) 
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Running Cost of the 2 m^ Ordinary Flat Plate Collector 
Depreciation on the equipment (5% of the capital cost) = Rs. 845/-
Painting and Cleaning = Rs 310/-
Repair and maintenance (2.5% of the capital cost) = Rs. 420/-
Power consumption by pumps = Rs. 225/-
Total Cost =R5.1800/-
Thus, the running cost of the solar collector per m^ area, 
comes out to be Rs.900/- which may be expressed in terms of the 
collector area as 
Cp2 = 900 Ap (3.7) 
The ordinary type flat plate collector-area, required to 
supply heat in the generator of a vapour absorption system, having 
the cooling load per tonnage of refrigeration as Q^, is then obtained 
from the following equation: 
Ap= 1.2Q^TR/(Cop. Qp) (3.8) 
Where, 1.2 is the excess area of the solar collector, provided for 
storing extra heat to be utilized during the off sunshine hours. 
3.2 Evacuated-tubular Flat Plate Solar Collector 
In the recently developed evacuated type flat plate 
collector, the temperature may go as high as 150*'C or above 
depending upon the flow conditions and the properties of the working 
fluid (primary fluid) 
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The simplified form of the useful heat gain equation for the 
tubular type collector comes out to be 
Q, = 0.899 S - 4 . 0 8 ( t„-t ,^) (3.9) 
The equation (3.9) has been obtained by using the 
following values given by Ward and Ward [17] for Owens lllenois make 
of the evacuated-tubular collector, 
F^ (T.a) = 0.791 and F^ U, = 3.59. kJ/h.m'K. 
Also, it was assumed that t = 110°C, t = ISOX, t = 30"C 
I o am ' 
F, = 0.95, Ap= 1.0m^ and U, = 4kJ/h m' K which resulted in 
mc= 30 kJ/hK. and F^=0.895. 
Evacuated Collector- dimensions (Owens-lllenois model) [58] 
(i) Copper tube: Length=0.95 m 
Inner tube: <t)=6.35 mm, 6, = 0.96 mm 
Outer tube; = (|>=12.5 mm, 5^  = 0.813mm; 
(ii) Glass tube (Corning) 
Number of tubes in one module 8+8 = 16, <() = 65mm, 5 = 3mm 
(iii) Insulating block (Polyeurathane foam) 
(t) = 55mm. Length = 60 mm 
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A. Break-up of the expenditure on the Evacuated-tubular 
Collector of 2m area 
Copper for one set tube (0.9975kg) 
Silicon rubber (37 gm), @Rs.100perkg 
Polyeurathane (130gm),@ Rs.50 per kg 
Corning glass tube (1.43kg) @ Rs.200 per kg 
Steel end-plate (0.046kg) @ Rs. 30 per kg 
Total cost of the material for one tube set 
= Rs. 360/-
= Rs.3.70 
= Rs. 6.50 
= Rs 286/-
= Rs. 1.40 
= Rs. 657.80 
Assuming cost of fabrication and evacuation equal to the cost Its material for one 
tube set, which is = Rs 657.80 
Thus, total cost of one tube set will become = Rs.1315.60 
Now, total cost of 16 tubes, in one module of 2 m' area will be=Rs. 21,050 
Mild Steel sheet of size (2.1 m^x 1mm) = Rs. 650/-
Supports for the solar collector = Rs. 765/-
Sub total =Rs. 22,465/-
Assumlng 20% overhead charges and 10% 
installation Cost, the additional cost on the sub-total will be = Rs 6740/-
Solution pump for pumping hot secondary fluid in the 
Generator 
Pump for the primary fluid 
Total cost for a 2 m module 
= Rs 3000/-
= Rs. 2800/-
= Rs. 35005/-
B. Storage Tank 
Cost of the storage tank for the tubular collector is taken as 
2.5 times that of the ordinary flat plate collector which will be 
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Rs. 10250/-. This is because, the storage tank in this case should be 
high quality so that it can handle large amount of heat available from 
the fluid leaving the evacuated tubular collector at high temperature 
Thus, the total cost per unit area for the tubular collector, 
including the storage tank will come out to be Rs. 22628/- which can 
be related as : 
C,, = 22628A, (3.10) 
Now, the running cost for the evacuated tubular collector per 
unit area are estimated as under: 
Depreciation on the equipment (10%) = Rs. 2263/-
Repair and maintenance (1% [59]) = Rs 304/-
Power consumption by pumps (for 1 m area of the 
collector and the generator) = Rs. 500/-
Total running cost = Rs. 3067/-
Thus, the running cost for the evacuated tubular collector 
in terms of area will become 
C^ = 3067A, (3.11) 
Area of the Evacuated tubular type solar collector, may be 
expressed as: 
A^= 1.2 Q .^ TR/(COP.Q,) (3.12) 
The factor 1.2 in the above equation represents 20% 
increase in the collector area for taking care of the energy storage 
for off sun shine durations. 
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3.3 Biogas 
The biogas, whose composition depends upon the type of 
biomass, is generally a mixture of methane, carbondioxide and 
water-vapour. A typical animal dung yields biogas having the 
composition [60,61] as methane = 55% and casrbondioxide=45% The 
water vapour, which would have been evolved in the biog as plant, is 
supposed to be condensed before entering the supply line. The 
procedure given by Kadambi and Prasad [62] has been used to 
estimate heating value of the biogas at the standard reference 
temperature of 25*'C. The generalized combustion equation is 
C^ H/(x+y/4)02+3.76(x+y/4)N2 -»x C0,+y/2 H20+3.76(x+y/4)N, (3.13) 
which for the above composition reduces to the following form: 
0.55 CH, + 0.45 0^ + 1.1(02+3.76 N )^ ^ 
C O j + L I H2O+1.1 X 3.76 Nj (3.14) 
The theoretical equation for calculating the air-fuel ratio [62] is 
Z , = 137.85(x+y/4)/(12x+y) (3.15) 
In order to take care of the excess air, that should be 
supplied for complete combustion, the actual air-fuel ratio Z will be 
always greater than the theoretical value Z,. Thus, the generalized 
combustion equation (3.13) needs to be modified as under: 
C, H^+(Z/Z,).(x+y/4).(02+3.76 N )^ ^ x C0 ,+ y/2 H,0+ 
(Z/Z,-1). (x+y/4) 0^+3.76 (ZIZ). (x+y/4) N, (3.16) 
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For the given composition of the biogas, the theoretical 
air-fuel ratio, calculated from the equation (3.15) comesout to be, 
Z,=17.23. Then for 10% excess air supply, the actual air-fuel ratio will 
beZ= 18 954 
The combustion equation (3.16) then gets modified as: 
0.22 CH, + 0.45 CO^ +1.21 (02+3.76 N )^ ^ 
COj+1.1 HjO + O.IIO2 + 1.21 X 3.76 N^ (3.17) 
The energy balance equation for the above combustion is : 
2^pnpIhp(V-hp(U] - S n, Ih . {U-h. (U]+^-A H^=Q (3.18) 
Assuming temperature and pressure of the reactant (biogas) 
to be 40*'C and one atmosphere, respectively, the specific volume, 
using the perfect gas equation, comes out to be 25.7 m /k mole. 
With the respective values of enthalpies, at t^=25°C and 
t=40''C, heating value of biogas were estimated for different 
temperatures of the product and then related functionally as [62]; 
Q^=17963.9 -12.645 (Tp-273.15)-1.75x10'" (Tp-273.15)' (3.19) 
The equation for calculating volume of the biogas, required 
in a cooling system, is given by: 
V,= Q^.TR/(COP.Q,) (3.20) 
A cost-volume relation for the biogas plant has been 
presented by Siddiqui [49]. The cost estimation, on the similar lines, 
using the latest market rates at Aligarh. is presented in table 3 1 
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The capital and the yearly running costs of biogas from the table 
3.1 assuming 16 hours operation per day, were correlated as follows: 
C,, = 27586. v ; * ' (3.21) 
and 
C „ = 18495 V ^ " ' (3.22) 
3.4 Liquified Petroleum Gas (LPG) 
The liquified petroleum gas is generally a mixture of 
a number of gases such as propane, butane and ethane. The 
composition of a typical liquified petroleum gas (LPG) is as follows: 
Propane (C3 Hg)=6.68%, Iso-butane (C, H,^ ) =16.54%, 
n-butane (C^ H^p)=76.58%. Average molecular weight of LPG, for the 
given composition of the various gases in it, comes out to be 
57.2 kg/k mol. 
The LPG available in the standard size cylinders, is 
supplied with the following specifications: 
Maximum working pressure = 16.57 bar. 
Test pressure = 24.85 bar, 
Total weight of LPG = 14.20 kg. 
Using perfect gas equation, volume occupied by LPG in the 
cylinder, at pressure of 16.57 bar and temperature as 40''C, turns 
out to be 0.39 m , which will be equivalent to 6.4 m^ at one 
atmospheric pressure 
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The combustion equation for the LPG will be 
[0.7658 C^ H,„+0.1654 C^ H,„+0.0688 C3HJ+6.3968 02+24.052 N^ 
^ 3.9312 CO2+4.9312 H2O+24.O52 Nj (3.23) 
and the theoretical air fuel ratio is calculated to be Z,=15.46. 
With 10% excess air, the actual air-fuel ratio will become 
Z=17.0. Making use of the combustion equation(3.23), modified form 
of the equation for LPG will then be, 
0.7658 C4H,o+0.1654 C^H,g+0.0688 C3H,+7.036 02+26.457 N^ 
^ 3 . 9 3 1 2 CO2+4.9312 H2O+O+O.63968 O2+26.457 Nj (3.24) 
Thus, the heating values of LPG obtained using the same 
propcedure gien for the biogas, are correlated as follows: 
Q =102649.64-39.455(Tp-273.15)-9.0155x10"'(Tp-273.15)^ (3.25) 
The volume of LPG needed to operate the cooling system, will then 
become 
V,= Q..TR/(COP.Q,) (3.26) 
The cost of LPG is calculated on the basis of the standard 
rates fixed by the government of India for different items. They are as 
follows: 
Cost of the cylinder = Rs 500 00 
Cost of the burner = Rs 400.00 
Cost of regulator with the connecting tube = Rs. 75.00 
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Thus, the capital cost involved in getting the LPG 
connection turns out to be 
C,, = Rs. 975.00 (3.27) 
The running cost for LPG will be cost of the gas in the 
local market that is Rs.125.00 per cylinder, becomes Rs.19.53 per m' 
of the gas, at one atmosphere pressure. Assuming the operating time 
as 16 hours per day and 325 effective days per year, the yearly 
running cost is expressed as a function of volume in the following 
form: 
C,2= 101563.V, (3.28) 
3.5 Total Cost Evaluation 
Total cost of the energy source per annum for a life of L years, 
taking present worth of the investments at the end of each year, is 
given by 
C^=[C/L+C, /L l ' ^ , {1 / (1+ i ) } ' -VL (3.29) 
The second term in the equation (3.29) comprises a 
geometric sequence having a common ratio of 1/ (1+i). The first and 
the last terms in the sequence are 1 and 1/(1+i)' , respectively and 
sum of the first 'L' term S^ of a geometric sequence will be 
S,= [1-{1/(1+i) ' '}]/[1-{1/(1+i)}] (3.30) 
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S L = [1-{1/(1+i)'"}]/[1-{1/(1+i)}] (3.30) 
Hence, the total cost per year on inserting the equation (3.30) 
gets simplified as: 
C^ = [C, + C, {( l+ i ) ' - ! } / {l(1+i)'"'}]/L (3.31) 
Thus, assuming 15 years life of the energy system, 
whether it is flat plate solar collector, evacuat ed type solar collector, 
biogas plant or LPG supply system, and 10% interest rate, the total 
cost, given by the equation 3.31, then becomes, 
C^ = (C, + 8.3667 C^ t^l 5.0 (3.32) 
Now, the capital cost 'C/ will be C^ ,^ C ,^, C^ ^ and 
C,^  for the flat plate, evacuated tubular solar collector, biogas and 
liquified petroleuum gas (LPG) defined by the equations (3.6), (3.10), 
(3.21) and (3.27) respectively. Similarly, the running cost Cj will be 
Cp2, C^, C^2 ^^^ 1^2 ^°'" ^^^ respective energy sources defined above 
by the equations (3.7), (3.11), (3.22) and (3.28). 
4. COMPUTER SIMULATION AND OPTIMIZATION 
4.1 Computer Simulation 
The thermodynamic properties, such as specific 
enthalpy, specific heat, saturation temperature/pressure and 
concentration of the absorbent/refrigerant in the mixtures of 
H2O-NH3, LiNOj-NHg, NASCN-NH3 and LiBr-HjO, used as the 
working fluids in the various cycles of the absorption system, are 
evaluated for each state point, by considering them in the form 
of subroutines. These properties, which were available in the 
form of equations in Refs.[49], have been given in appendix B. 
4.1.1 Equations of state 
The equations of state, to be used in the computer 
program, are as follows: 
4.1.1.1 Single Stage System With and Without Heat 
Recovery Absorber 
Cp.,. = CPJT,) 
h, = HJt, x j , and 
K= H„(t^, tjj) for the NaSCN-NHg and LiNOj-NHg solutions; 
while, 
hi = HJT^, x^.p^), and 
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^4 = H,.(y4.Tr. Pr) ^0'' ^ ^^ H2O-NH3 solutjon. 
K = H^(T,. p,) 
K = H,.(tg, Xg), and 
h^ 2 = H„(t,, x^) for the NaSCN-NH3 and LiN03-NH3 solutions; 
while, 
h,2 = H,^ (T ,^ x^, p j for the H2O-NH3 solution. 
^3 = H,.(yi3. T , . P„) 
hu = H„(T^, X,,, p^ ) 
1^6 = H i A - ^le) ^or ^^^ NaSCN-NHj and LiN03-NH3 solutions; 
while, 
1^6 = H^C"",' ^16' Pa) o^*" *^e H2O-NH3 solution. 
Pc = P,(Tc) = Po 
Pe = P,(Te) = Pa 
Pr = Pa(T.) 
X, = P. (T , . P3) = X, 
V P s (T„. P„) or T„ = T,(x„, T,) 
Xu = P.(Tr. Pr) 
yi3 =Y (Xg, Pg) 
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4.1.1.2 Two-Stage Dual-Fluid Cycle 
LiBr-HjO System at the first Stage 
^^9- '^J'^cr Pel) 
^26 = H J t , , . X„,) 
Pc1 = Pw(Tcl) = P„1 
Pel = Pw(Tel) = P,1 
Xa1=T.C'',1.Tel) = X,5 
\^ = T.(T„,. T ,^) = X,, or T„, = T,(x^„ T ,^) 
Ammonia System at the Second Stage 
hi = H^(t,2. x,2), and 
4^ = H33(t^ 2' W ' o^"" *h® NaSCN-NHj and LiNOg-NHg solutions; 
while, 
h| = HJT,,, X,,, p,^). and 
\ = H^ CV^ . T^ . p,) for the H^O-NHg solution 
54 
\ =Hv,(T,2.pJ 
^o = H,.(V x^^) and 
h,2 = H,.(t,2' V ) ^°'" *^® NaSCN-NHj and LiNOj-NHg solutions; 
while, 
^^10 = H,.(T„2. x ^ , p„2) and 
1^2 = H,.(T,2. x^ , p,^ ) for the H2O-NH3 solution. 
hi3 = H j y , 3 , T^2. p J 
^4 = H JT^, x,4. Pr) 
X,2 = P . (L2> P,2) = Xi 
x,4 = P . ( T , P,) 
yi3 =Y(X,2>Pg2) 
Pc2 = PaCTcz) = P92 
Pe2 = P , ( T e 2 ) = Pa2 
Pr =P,(T.) 
4.1.1.3 Two-Stage Absorption and Evaporation Cycle 
C,,8. = OPJTJ 
h, =H.A , ,x , ) . 
K =HJt32. x j and 
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^ = H.,(t^ , y for the NaSCN-NHg and LiNOj-NHg solutions; 
while, 
^ =H,.(T,,,x,.p,J 
^1- = H„(T,2, x,2, p,^ ) and 
4^ = H,.(y4, T^ , P,) for the Hp-NHj solution 
^ =H., (L.P,) 
\ =HJTei,Pei) 
^^12 = H Jt,,, Xg) and 
hi2' = Hi.(*a2' \ ) for the NaSCN-NHg and LINO3-NH3 solutions; 
while, 
hio = HJT^, \ , Pg). 
^2 =HJT , , ,Xg , P3,)and 
h^ 2. = H„(T,2. Xg, p,2) for the H^O-NHj solution. 
^ 3 = H,3(yi3. Tg. Pg) 
'a2 
hi4 = H,.(T^, X ^, p ) 
Pe1 = P , (Tel) = Pa1 
Pe2 =P, (Te2) = P  
Pc =P,(T,) = P, 
P. =P,(T.) 
Ta2 =L(X3JJ 
r 
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\ = P.(Li- P,i) = X, 
\ =P.(T,.P„)orT, = T.(x^.T,) 
Xu= P. (Tr. Pr) 
yi3 =Y(x„, p„) 
The suffices in the above subroutiunes are defined as 
follows: 
a - refrigerant-ammonia 
w - refrigerant-water 
s - saturated 
va ' refrigerant-ammonia at the saturated vapour state. 
vw - refrigerant-water at the saturated vapour state. 
Is - refrigerant-absorbent solution at the liquid state. 
vs - refrigerant-absorbent solution at the saturated vapour state 
sw - refrigerant-water at the superheated state. 
sa - refrigerant-ammonia at the superheated state. 
Iw - refrigerant-water at the saturated liquid state. 
la - refrigerant-ammonia at the saturated liquid state. 
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4.2 Optimization Procedure 
4.2.1 Single Stage Absorption Cycle 
After assigning certain values for the temperatures 
in the evaporator ( t j and the condenser (t^), the temperatures t^ , 
V and t,^, being related with each other, get fixed. Here, t, = t^  = t^  
and t,^ =0^-10.0)''C. Thus, saturation pressures of the 
refrigerant-ammonia in the evaporator and the condenser are 
calculated. And hence, the ammonia concentrations in the 
absorber ( x j and the rectifier (x^J are computed iteratively. The 
concentration in the generator, x^ is then varied by decreasing it 
from the initial value fixed as x = x^  and correspondingly, the 
generator temperature t^  is calculated. Subsequently, the mass 
flow and the heat transfer rates, to and from each component of 
the absorption cycle, are evaluated after computing the 
required properties at each state point with the cooling 
load, Q^= 12600 kJ/h. 
For the heat recovery absorption system, it is 
assumed that only 50% of the refrigerant coming from the 
evaporator is absorbed in the HRA, while the remaining of it flows 
to the primary absorber A. Therefore, m^ ^ = 0.5 mg. Thus, the 
coefficient of performance and hence, volume flow rates of the 
biogas and LPG, areas of the solar collectors and their costs, 
with the average solar flux, 8=2436.577 kJ/h m ,^ are estimated 
for all values of t.. 
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The minimum costs, of the energy sources C , C^ , 
C^ and C, are then obtained iteratively. Thus, the optimum 
generator temperatures and the coefficient of performance are 
selected corresponding to the minimum operating costs of the 
absorption cycle operated by the different sources of energy, 
respectively. 
The calculations are then repeated for the different 
temperatures in the evaporator and the condenser. Also, similar 
calculations are done for the different working fluids: H^O-NHg, 
LiNOg-NHg, and NaSCN-NHg mixtures. 
The computer flow chart for calculation and 
optimization of the required parameters in the single stage 
absorption cycle with and without heat recovery absorber is given 
in appendix C1. 
4.2.2 Two-Stage Dual-Fluid Cycle 
The condenser temperature t^^ and t^ ^ at the first 
and second stages of the two stage dual-fluid cycle, respectively 
are assigned some fixed values. Also, it is assumed that t^ , = t^ ^ 
= t,, = t^  and t,^  =(t^ ^ - 10)°C. However, temperature in the 
evaporator at the first stage is fixed to be t^ ^ = 5°C, so that 
temperature in the absorber at the second stage also fixes to be 
t^ = (t^ ^ + 5)°C. On the other hand, evaporator temperature at the 
second stage, t^ ,^ in the cycle is assigned some desired value. 
Thus, operating pressures in the various components, 
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concentration of the LiBr salt x,^  in the absorber at the first 
stage, and concentration of the ammonia-refrigerant, x^ ^ in the 
absorber and x,^  in the rectifier, at the second stage, are 
computed. The concentration of ammonia x^^^  in the generator (G )^ 
is then set to be Xj|2=(X|j2 -0005) after assigning the initial value 
as X|j2 ~ ^^ •2- Subsequently, the generator temperature X^^ is then 
calculated for this value of x,. Hence mass flow and heat transfer 
rates to and from each component at the second stage for 
the cooling load, Q^^ ~ 12600 kJ/h are evaluated. Thereby, 
performance of the cycle at the second stage and the amount 
and cost of energy required in the generator (G )^ are estimated. 
Now, knowing the absorber load at the second stage 
Q ,^ which is supposed to be cooled by the evaporator at the first 
stage, it Is assigned that Q^^ = Q .^ Thus, the mass flow and heat 
transfer rates to and from the components at the first stage are 
computed for different values of the temperature t ^ in the 
generator G, which is obtained by varying the concentration of 
LiBr, Xj, after taking the initial value as: x^ , = x^ .^ The amount and 
cost of the energy required in the generator G^  are then 
estimated for the given generator temperatures and hence, the 
minimum costs are selected, iteratively. Thus, the values of t^ , 
and COP^, of the LiBr-HjO cycle at the first stage, corresponding 
to the minimum costs of the energy sources so obtained, become 
the optimum generator temperature and the optimum coefficient 
of performance. 
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The calculations are then repeated for different 
values of \^ in the generator G^ by the sequence variation of x^ ^^-
Then the minimum amount and costs of the energy sources, used 
in the generator G ,^ are also selected iteratively which give the 
optimum generator temperatures and coefficient of performance 
of the cycle at the second stage. 
The total cost and amount of the energy required 
by the two cycles at the first and second stages, along with the 
coefficient of performance of the combined cycle, are then 
estimated. The calculations, are repeated for the different 
values of t^ and t,2 ranging between 25°C to 45°C and 0°C 
to -60°C, respectively. 
The above calculations are also done for the 
different energy sources required in the absorption cycle using 
the various fluid mixtures, under study, the solar flux for the 
solar operated systems being, S = 2436.577 kJ/h m . The 
computer flow chart for calculating the parameters in the 
dual-fluid cycle is given in appendix C2. 
4.2.3 TWo-Stage Absorption and Evaporation Cycie 
For this cycle, temperatures in the condenser, 
rectifier and the absorber A^ are taken equal and assigned some 
fixed values, while that in the evaporator E^  is chosen to be 
t,2 = 5°C so that, temperature in the absorber AJixes as 
t^=X^2+5''C. Also, some desired temperature is assigned for 
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the evaporator E^ . Thus, operating pressures in the various 
components and concentration of ammonia x, in the two 
absorbers A, and A^  (assumed to be same) and x,^  in the 
rectifier, are calculated for the working fluids under study. 
Subsequently, the temperature t^ in the absorber Aj is obtained 
corresponding to t^ j and x,. Now, making x = x, and then varying 
it in steps by the difference of 0.005, the generator temperature 
and the properties at each state point, along with the heat transfer 
rate to the absorber A^  for Q^^ = 12600 kJ/h, are evaluated. 
Equating Q^ 2 ~ Q.i> ^ ®^ refrigerant mass flow rates m^  and m^  and 
hence, the mass flow ratio, m^  is obtained. The new value of m^  is 
compared with the previous one as the generator temperature 
varies. This iteration is continued until the difference between 
the new and the old values of m^  converges to a very small value 
(chosen as 0.001). The initial value of m^ , for the iteration, is set 
to be 0.1. The calculations are then continued to get the 
remaining parameters required for estimating the amount and cost 
of the energy sources, needed for operating the generator in the 
absorption system. This is repeated for different values of t^ . Thus, 
the optimum generator temperatures and the coefficient of 
performance are selected iteratively corresponding to the 
minimum costs of the energy sources, under study. The 
calculations are then carried for the different absorbents 
HjO, LiNOjand NaSCN with the ammonia refrigerant using the 
computer program represented by the flow chart in appendix C3. 
5. RESULTS AND DISCUSSION 
5.1 Coefficient of Performance Versus the Generator 
Temperature 
5.1.1 Single Stage Cycle With and Without Heat Recovery 
Absorber 
Variation in coefficient of performance (COP) of the 
absorption cycle with and without heat recovery absorber, using 
ammonia as the refrigerant and, water, lithium nitrate and sodium 
thiocyanate as the absorbents, at fixed temperatures in the absorber, 
evaporator and condenser, are shown against the generator 
temperature ( t) in Fig. 5.1. It is seen that coefficient of performance 
of the cycle using the water-ammonia mixture, increases with t^, 
reaches to a maximum value, and then starts decreasing gradually 
with further increase in t . The COP of the cycle using LiN03-NH3 
and NaSCN-NH solutions, on the other hand, after reaching to a 
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maximum value, become almost constant at high generator 
temperatures. Also, at high evaporator temperatures, variation in 
the values of COP (Fig. 5.1) are found to be more sensitive to 
changes io the value of t ; thereby, providing smaller range in 
selecting the generator temperature. This indicates that there is need 
for great care in adjusting the generator temperatures while 
operating the absorption cycle at high evaporator temperatures. 
However, at low evaporator temperatures, this variation becomes 
relatively less sensitive to t . Also, the system needs to be operated 
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at high values of t^  especially, when the evaporator temperature goes 
down. 
Improvement in the COP of the absorption cycle using 
HRA, in addition to the primary absorber, can also be seen in Fig. 
5.1. They, for different operating conditions, are found to be quite 
large as compared to the cycle without HRA. It is also observed, 
that difference in the values of COP become more as the generator 
temperature increases. However, at low evaporator temperatures, 
deviation In the values of COP of the cycle with HRA from those of 
the cycle without HRA, start decreasing. The maximum values of 
COP for the cycle with HRA, shift towards the high generator 
temperature, especially when the evaporator temperature decreases; 
this being more prominent in case of the HjO-NHj mixture. The COP 
of the cycle with LiN03-NH3 and NaSCN-NHg mixtures, are found 
to be considerably higher than the one using the HjO-NHg mixture; 
becoming still more at low evaporator temperatures. Thus, 
deviation in the values of COP of the cycle, using the different 
working fluids under study, increases as the evaporator temperatures 
goes down. It is also found (Fig.5.1) that the NaSCN-NHg mixture 
operates relatively at high generator temperatures and the 
performance of the LiNOj-NHg cycle gets improved as the evaporator 
temperature becomes low. It is to be noted that COP plots for the 
absorption cycle with and without HRA using the different fluids, 
shown in Fig. 5 .1 , are common for all the energy sources, under 
study. 
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5.1.2. Two-Stage Dual-Fluid Cycle 
Coefficient of performance of the cycle at the second 
stage, with ammonia as the refrigerant and, water, lithium nitrate 
and sodium thiocyanate as the absorbents, while using LiBr-H^O 
solution in the cycle at the first stage, are plotted against the 
generator temperature t^ ^ (of the second stage) and shown in Fig. 
5.2, COP of the combined cycle, considering cooling load of the 
cycle at the second stage and heat inputs Q ^ and Q^^ °^ ^^^ 
generators at the two stages, are also plotted with t^ ^ ^^ '^•9- ^•^• 
Here, heat input to the generators at the first and second stages 
are through the ordinary flat plate collectors. The coefficient of 
performance of the LiBr-HjO cycle at the first stage, on the other 
hand, remains constant for all the values of X^^ and t^2. irrespective 
of the working fluid being used. This is because, the operating 
conditions such as, t , , t , , t , , t , , x , and x , remain fixed when t . 
' e l ' a 1 ' C I ' g 1 ' a1 g1 gZ 
and t^ 2 ^""^ changed. However, with change in the condenser 
temperature X^^' ^ ^ P of the LiBr-HjO cycle changes because the 
absorber and the condenser temperatures (t^ ^ and t^,) at the first 
stage also change with t^ ^ since t^, = t^, = X^^. Here, generator 
temperature in the cycle at the first stage comes out to be the 
optimum value which corresponds to the minimum energy required 
by the LiBr-HgO cycle having cooling load Q^ ^ = Q^^- The optimum 
values of COP and t^  for the LiBr-H^O at the first stage of the 
dual-fluid cycle are given in table 5.1 for different temperatures in 
the condenser (tj^=t^,) and the sources of energy. It is interesting to 
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Table 5.1 Optimum values of the coefficient of performance (COPi.o) and the generator 
temperature (tgi.o) along with the corresponding concentration of the LiBr salt in the 
generator (Xgi.o) of the LiBr-H20 cycle, used at the first stage in the dual fluid absorption 
system when t<i = 5 °C. 
Flat Plate Solar Collector 
tr,=t.,rc) 
COP.o 
tp.o CC) 
x^ i.o 
25 
0.8421 
52.4 
52.34% 
30 
0.8073 
64.9 
55.9% 
35 
0.7707 
76.5 
58.71% 
40 
0 7386 
88.2 
61.34% 
45 
07107 
100.3 
63.86% 
Tubular Solar Collector 
tci=t.irc) 
COPio 
U.(* CC) 
^1.0 
25 
0.8577 
51.6 
54.34% 
30 
0.8216 
69.9 
57.9% 
35 
0.7910 
82.0 
61.21% 
40 
0.7658 
95.4 
64.34% 
45 
0.7458 
109.5 
67.36% 
BIOGAS 
t.,=t^rc) 
COP.o 
t,, n CO 
Xpi.o 
25 
0.8588 
57.1 
54.84% 
30 
0.8237 
71.1 
58.9% 
35 
0.7935 
84.3 
62.21% 
40 
0.7699 
99.2 
65.84% 
45 
— 
— 
— 
Liquified Petroleum Gas 
tr,=t.,rc) 
COP,n 
t.,.0 CC) 
Xgl.O 
25 
0.8594 
58.1 
55.34% 
30 
0.8237 
71.1 
58.9% 
35 
0.7946 
87.7 
63.21% 
40 
0.7790 
103 1 
67.34% 
45 
— 
— 
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note that, although Q^^  increases with increase in the generator 
temperature t^ ^ because large amount of ammonia in the cycle at 
the second stage is generated which has to be absorbed in the 
absorber A^, still COP of the LiBr-H20 cycle remains constant. This 
is because, the generator load Q ^ also increases in the same ratio 
as does Q^,, which is the evaporator load on the LiBr-H20 cycle. 
COP of the single stage cycle has also been plotted for the 
H2O-NH3, LiNOg-NHg and NaSCN-NHj solutions and shown in Fig. 
5.2, for the purpose of comparison. 
The coefficient of performance, exhibited in Fig. 5.2 
for the combined dual-fluid cycle and the cycle at the second stage, 
like those of the single stage cycle, increase with the generator 
temperature, reach to maximum values and then decrease gradually 
in case of the HjO-NHj, and become almost constant for the 
LiNOg-NHj and the NaSCN-NHg solutions. It is seen in Fig.5.2, that 
COP of the ammonia cycle, at the second stage of the dual-fluid 
cycle, is considerably higher than COP of the single stage cycle 
using the same working fluid. It is also found that, COP of the 
combined dual-fluid cycle is lower than COP of the single stage 
cycle, except in case of the HjO-NHj mixture, where COP of the 
former exceeds those of the latter, especially at low evaporator 
temperatures. However, the maximum values of COP for the 
dual-fluid cycle and the cycle at the second stage, appear at 
relatively very low generator temperatures as compared to the single 
stage cycle. 
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Another interesting result with H^O-NHg mixture, when 
used in the dual fluid cycle, unlike the single stage cycle, is that at 
O X its COP exceeds those of the LiNOj-NHj and the NaSCN-NHg 
mixtures, which subsequently lowers down as the evaporator 
temperature decreases. This may be due to the reason that the 
generator load in the cycle using H2O-NH3 mixture, which is highly 
dependent on the evaporator and the generator temperatures, 
become considerably low at very low generator temperatures. The 
low generator temperatures in the cycle at the second stage, are 
evidently due to lowering of the absorber temperature in it. This raises 
COP of the HjO-NHg cycle, which becomes more than those using 
other fluids. 
Deviation in the values of COP from one another, when 
compared with different fluids, is seen to be largest in case of the 
single stage cycle, a little less in the cycle at the second stage and 
least in the combined dual-fluid cycle. Smaller deviation, in the cycle 
at the second stage, although having different absorbents, is because 
of the low absorber temperature and the same refrigerant (ammonia) 
used in it. That is at the low absorber temperatures concentration of 
the ammonia-refrigerant in the absorber, for a fixed value of the 
evaporator temperature, becomes quite high, thereby reducing 
fraction of the absorbent in it. Thus, lowering of the absorbent 
concentration in the absorber, minimizes the effect of the absorbent 
on the performance of the system. Similarly, on reducing the 
evaporator temperature, for a fixed temperature in the absorber, 
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concentration of the refrigerant in the absorber will decrease, thereby 
increasing the effect of the absorbent on COP of the system. This is 
the reason, why deviation in the values of COP of the cycle at the 
second stage, using different working fluids, increases on lowering 
the evaporator temperature, as is seen in Fig. 5.2. 
The least deviation found in COP of the dual-fluid 
cycle, among the different absorbents, may also be due to reduction 
of the absorbent-concentration in the absorber of the ammonia-cycle 
used at the second stage. In addition to this, generator load (Q^^) of 
the LiBr-HjO cycle at the first stage, which appears in denominator 
of the expression for the COP, will further reduce this deviation. This 
becomes more clear from the following mathematical treatment, by 
considering COP of the dual fluid cycle using the HjO-NHg and the 
UNO3-NH3 mixtures. 
Taking ratio (R) of the two OOP's, COP^ and COP^, which 
are respectively, for the H2O-NH3 and the LINO3-NH3 solutions, 
obtained from equation (2.54) and re-arranging it in terms of the 
generator loads at the two stages of the dual-fluid cycle, one can 
write: 
R « ( C 0 P , / C 0 P J [ ( 1 + 0 ^ / 0 ^ 3 ^ / ( 1 + 0 ^ / 0 ^ , J ] (5.1) 
Since, COP of the HjO-NHg is generally less than COP 
of the LiN03-NH3, the generator load Q 2 ^ will be greater than Q ^ ^ 
Thus, the terms within bracket in equation (5.1) will further reduce 
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the ratio 'R' in addition to that obtained by ( C O P L / C O P ^ ^ ) . 
Since the optimum generator temperature t ,^ for a set 
of the operating conditions (t^j- *,2' *c2' *B2' \2 ^ " ^ V ^ ' " **^ ® cycle at 
the second stage, is corresponding to the minimum amount and cost 
of energy required in the generator G, at the first stage; its value will 
be different depending upon type of the energy used (refer table 
5.1). Therefore, coefficient of performance of the ammonia-cycle at 
the second stage and the combined dual-fluid cycle, have been 
plotted also for the evacuated-tubular collector, biogas and LPG in 
Figs. 5.3, 5.4 and 5.5, respect ive ly , against the generator 
temperature. COP plots for the different cycles using the various 
refrigerant-absorbent mixtures, shown in Figs. 5.3 to 5.5, follow 
the same trend as it was for the ordinary flat plate collector in Fig. 
5.2, with minor difference in their magnitudes and slopes. 
5.1.3 Two Stage Absorption and Evaporation Cycle 
Coefficient of performance of the two stage absorption 
and evaporation cycle, obtained for different temperatures in 
the generator, by keeping the evaporator and the condenser 
temperatures as fixed, has been plotted and shown in Fig. 5.6. Here, 
the absorber A^ at the second stage, has temperature equal to that 
of the condenser, while the absorber A^ which is to be cooled by the 
fluid in the evaporator E^, Is kept at 10°C temperature. In order to 
have a comparative study, coefficient of performance of the single 
stage cycle, using same refrigerant-absorbent combinations, have 
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also been shown in Fig. 5.6. One can notice the lowering of the 
generator temperatures in the two stage absorption and evaporation 
cycle with respect to the single stage cycle. It can also be seen in 
Fig. 5.6, that COP of the HgO-NH, solution in the TSAEC, like those 
found in the dual-fluid cycle, exceed the COP of the LiNOj-NHg and 
NaSCN-NHg solutions at C C , which lowers down gradually as the 
evaporator temperature decreases. Although, COP values of the 
single stage cycle seem to be higher than those of the two stage 
cycle, the generator temperatures, corresponding to the maximum 
values of COP, are much lower for the TSAEC as compared to the 
single stage cycle. However, COP of the HgO-NHg solution in the 
TSAEC, becomes better as the evaporator temperature decreases, 
operating still at low generator temperatures. Deviation in the values 
of COP with different working fluids viz. HjO-NHg, LiNOg-NHj and 
NaSCN-NHg in the two stage absorption and evaporation cycle, are 
also found to be quite low, as it was in case of the dual-fluid cycle. 
The reason being the same, that is, increase in the ammonia 
concentration and hence, reduction in the effect of the absorbent by 
keeping low temperature in the absorber. This deviation, which 
increases as the evaporator temperature goes down, is certainly 
due to decrease in the concentration of the ammonia in the absorber, 
as explained earlier through Fig. 5.2 
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5.2 Amount and Cost of Energy Versus Generator Temperature 
5.2.1 Single Stage Cycle With an Without Heat Recovery 
Absorber 
Figure 5.7 shows variation in areas of the ordinary 
flat plate and the evacuated type tubular collectors and, volume flow 
rates of blogas and LPG against the generator temperature t in 
the single stage cycle with and without HRA, using HjO-NHg, 
LiNOg-NHg and NaSCN-NHg mixtures, at fixed temperatures in the 
evaporator, absorber and the condenser. Area of the solar collectors 
and flow rate of the gases seen in Fig. 5.7, decrease from high 
values at low generator temperatures, reach to minimum values 
and then increase as the generator temperature increases, thus 
showing, in each case, minimum energy requirement at certain 
value of the generator temperature. Therefore, in order to have 
economical operating conditions, the generator temperatures are 
selected iteratively corresponding to the minimum values of Ap, A,, 
V^ and V| for the given working fluids at different operating conditions. 
These values of t , so obtained, are the optimum generator 
temperatures. 
It is observed that, the variations in A , A ,^ V^^ and V, 
with t^  for the HjO-NHg mixture, are relatively faster than those of 
the other fluids, under study. These variations are mainly due to 
changes in the coefficient of performance shown in Fig. 5.1 
for the H2O-NH3 mixture, which are highly sensitive to the 
generator temperatures. Interestingly, one can also see that, variation 
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in the values of Ap, irrespective of the working fluid being used, are 
quite sensitive to changes in the generator temperature. This is 
obviously due to the useful heat gain Q , available from the ordinary 
flat plate collector, which is highly dependent on the generator 
temperature t^, where the outlet temperature of the fluid leaving the 
collector, is related by t^  = t + S^C. Advantage of using the heat 
recovery absorber, can be seen through Fig. 5.7, where area of the 
solar collectors and volume flow rates of the gases become very 
low as compared to those of the cycle without HRA. 
The collector areas, Ap and A,, and the flow rates of 
the biogas and LPG, have also been plotted in Fig. 5.8 against the 
generator temperature for the evaporator temperature o f - I S ' C . 
Obviously at such evaporator temperatures, size of the solar 
collectors and amount of the gases required, become quite high due 
to the high generator temperatures and large amount of the energy 
requirement. Variation in the values of Ap, A,, V^ and V, with the 
generator temperature, are similar to those found in Fig. 5.7, having 
minor difference in their slopes at some operating conditions. The 
optimum generator temperatures, which are corresponding to 
minimum sizes of the solar collectors and flow rates of the gases, 
are found to be slightly higher, for the cycle using heat recovery 
absorber. 
Figures 5.9 and 5.10 show variation in the costs of 
the flat plate collector, evacuated - tubular collector, biogas and LPG, 
required by the cycles with and without HRA, using the H^O-NH,. 
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LiN03 -NH3 and the NaSCN-NHj mixtures, at different operating 
conditions. These costs, that are based on the estimation being made 
at Aligarh, come out to be highest for the evacuated tubular collector 
and lowest for LPG. However, cost of each source will depend upon 
the method of estimation and may vary from place to place. Cost of 
the energy sources, exhibited in Figs. 5.9 and 5.10 for the different 
operating conditions, also decrease with t , reach to minimum 
values and then increase with increase in the values of t . These 
9 
are similar to the variations in A , A,, V^ and V,, because they are 
directly related to the cost of the energy sources repectively. Thus, 
the minimum cost of the energy sources will be corresponding to 
the minimum values of A , A ,^ V^^ and V,, respectively. Therefore, 
for selecting the optimum generator temperatures, at a given set of 
the operating conditions, one may keep either the minimum values 
of A , A,, V^ or V,, or their respective costs, as the criteria. The 
optimum generator temperatures, are found to be low for the 
ordinary flat plate-operated cycles and nearly equal, for 
the biogas, LPG and evacuated tubular-collector operated cycles. 
5.2.2 TWo-Stage Dual-Fluid Cycle 
Areas of the flat plate and the evacuated-tubular 
collectors, and volume flow rates of the biogas and LPG, for 
supplying heat energy to the generators G^  and G^ of the dual-fluid 
cycle using HjO-NHg, LiNOg-NHj and NaSCN-NHg mixtures, in the 
cycle at the second stage with LiBr-H^O in the cycle at the first 
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Stage, are exhibited in Fig. 5.11. The solar collector areas A^,, A^j, 
Ap, A,^, A,2, and A ,^ along with volume flow rates of the gases V ,^,, 
V^2. V^, V,^ , V,2 and V, shown in Fig. 5.11, are for the LiBr-H20 cycle 
at the first stage, ammonia-cycle at the second stage and the total 
values for the combined dual fluid cycle, respectively. The quantities 
A , A,, V^ and V,, have already been defined by equations (3.8), 
(3.12), (3.20) and (3.26), respectively. It can be seen that the areas, 
Ap2 and A,2 and flow rates, V^ 2 ^ "^1 V,2 for the ammonia-cycle at the 
second stage, also vary with the generator temperature in the similar 
manner as it was found in case of the single stage cycle with and 
without HRA, showing minima at certrain values of the generator 
temperature. 
The values of A^,, A,,, V^ ^ and V,, for the LiBr-H20 
cycle at the first stage, which are corresponding to the optimum 
values of t ,^ obtained for a set of the operating conditions, increase 
gradually with 1^2- However, with change in the values of i^^ keeping 
K^• K^' Kv \ i ^ "^ \^ ^^ fixed, the optimum generator temperature 
and coefficient of performance of the LiBr-H20 cycle remain constant 
(Table 5.1). Also, heating values of the energy sources (Q^ ,^ Q,,, Q ,^ 
and Q„), which are related to the temperature t , , do not change 
during the variation of i^^. Change in the values of Ap,, A,,, V ,^, and 
V,, are only due to the change in the generator load Q , because the 
evaporator load Q^,, which is equal to Q^2> increases with increase 
in tjijl *^ ® ""st'O of Qei 3"^ Qgi- which is COP of the LiBr-HjO cycle, 
remaining constant. 
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The areas (A^ and A,) and volume flow rates (V^, and 
V,) for the combined dual-fluid cycle, which are the total amount 
required at the first and second stages, also vary like those of the 
ammonia cycle at the second stage, showing minima at certain 
values of the temperature t^j. Fortunately, the optimum generator 
temperatures, corresponding to the minimum values of Ap2, A,2, \/^^2 
and V,2 (for the ammonia cycle at the second stage) and A , A,, V ,^ 
and V, (for the combined dual-fluid cycle) with same operating 
conditions, are nearly equal. This is due to the fact that the effect of 
the energy sources in the LiBr-H20 cycle on t^j is nominal. Thus, the 
optimum generator temperatures in the cycle at the second stage 
are selected iteratively corresponding to the minimum values of A^, 
A,, V^ and V, required by the generators of the two cycles in the 
dual-fluid system. The optimum generator temperatures in the LiBr-
HjO cycle, selected iteratively for each values of l^j, are given in 
table 5.1. 
Cost of the solar collectors, biogas and LPG, 
corresponding to the areas and volume flow rates, shown in the 
Fig. 5.11, are also presented in Fig. 5.12 for the same operating 
conditions. The respective costs of the energy sources, shown in 
Fig. 5.12, follow the same trend, yielding same optimum 
temperatures in the generator G^, as do the solar collector areas 
and flow rates of the biogas and the LPG in Fig. 5.11. The energy 
costs are found to be higher for the tubular collectors and lowest for 
the LPG; the biogas being cheaper than the ordinary flat plate 
collector. 
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5.2.3 Two-Stage Absorption-Evaporation Cycle 
The ordinary and the evacuated type solar 
collector areas and volume flow rates of the blogas and the LPG, 
required in the generator of the two stage absorption-evaporation 
cycle, are plotted against the temperature t in Fig. 5.13 for the three 
fluids, understudy, working at fixed temperatures in the evaporators, 
E, and Ej , the absorbers. A, and Aj , and the condenser C. As seen 
in case of the single stage cycle and the dual-fluid cycle, including 
the ammonia cycle in it at the second stage, the values of A , A,, Vj, 
and V, for the two stage absorption-evaporation cycle also vary with 
the generator temperature and show minima in each case 
respectively. For the purpose of comparison, the solar collector 
areas and flow rates of the gases required in the single stage cycle 
without HRA, have also been plotted. Interestingly, one can see large 
increase in the flat plate solar collector-area when supplying heat to 
the single stage cycle (SSAC) using HjO-NHg mixture. However, this 
is not true for the HjO-NHg cycle using the other sources of energy. 
That is, with evacuated collector, biogas and LPG, as the sources of 
heat in the HjO-NHj cycle, the values of A,, V^ ^ and V, come out to be 
higher in the two stage absorption evaporation cycle. 
Also the values of Ap, A,, V^ and V, for the two stage 
absorption and evaporation cycle (TSAEC), using the LiNOj-NHj and 
the NaSCN-NHg solutions, are found to be more than those required 
by the single stage cycle using the same fluids, under the same 
operating conditions. However, the two stage absorption-evaporation 
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cycle needs relatively low generator temperatures, thereby making 
the absorption system more suitable to the ordinary flat plate 
collector; which is one of the cheapest solar heating system. 
An interesting feature with the HjO-NHg mixture is 
that, Its coefficient of performance largely depends upon the 
generator temperature which can be seen in Fig. 5.1, where COP 
changes drastically with a little change in the value of t . On the 
other hand, the useful heat gain from the ordinary flat plate collector 
becomes very low at the high generator temperatures and vice-versa. 
Thus, the value of A , which is inversely proportional to the COP 
and the useful heat gain, becomes very large at the high generator 
temperatures. This can also be seen in Fig. 5.13, especially for the 
H2O-NH3 mixture. 
Figure 5.14 shows variation in the costs of the energy 
sources, selected for the present analyses, which are quite similar 
to the variations In A , A,, V^^ and V, with the generator temperature t^  
for the different working fluids at the given operating conditions. 
However, in case of the HjO-NHg solution, it is found that cost of 
the flat plate collector for the two stage absorption-evaporation cycle, 
is lower than that of the single stage cycle, which is due to the area, 
A shown In Fig. 5.13. 
Further, cost of LPG for operating the absorption 
cycles (Fig. 5.14) is lowest, while that of the evacuated-tubular 
collector is the highest; the cost of biogas being lower than that of 
the ordinary flat plate collector. Interestingly, one can also see in 
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Fig. 5.14, that costs of the LPG and the biogas-operated two stage 
absorption and evaporation cycle are cheaper than the single stage 
cycle powered by the ordinary flat plate collector; the single stage 
cycle operated by the biogas and the LPG, being much cheaper. 
Thus, the two stage absorption and evaporation cycle may become 
suitable and economical, yielding better coefficient of performance, 
if H2O-NH3 is used as the working fluid with ordinary flat plate 
collector as the source of energy, in case, biogas and LPG are not 
available sufficiently. 
5.3 Optimum Generator Temperatures 
5.3.1 Single Stage Cycle With and Without HRA. 
The generator temperatures, selected iteratively 
corresponding to the minimum amount/size and cost of the energy 
sources, have been plotted against the condenser temperatures for 
different temperatures in the evaporator which would provide the 
cold atmosphere. Figure 5.15 and 5.16 show the optimum generator 
temperatures for the absorption cycle with and without heat recovery 
absorber, using different working fluids and the sources of energy. 
These optimum generator temperatures vary linearly with the 
condenser temperature at fixed temperatures in the evaporator; the 
absorber and the condenser temperatures in these system remaining 
equal {i=tj. 
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It is found from Figs. 5.15 and 5.16, that the optimum 
generator temperatures in the system using heat recovery absorber 
(HRA) are higher than those in the system without it. A comparative 
study has been done by calculating percentage deviation in the 
optimum generator temperatures of the cycle using HRA from those 
of the cycle without HRA. Percentage increase in the optimum 
generator temperatures of the cycle with HRA from those of the 
cycle without HRA have been obtained from the following equation: 
Percentage Deviation = [(t^ ^,, „ ^ - 1 ^ ^,,^^ „^)/t, ^^^^ „ ^ I x100 (5.2) 
They are listed in tables 5.2 to 5.4 for the various 
fluids, operating under different conditions. 
The percentage deviation in the values of t^, for the 
cycle using H^O-NHg mixture, given in table 5.2, are found to have 
generally increasing trend towards low evaporator temperatures and 
high condenser/absorber temperatures. This is because difference 
in the optimum values of t^  for the H^O-NHg mixture in the cycle with 
and without HRA increases at high values of t^  and low values of t^  
as Is evident from Figs. 5.15 and 5.16. However, in case of the 
LiNOg-NHg and the NaSCN-NHg mixtures, these deviations given in 
tables 5.3 and 5.4, have in general, decreasing trend towards the 
low evaporator and the high condenser/absorber temperatures, 
because difference in the optimum values of t for these fluids, under 
most of the conditions, remain constant (Figs. 5.15 and 5.16). 
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Table 5.2 Percentage increase in the optimum generator temperatures of the cycle with 
HRA from those of the cycle without HRA using H2O-NH3 mixture 
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7.48 12.80 
10.52 1 
I 
5.25 1 
14.48 J \ ^ 
4.99 
7.25 
7.26 
8.79 
8,66 
30 
2.61 
4.03 
5.50 
6.90 
9.89 
9.87 
6.50 
35 
5.11 
5.22 
7.99 
10.87 
10.90 
40 
4.96 
7.73 
9.04 
45 
6.12 
8.77 
10.52 1 
1 
5.24 1 
14.48 1 
Operating limit of the cycle with HRA 
— - Operating Hmit of the cycle without HRA 
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Table 5.3 Percentage increase in the optimum generator temperatures of the cycle with 
HRA from those of the cycle without HRA using LiNOj -NH3 mixture 
t,\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Fli 
25 
3.41 
1.81 
1.64 
1.75 
3.39 
1.62 
1.60 
1.51 
It Plat< 
30 
1.54 
1.54 
1.65 
3.22 
1.54 
1.53 
1.53 
i Solar 
35 
1.57 
1.45 
1.46 
2.95 
1.47 
1.38 
1.40 
Collect 
40 
1.48 
1.38 
2.92 
1.41 
0.91 
1.43 
1.35 
tor 
45 
1.32 
2.80 
1.36 
1.36 
1.38 
1.31 
Biogas 
25 
3.48 
5.22 
5.14 
5.07 
4.90 
4.65 
4.52 
30 
4.90 
5.20 
6.36 
4.59 
4.47 
^4.36 
1 
35 
6.22 
6.07 
5.92 
5.78 
4.28 
40 
5.79 
5.68 
5.57 
5.47 
45 
5.46 
5.45 
Evacuated Tubular Collector 
25 
3.44 
5.27 
5.07 
3.25 
4.83 
4.83 
30 
4.93 
4.78 
3.17 
4.70 
4.58 
4.45 1 
4.62 14.35 
4.38 
35 
4.53 
4.54 
4.50 
4.40 
,4.29 
5.6 
Liquified Petro 
25 
5.30 
5.27 
5.30 16.83 
' 6.58 
646 
6.26 
6.0 
30 
4.82 
6.46 
6.37 
6.18 
6.01 
•"5.86 
35 
6.13 
608 
5.92 
5.62 
5.50 
40 
4.33 
4.31 
4.23 
4.21 
1.31 
45 
2.12 
408 
3.94 
• 
turn Gas 
40 
4.27 
4.18 
4.10 
688 
45 
4.00 
5.38 
Operating limit of the cycle with HRA. 
~ — " Operating limit of the cycle without HRA 
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Table 5.4 Percentage increase in the optimum generator temperatures of the cycle with 
HRA from those of the cycle without HRA using NaSCN-NHs mixture. 
I.\t, 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t*\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plat( 
25 
3.82 
3.83 
1.91 
185 
1.89 
1.76 
0.0 
30 
3.58 
1.80 
1.75 
1.70 
1.69 
0.0 
i Solar Collector 
35 
1.70 
1.66 
1.72 
1.71 
0.0 
40 
1.59 
1.65 
1.64 
0.0 
45 
1.58 
1.49 
0.0 
Biogas 
25 
3.70 
3.72 
5.62 
3.66 
30 
3.52 
5.34 
3.50 
5.32 
35 
4.27 
3.35 
5.44 
40 
3.30 
45 
Evacuated Tubular Collector 
25 
3.85 
3.81 
3.70 
3.66 
3.64 
-3.3 
30 
3.59 
3.51 
3.59 
3.06 
35 
3.34 
3.06 
3.35 
3 .33j 
40 
3.28 
3.23 
'\ 
1 
-11.5 1 
45 
-IP-. 
Liquified Petroleum Gas 
25 1 
3.77 
3.77 
3.64 
1 
5.48 
30 
3.45 
3.47 
5.33 
3.42 
35 
5.10 
3.29 
3.29 
40 
3.25 
45 
Operating limit of the cycle with HRA 
~ — ~ Operating limit of the cycle without HRA 
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Interestingly, one can see from tables 5.2 to 5.4, that 
percentage increase in the generator temperatures of the ordinary 
flat plate-operated cycles with HRA, using any type of the fluid under 
study, are quite less, being only within 7%. However, in case of the 
H2O-NH3 solution, while operated by energy sources other than the 
flat plate collector, percentage increase in the generator 
temperatures of the cycle with HRA (Figs. 5.15 and 5.16 including 
table 5.2) come out to be around 2 to 14%, deviating more at high 
values of (t - t ) and low values of t . 
^ c a ' 6 
One of the important points to be noted at this stage 
is that the H2O-NH3 mixture may show error in estimating the various 
parameters when the generator temperature goes beyond 120°C. 
This is because the equilibrium pressure data for the H2O-NH3 
mixture, taken from Perry's Handbook [115] by Siddiqui [36] for 
developing the P-T-X equation, which has been also used in the 
present analysis, are available only for the solution temperatures 
upto 120"C. 
The continuous thick line in table 5.2, indicate that 
the optimum generator temperatures in the cycle with HRA, beyond 
It, are above 120''C. For operation of the cycle with HRA beyond 
this line, the generator temperatures can be lowered down slightly 
below the optimum value. However, these temperatures will not 
give minimum cost of the energy in use. 
The LiN03-NH3 and NaSCN-NHg mixtures, when 
operating with the energy sources other than flat plate collector. 
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show nominal increase in the generator temperature when used in 
the cycle with HRA (table 5.3 and 5.4). They are generally around 3 
to 5%, being little more in case of the LiNOj-NHj mixture. In tables 
5.3 and 5.4, the percentage deviations beyond the continuous thick 
lines, will be for the optimum generator temperatures that may lead 
to crystallization in the generators of the absorption cycle with HRA. 
The plots drawn for the optimum generator 
temperatures in Figs. 5.15 and 5.16, which vary linearly with the 
condenser temperature, can also be presented in the form of 
mathematical equation by noting their slopes and intercepts. Thus, 
for the single-stage absorption cycle, without the heat recovery 
absorber, the optimum generator temperatures have been related in 
terms of the condenser and the evaporator temperatures, as given 
below: 
t = mt - nt + c (5.3) 
g c e ^ ' 
where m,n and c are constants, obtained from the optimum t lines 
for the cycles without HRA shown by the continuous thick lines in 
Fig. 5.15 and 5.16. These constants for the various fluids, using 
different energies, are given in table 5.5. Equation (5.3) shows that, 
the generator temperature varies linearly also with the evaporator 
temperature t^ , as it does with the condenser temperature t^ . 
The optimum generator temperatures in the cycle 
using HRA, can also be obtained from equation (5.2) by 
incorporating their respective percentage deviations given in tables 
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Table S.5 Values of the constants m, n and c for the equation (5.3). 
Working fluid 
Source of energy 
Flat plate 
collector 
Tubular 
collector 
Biogas 
L.P.G. 
H2O-NH3 
Constants 
m 
2.4 
1.56 
2.4 
2.4 
n 
1.4 
16 
1.4 
1.5 
c 
-2.0 
-6.7 
1.0 
0.0 
LiN03-NH3 
Const 
m 
2.4 
2.6 
2.9 
2.92 
tants 
n 
1.4 
1.7 
1.9 
1.96 
c 
-2.3 
-1.5 
-7.55 
-8.5 
NaSCN-NHj 
Constants 
m 
2.6 
2.8 
3.0 
3.2 
n 
1.6 
1.8 
2.22 
2.05 
c 
-2.5 
2.5* 
-2.8 
-6.3 
For very low values of U and high values of t. 
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5.2 to 5.4. For example, the optimum generator temperature, in case 
of the HjO-NHg solution using the flat plate collector at t^= -5°C 
and t^=30"C from equation (5.2) will come out to be 77°C, which 
is for the cycle without HRA. Now, the optimum generator 
temperature for the cycle using HRA at t^s-S^C and t^=30'C can be 
estimated from the equation 5 .1 , after rearranging it in the following 
form: 
Vv^thHRA^KP^rcentage deviation/100) +1] x t^ , „ , , „^ , „^ (5.4) 
Now, if we read in table 5.2 the percentage 
deviation for the H^O-NHj mixture using the flat plate collector will 
be 2.58, at t^= - 5 °C and t^ =30°C. Thus, on substituting the 
percentage deviation in equation (5.4), the generator temperature 
with HRA will come out to be Jd'C. However, comparison of this 
value of t , which has been calculated from equation (5.4), with 
that plotted in Figs. 5.15 and 5.16, may show little difference 
(by around 1 to 2°C) at some operating conditions. 
Among the three fluids selected for use in the 
absorption cycle, the optimum generator temperatures in case of 
the NaSCN-NHg solution, are relatively higher than the H^O-NHj and 
the LiNOg-NHg solutions. Percentage deviation in the optimum 
generator temperatures of the cycle with HRA, using LiNOj-
NH3 and NaSCN-NHg from those of the cycle using HjO-NHg, has 
been calculated and listed in tables 5.6 and 5.7, respectively for the 
same conditions given in tables 5.2 to 5.4. Interestingly, unlike the 
other sources of energy and the working fluids, the cycle with HRA 
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Table 5.6 Percentage deviation in the optimum generator temperatures of the cycle with 
HRA using LiNOi-NHi mixture from those ofthe cycle using H2 0-NHi mixture. 
t.\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-«0 
-70 
-80 
t,\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
1.9 
0.8 
-0.4 
-0.1 
-1.5 
-4.2 
-4.1 
-5.4 
30 
0.7 
-0.4 
-0.1 
-1.3 
-9.4 
35 
-0.4 
-1.4 
-1.3 
-2.3 
-3.8 J 
-3.9 1-4.9 
-5.0 " ' -4 .9 
40 
-1.3 
-1.2 
-2.2 
-3.5 
-5.1 
-3.4 
-4.6 
45 
-1.1 
-2.2 
^ . 5 
Evacuated Tubular Collector 
25 
8.0 
10,5 
10.8 
-1.1 17.7 
-0.9 |7 .8 
-4.4 
Biogas 
25 
11.8 
14.3 
130 
13 1 
115 
30 
13.3 
126 
14.2 
109 
108 
11.2 106 
126 
35 
13.3 
12 
10.6 
10.5 
89 
40 
11.4 
9.8 
10.1 
45 
9.7 
9.8 
7.8 
6.1 
7.0 
30 
98 
10.2 
7.4 
7.0 
7.5 
35 
8.3 
8.5 
5.8 
40 
8.2 
45 
5.9 
5 5 1 5 3 1 
5.6 , 
5.9 13.0 
^3.0 
4 6 19.7 
'"3.8 
4.1 
Liquified Petroleum Gas 
25 
13.8 
146 
16.7 
15 1 
15.0 
14.7 
159 
30 
13.4 
15.8 
14.3 
14.3 
12.6 
13.8 
35 
13.4 
13.7 
12.2 
ia5__ 
"iTs"" 
40 
13.0 
117 
10.3 
45 
11.2 
11.3 
Operating limit of the LiN03-NH3 mixture due to crystallization 
— ~ " Operating limit of the H2O-NH3 mixture because temperature becomes 
above 120°C 
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Table 5.7 Percentage deviation in the optimum generator temperatures of the cycle with 
HRA using NaSCN-NH3 mixture from those of the cycle using H: O-NH3 mixture 
U\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t,\lc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
196 
94 
7.3 
8.5 
8.2 
5.9 
5.3 
30 
8.8 
6.8 
8.0 
7.8 
5.8 
5.2 
35 
6 4 
6.3 
7.5 
5.7 
5.0 
40 
6.0 
7.3 
5.4 
4.9 
45 
6.9 
5.2 
Bio&as 
25 
23.7 
25.8 
25.7 
25.2 
25.0 
24.3 
30 
23.9 
19.4 
23.9 
24.0 
23.5 
24.9 
276 1 
35 
22.9 
21.2 
21.3 
20.9 
1 
1 
40 
20.2 
20.4 
45 
19.6 
1 
20.2 1 
1 
Evacuated Tubular Collector 
25 
19.3 
19.1 
20.8 
18.6 
20.3 
19.7 
J21u 
30 
17.7 
19.5 
17.8 
18.8 
18.9 
35 
17.0 
16.4 
17.0 
40 
161 
16.3 
161 
16.7 1 
16.9 1 
Liquified Petro 
25 
260 
26.3 
28.1 
280 
27.1 
286 
30 
24.6 
26.4 
26.5 
26.0 
35 
23.4 
23.2 
23.2 
23.3 
25.9 1 
27.0 
32.4 1 
1 
1 
45 
162 , 
eum Gas 
40 
22.1 
22.4 
45 
21.5 
1 
22.5 1 
1 
Operating limit of the NaSCN-NHs mixture due to crystallization 
— - Operating Umit of the H2O-NH3 mixture because temperature becomes 
above UOX. 
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using the LiNOg-NHj mixture and operated by means of the ordinary 
flat plate collector, shows negative deviation (table 5.6). That is, the 
optimum generator temperatures required by the cycle with HRA 
using the LINO3-NH3 are lower by about 5%, than the cycle using 
the HjO-NHj mixture. However, with the evacuated-tubular collector, 
biogas and LPG as the sources of energy, the optimum generator 
temperatures in the cycle with HRA, using the LiNOj-NHj, are quite 
high around 3 to 10%, 9 to 14% and 10 to 16%, respectively when 
compared with those of the cycle with HRA using the H2O-NH3 
mixture. This can be clearly seen in table 5.6, where these 
deviations are listed for the different operating conditions. Similarly, 
the percentage deviation in the optimum generator temperatures 
of the cycle with HRA using the NaSCN-NH3 from those of the 
H2O-NH3 mixture, have been estimated and listed in table 5.7. It is 
seen that the optimum generator temperatures of the cycle using 
the NaSCN-NH3 mixture, are around 5 to 20%, 16 to 20%, 19 to 
25% and 22 to 32% higher than those of the H2O-NH3 mixture when 
operated by the flat plate collector, evacuated tubular collector, 
biogas and LPG, respectively. The deviations given within the dashed 
lines in tables 5.6 and 5.7, are corresponding to the generator 
temperature above 120*0 for the cycle with HRA using the H^O-NHg 
mixture. While, the values beyond the continuous thcik lines are 
corresponding to the temperatures in the cycle with HRA using 
the LiN03-NH3 and NaSCN-NH3 mixtures, that would lead to 
crystallization. 
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A comparative study of the optimum generator 
temperatures in the cycle with HRA has also been done with respect 
to the energy sources by calculating their deviations from the flat 
plate operated absorption cycles. The percentage deviation of t , 
obtained for the tubular collector-operated cycle, from those of the 
flat plate operated cycle, is given by the following equation: 
Percentage Deviation=[(t^ ,„,„,-t^ „J/t^ „ J x 100 (5.5) 
Similarly, percentage deviation of t for the biogas and 
LPG-operated cycles, from those of the flat plate collector operated 
cycles, can also be calculated. The percentage deviations obtained 
for each fluid, operated by the sources of energy under 
consideration, are given in tables 5.8 to 5.10. From these tables, it 
is seen that the percentage deviations in the optimum generator 
temperatures of the absorption cycle with HRA, operated by the 
evacuated tubular collector, biogas and LPG, from those of the flat 
plate collector-operated cycle with HRA, increases at high condenser 
and low evaporator temperatures. The percentage deviations in case 
of the H2O-NH3 mixture, are around 3 to 10% for the all the 
three energy sources. While, in case of the LiNOg-NHg and the 
NaSCN-NHg, they are around 10 to 36%, 13 to 26% and 15 to 30% 
(table 5.9) and 11 to 18%, 16 to 23% and 18 to 26% (table 5.10), 
respectively for the evacuated tubular collector, biogas and LPG. 
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Table 5.8 Percentage increase in the optimum generator temperatures of the cycle with 
HRA operated by the different sources of energy, from those of the cycle operated by 
the ordinary flat plate solar collector, while using the H2 O-NH3 mixture. 
te\fc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
u\u 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
j 
40 
0.0 
0.0 
0.0 
0.0 
45 
0.0 
0.0 
Biosas 
25 
2.7 
2.7 
4.3 
5.8 
7.3 
7.3 
7.2 
30 
2.7 
4.0 
5.5 
6.9 
6.9 
S.I 
35 
3.8 
6.2 
8.0 
8.1 
40 
5.0 
7.7 
7.7 
45 
7.4 
1 
Evacuated Tubular Collector 
25 
2.7 
2.7 
2.8 
5.8 
5.7 
5.7 
7.2 
Lie 
25 
2.7 
4.2 
4.3 
7.0 
7.3 
7.3 
7.2 
30 
2.7 
2.7 
5.5 
5.5 
5.6 
8,1 
35 
3.8 
3.9 
6.6 
6.7 
40 
3.6 
6.4 
6.4 
45 
5.6 
! 
' 
uifiec 
30 
3.9 
4.0 
7.0 
6.9 
8.3 
8.1 
Petroleum Gas 
35 
5.1 
6.2 
8.0 
9.5 
40 
5.0 
7.7 
9.0 
45 
7.4 
Operating limit of the H2O-NH3 mixture because temperature becomes 
above 120°C . 
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Table 5.9 Percentage increase in the optimum generator temperatures of the cycle with 
HRA operated by the different sources of energy, from those of the cycle operated by 
the ordinary flat plate solar collector, while using theLiNO? -NH3 mixture. 
t,\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t,\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat 
25 
0 0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
t Plate Solar Colleci 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
tor 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Biogas 
25 
12.7 
16.5 
18.3 
19.8 
21.3 
24.6 
25.8 
30 
15.5 
17.6 
20.6 
20.1 
23.7 
24.7 
I 
35 
18.0 
19.5 
21.0 
22.4 
23.7 
40 
18.5 
20.0 
21.3 
45 
19.2 
20.6 
Evacuated Tubuli 
25 
9.8 
12.6 
14.4 
14.0 
15.6 
19.1 
30 
11.9 
12.7 
13.4 
14.8 
18.2 
35 
12.8 
14.3 
14.3 
15.7 
17.0 
17.8 18.3 
18.6 19 1 
36.1 
ir Collector 
40 
13.6 
13.6 
14.9 
16.4 
45 
13.0 
14.3 
17.2 
1 
1 
Liquified Petroleum Gas 
25 
14.7 
18.6 
' 22.2 
' 23.7 
24.9 
30 
17.3 
20.1 
22.5 
23.8 
27.1 
28.5 28.4 
29.6 1 
35 
19.7 
20.3 
22.8 
23.9 
27.1 
40 
20.2 
21.7 
23.0 
45 
20.8 
23.7 
Operating limit of the LiNOs-NHs mixture due to crystallization 
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Table 5.10 Percentage increase in the optimum generator temperatures of the cycle with 
HRA operated by the different sources of energy, from those of the cycle operated by 
the ordinary flat plate solar collector, while using the NaSCN-NHs mixture 
t,\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t ,\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Fill 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
it Plate Solar Collector 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
45 
Evacuated Tubular Collector 
25 
0.0 ; 11.8 
0,0 i 11.8 
0.0 : 15.8 
Bioeas 
25 
16.0 
18.0 
22.3 
22.1 
30 
16.9 
21.0 
21.0 
23.0 
35 
19.9 
20.0 
21.8 
40 
19.1 
45 
15.7 
17.6 
30 
11.0 
14.9 
15.0 
164 
35 
14.1 
13.8 
16.0 
40 
13.6 
15,3 
i 
45 
' 
; 
Liquified Petroleum Gas 
25 
18.1 
20.2 
24.5 
' 
j 
26.5 
30 
19.0 
23.1 
25.3 
25.1 
35 
21.9 
21.9 
23.8 
40 
21.0 
45 
\ 
Operating limit of the NaSCN-NHs mixture due to crystallization. 
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6.3.2 Two-Stage Dual-Fluid Cycle 
The optimum generator temperatures t^ ^ in the 
cycle at the second stage, which were obtained iteratively for the 
minimum energy requirement in both the cycles of the dual-fluid 
system, have been plotted and shown in Figs. 5.17 and 5.18 for the 
different working fluids using the various sources of energy. Here, 
as explained earlier in section 5.1.2, the condensers in the two 
cycles of the dual fluid system, are assumed to operate at equal 
temperatures (t^,=t^2), while the absorber, A^ at the fist stage, is at 
*ai"*ci ^ " ^ ^^ ® absorber, Aj at the second stage, is at t^2=t^^+5"'C; the 
temperature in the evaporator E,, being fixed at t^^=5°C. Interestingly, 
the optimum generator temperatures, for the fixed evaporator 
temperature t^ .^ ^re seen to be varying linearly with the condenser 
temperature. Also, change in the generator temperature, on 
changing the evaporator temperature, seems to be almost at 
constant rate. Therefore, the optimum generator temperatures, for 
ammonia cycle at the second stage in the dual-fluid system, may 
also be correlated mathematically, which can be shown to have 
linear variation with the condenser temperature t^j ^^^ *^® 
evaporator temperature t^ 2. ' " the same form defined by equation 
5.3 for the single stage cycle. Thus, the optimum generator 
temperature, for the cycle at the second stage, can be related as: 
tp2 = m t^ 2 - n te2 + c (5.6) 
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Fig.5-17 Optimum generator temperatures for the solar collectors,with 
condenser temperoture, for different working fluids in Ihe 
two stoge dua l - f lu id cycle at different evaporator 
temperatures. 
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F»g.5.18 Optimum generator temperatures for the LPG and biogas^ 
with condenser temperature, for different working fluids 
in the two stage dua l - f lu id cycle at different evaporator 
temperatures 
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The constants m,n and c for equation (5.6), 
estimated after noting the slopes and intercepts of the each line in 
Figs. 5.17 and 5.18, are given in table 5.11. 
As stated earlier, the optimum generator temperatures 
in the dual fluid cycle come out to be quite low as compared to 
the single stage cycle with and without HRA. For the purpose 
of comparison, percentage deviation in the optimum generator 
temperatures of the single stage cycle with HRA from those of the 
ammonia cycle, in the dual fluid system, have been calculated for 
the operating conditions from the following equations: 
Percentage deviation=l(t^ ^,, „ , ^ - t^, ,JI i^, ,J x 100 (5.7) 
These are given in tables 5.12 to 5.14 for the various 
working fluids and the sources of energy. It is found that the 
percentage deviation in the generator temperatures of the single 
stage cycle with HRA, from those of the dual fluid cycle, generally 
increases with increase in the condenser and the evaporator 
temperatures. 
In the cycle using HjO-NHg mixture, with the sources 
of energy as the ordinary flat collector, evacuated-tubular collector, 
biogas and LPG, the optimum temperatures in the dual fluid cycle, 
decrease by 25 to 78%, 30 to 85%, 30 to 87% and 30 to 87%, 
respectively, as can be seen from table 5.12. Similarly, decrease in 
the optimum generator temperatures, when using LiNOg-NHj 
solution, which have been listed in the table 5.13, come out to be 17 
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Table 5.11 Values of the constants m, n and c in the equation (5 6), applicable for the 
two-stage dual-fluid cycle. 
Working fluid 
Source of 
energy 
Flat plate 
collector 
Tubular 
collector 
Biogas 
L.P.G. 
H2O-NH3 
Constants 
m 
1.2 
1.2 
1.168 
1.17 
n 
1.66 
1.5 
1.522 
1.52 
c 
11 
11 
12 
1.3 
LiN03-NH3 
Constants 
m 
1.15 
1.176 
1.2 
1.3 
n 
1.35 
1.6 
1.65 
1.72 
c 
12.25 
14.6 
15.5 
12 
NaSCN-NH3 
Constants 
M 
1.2 
1.35 
1.48 
1.5 
n 
1.6 
1.96 
2.1 
2.13 
c 
13 
13.75 
11.6 
12.3 
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Table 5.12 Percentage deviation in the optimum generator temperatures of the cycle with 
HRA from those of the ammonia cycle in the dual-fluid system using H2O-NH3 mixture. 
t,\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-m 
-70 
-80 
t,\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
51.10 
39.08 
38.21 
31.76 
30.27 
27.43 
25.05 
30 
57.92 
50.18 
43.09 
39.82 
35.94 
32.60 
35 
67.86 
59.82 
50.83 
46.97 
44.31 
40 
73.60 
63.09 
57.54 
50.0 
45 
77.79 
69.53 
Biogas 
25 
50.4 
42.8 
38.5 
35.6 
35.78 
32.86 
30.25 
30 
57.60 
52.70 
47.47 
44.12 
41.60 
39.01 
35 
71.17 
64.73 
59.25 
53.44 
40 
79.64 
72.44 
64.34 
45 
86.95 
Evacuated Tubular Collector 
25 
50.5 
43.1 
38.51 
35.64 
33.80 
32.82 
30.36 
30 
59.7 
50.7 
47.47 
43.91 
39.79 
40.0 
Liquified 
25 
48.66 
44.90 
38.50 
37.53 
34.07 
32.86 
30.36 
30 
59.52 
52.77 
49.59 
44.12 
43.54 
40.0 
35 
71.2 
62.7 
57.16 
53.08 
40 
77.35 
70.27 
64.0 
45 
85.0 
'etroleum Gas 
35 
73.33 
63.06 
59.25 
55.43 
40 
79.64 
72.44 
66.39 
45 
86.96 
Operating limit of the cycle with HRA. 
116 
Table 5.13 Percentage deviation in the optimum generator temperatures of the cycle with 
HRA from those of the ammonia cycle in the dual-fluid system using LiNOs -NH3 
mixture 
t , \ t . 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
U\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
49.0 
41.0 
35.0 
33.0 
25.6 
23.1 
23.0 
17.6 
30 
55.6 
47.0 
43.0 
38.6 
32.4 
29.3 
24,5 
35 
60.0 
54.0 
49.5 
44.3 
38.3 
34.86 
30.22 
40 
67.0 
57.9 
53.15 
47.6 
40.65 
37.96 
64.90 
45 
70.4 
63.03 
56.02 
50.59 
44.14 
40.48 
Biogas 
25 
52.7 
389 
54.8 
44.3 
37.7 
36.4 
356 
30 
65.1 
60.1 
62.1 
53.5 
46.2 
44.4 
35 
8280 
69.21 
70.76 
61.48 
51.67 
40 
84.20 
77.3 
75.9 
45 
87.35 
82.46 
Evacuated Tubular Collector 
25 
52.42 
48.53 
49.73 
39.66 
35.81 
34.74 
29.93 
27.60 
30 
62.24 
57.09 
54,84 
49.02 
42.17 
38.57 
37,46 
Liquifie< 
25 
55.48 
53.94 
57.19 
46.35 
42.08 
38.3 
37.3 
30 
67.72 
64.65 
64.63 
55.61 
48.22 
46.22 
35 
72,44 
66.55 
63.5 
55.0 
47.8 
45.8 
40 
7.87 
70.23 
68.90 
58.05 
45 
8192 
75.1 
73.54 
Petroleum Gas 
35 
75.65 
71.71 
70.75 
61.06 
55.79 
40 
82.06 
77,46 
75,78 
45 
89.85 
87.2 
Operating limit of the cycle with HRA 
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Table 5.14 Percentage deviation in the optimum generator temperatures of the cycle 
with HRA from those of the ammonia cycle in the dual-fluid system using NaSCN-NH? 
mixture. 
t.\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
u\u 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar CoUecl 
25 
46.51 
39 42 
31.84 
30.47 
27.36 
22.69 
20.67 
30 
52.94 
45.28 
43.14 
35.20 
31.87 
26.92 
35 
57.84 
50.07 
48.73 
39.45 
33.48 
40 
62.06 
56.41 
47.86 
43.05 
tor 
45 
68.02 
59.45 
51.11 
Biogas 
25 
55.5 
47.4 
41.59 
37.37 
30 
62.56 
56.25 
49.66 
44 66 
35 
70.85 
61.43 
56.84 
40 
75.53 
45 
Evacuated Tubular Collector 
25 
52.83 
42.26 
39.09 
34.92 
34.04 
30 
59.48 
53.22 
42.21 
41.82 
Liquifiec 
25 
55.87 
47.4 
44.2 
39.07 
30 
62.8 
58.99 
52.15 
44,58 
35 
67.65 
57.95 
54.38 
40 
73.58 
65.24 
45 
Petroleum Gas 
35 
71.27 
61.38 
56.73 
40 
75.74 
45 
Operating limit of the cycle with HRA 
to 70%, 27 to 82%, 35 to 87% and 37 to 90% for the same sources 
of energy, respectively. The NaSCN-NHg mixture, lil^ e the other 
two fluids in the cycle at the second stage of the dual fluid system, 
shows almost same ranges of decrease In the temperatures. They 
are around 20 to 68%, 34 to 74%, 37 to 75% and 39 to 75%, 
respectively for the given energy sources. In general, the optimum 
generator temperature t^ ^ in the cycle at the second stage of the 
dual fluid system seems to be almost around 17 to 90% lower 
than the generator temperatures in the single stage cycle using 
the heat recovery absorber, when compared under the same 
operating conditions, using the same working fluid and the source of 
energy. 
It is to be noted, that the percentage deviations given 
in tables 5.12 to 5.14 are only for those conditions when the cycle 
with HRA can operate without any problem of crystallization in the 
LiN03-NH3 and the NaSCN-NHj, and the safe temperature limit up 
to 120°C In the HjO-NHg solution. However, the two stage dual-
fluid cycle, which operates relatively at low generator temperatures, 
can work even at low evaporator and high condenser temperatures 
for which the values are not given in tables 5.12 to 5.14. 
Percentage deviation in the optimum generator 
temperatures of the cycle at the second stage in the dual-fluid 
system, while using the LiNOg-NHg or the NaSCN-NHg solutions, from 
those of the cycle using the HjO-NHg solution, has been given in 
tables 5.15 and 5.16. In case of the ordinary type collector, it is found 
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Table 5.15 Percentage deviation in the optimum generator temperatures of the cycle at 
the second stage in the dual-fluid cycle using the LiNOs -NHj mixture from those of the 
same cycle using H2 O-NH3 mixture 
t,\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
u\u 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
FIs 
25 
3.3 
-0.6 
1.7 
-1.45 
2.2 
-0.9 
-2.5 
-2.4 
-2.5 
It Plate Solar < 
30 
2.2 
1.7 
-0.17 
-0 .3 
-1.5 
-1.5 
0.2 
-2.8 
-3.16 
35 
4.0 
2.3 
-0.5 
- 0 6 
0.5 
-2.0 
-2.0 
-3.8 
-2.6 
[Collector 
40 
2.5 
2.1 
0.6 
-2.1 
0.3 
-2,4 
-2.4 
-5.1 
45 
3.3 
1.8 
-0.8 
-1.2 
-1.3 
-1.4 
-4.2 
-6.8 
Biogas 
25 
10.1 
7.1 
1.1 
6.3 
9.9 
8.3 
8.2 
11.3 
16.6 
30 
81 
7.4 
3.9 
4.2 
7.4 
6.4 
7.0 
9.9 
15.4 
35 
6.1 
9.0 
3.1 
5.0 
8.1 
7.8 
9.2 
10.2 
40 
8.7 
7.1 
2.3 
5.7 
7.0 
7.2 
6.8 
7.8 
45 
9.5 
6.7 
5.1 
5.3 
6.5 
6.2 
7.4 
8.15 
Evacuated Tubular Collector 
25 
6.7 
6.2 
2.5 
4.6 
6.2 
6.3 
6.54 
7.6 
19.8 
30 
7.6 
5.7 
2.3 
2.3 
5.7 
5.5 
5.4 
6.6 
18.1 
35 
7.5 
6.0 
1.6 
4.6 
4.8 
4.6 
6.1 
5.7 
16.6 
40 
7.3 
5.6 
2.6 
4.2 
3.9 
5.4 
5.2 
6.2 1 
45 
7.6 
6.3 
2.4 
3.5 
3.7 
3.4 
4.6 
14.0 
Liquified Petroleum Gas 
25 
8.8 
7.9 
2.9 
8.2 
8.5 
10.1 
10.0 
12.9 
18.3 
30 
8.10 
7.4 
3.9 
5.9 
9.0 
8.9 
10.4 
11.4 
18.2 
35 
12.0 
7.9 
4.6 
7.7 
8.1 
9.5 
10.8 
11.7 
40 
11.5 
8.5 
4.4 
7.3 
7.3 
8.7 
8.4 
9 2 
45 
9.5 
7.6 
2.4 
6.7 
7.9 
7.6 
8.8 
Operating limit of the LiNOa-NHs mixture due to crystallization. 
— •" Operating Umit of the H2O-NH3 mixture because temperature becomes 
above 120°C. 
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Table 5.16 Percentage deviation in the optimum generator temperatures of the cycle at 
the second stage in the dual-fluid cycle using the NaSCN-NHs mixture from those of the 
same cycle using H2 O-NH3 mixture. 
t,\t. 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
12.9 
9.1 
12.4 
9.6 
10.6 
10.0 
9.1 
9.3 
11.3 
30 
12.3 
10.4 
8.0 
11.4 
9.0 
9.9 
11.0 
9.3 
11.0 
35 
13.1 
13.2 
9.0 
11.4 
13.5 
9.8 
10.7 
8.9 
1 
40 
13.5 
11.8 
12.3 
10.0 
12.0 
9.7 
10.7 
7.8 
45 
13.2 
14.7 
11.0 
9.9 
10.6 
9.8 
9.2 
Bioeas 
25 
197 
21,8 
23.0 
23.7 
24.6 
26.0 
27.1 
31.4 
41.0 
30 
20.1 
21.5 
22.1 
23.5 
24.2 
24.3 
28.3 
30.3 
40.0 
35 
23.1 
23.7 
23 1 
22.5 
25.5 
26.3 
27.4 
31.5 
40 
23.0 
23.2 
23.0 
23.8 
24.5 
26.0 
27.0 
29.0 
45 
22.9 
23.9 
22.3 
23.7 
24.5 
25.2 
26.3 
1 
Evacuated Tubular Collector 
25 
17.5 
19.8 
20.2 
19.2 
20.1 
21.2 
22.6 
23.8 
32.0 
30 
17.3 
17.6 
22.1 
20.6 
20.0 
20.8 
21.8 
26.0 
33.3 
35 
19.4 
20.0 
19.1 
19.8 
21.4 
24.3 
23.2 
25.3 
40 
186 
19.8 
20.4 
20.0 
20.7 
21.7 
22.5 
23.1 
45 
20.4 
19.2 
18.7 
19.4 
18.9 
19.7 
21.25 
Liquified Petroleum Gas 
25 
20.2 
24.1 
23.0 
26.0 
25.3 
28.4 
29.3 
33.6 
43.6 
30 
22.1 
21.5 
24.4 
25.6 
26.4 
29.5 
30.0 
34.7 
44.7 
35 
24.9 
24.4 
25.2 
26.8 
27.6 
26.3 
31.6 
33.4 
40 
24.8 
25.4 
24.9 
25.8 
25.1 
28.1 
27.0 
45 
22.9 
24.3 
260 
25.5 
26.4 
27.3 
30.1 
33.1 1 
Operating limit of the NaSCN-NHs mixture due to crystallization 
•" " Operating limit of the H2O-NH3 mixture because temperature becomes 
above 120T. 
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that deviation in the optimum values of t^ ^^  of the LiN03-NH3 cycle, 
from those of the H2O-NH3 cycle, are very nominal. Thus indicating 
that both these solutions have almost equal temperatures in the 
cycle at the second stage; the H2O-NH3 solution having little higher 
values at low temperatures in the evaporator. In case of the 
evacuated tubular collector, biogas and LPG-operated dual-fluid 
cycles, the LiNOg-NHg has higher temperatures than those using the 
H2O-NH3 solution, being around 1 to 20%, 1 to 16% and 3 to 18%, 
respectively. Unlike the LiN03-NH3 solution, it is found from 
table 5.16, that the NaSCN-NH3 solution requires relatively higher 
generator temperatures as compared to the H^O-NHg solution when 
used in the cycle at the second stage of the dual-fluid system. 
Increase in the optimum generator temperatures of the NaSCN-NHg 
solution are 8 to 13%, 17 to 33%, 20 to 4 1 % and 20 to 45% for the 
ordinary flat plate, evacuated tubular collector, biogas and LPG, 
respectively. 
Comparison of the generator temperatures, between 
the energy sources for operating the dual-fluid cycle, given in table 
5.17 to 5.19 for the H2O-NH3, LiN03-NH3 and the NaSCN-NH3, 
respectively, show that the optimum generator temperatures for the 
H2O-NH3 cycle in the dual fluid system, when operated by the 
different energy sources are around 1 to 5% more than the flat plate 
operated cycles. While, increase in the values of {^^ from that of the 
flat plate collector, for the LiNOj-NH^ mixture are 3 to 15%. 3 to 20% 
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Table 5.17 Percentage increase in the optimum generator temperatures of the dual-
fluid cycle, operated by the different sources of energy from those of the cycle operated 
by the ordinary flat plate solar collector, using the H2 O-NH3 mixture 
t,\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
tr\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 . 
t-
I 
Biogas 
25 
3,0 
0.0 
4.1 
2.8 
2.9 
2.9 
2.8 
0.0 
0.0 
30 
2.9 
2.3 
2.3 
3.7 
2.7 
2.7 
2.8 
2.7 
2.7 
35 
1.8 
2.1 
2.3 
3.6 
4.9 
2.6 
2.6 
2.4 
40 
1.4 
1.9 
3.2 
2.3 
3.6 
3.7 
3.8 
1.2 
45 
2.1 
2.8 
2.1 
3.2 
3.4 
36 
2.2 
Evacuated Tubular Collector 
25 
3.0 
0,0 
2.6 
2.8 
2,9 
1,4 
2.8 
0 6 
0,0 
30 
2,0 
2,3 
2,3 
2,5 
2,7 
2,7 
2,8 
2.7 
2,7 
35 
1.8 
2.1 
2.3 
2.5 
4.9 
2.6 
2,6 
2,4 
40 
1,4 
1.9 
2.1 
2.3 
36 
2.4 
2.5 
1.2 
45 
15 
1.9 
2,1 
2,1 
3,4 
3,6 
2.2 
Liquified Petroleum Gas 
25 
4,3 
0.0 
4,1 
2,8 
4,2 
2.9 
2.8 
0.0 
0.0 
30 
2,9 
2,3 
2,3 
3,7 
2,7 
2,7 
2,8 
2,7 
2.7 
35 
1.8 
3.1 
2.3 
3.6 
4.9 
2.6 
2,6 
2,4 
40 
1,4 
1,9 
3,2 
2,3 
4,8 
3,7 
3,8 
1,2 
45 
2.1 
19 
2.1 
3.2 
3.4 
3,6 
2.2 
Operating limit of the H2O-NH3 mixture because temperature becomes 
above 120°C 
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Table 5.18 Percentage increase in the optimum generator temperatures of the cycle at 
the second stage in the dual-fluid cycle, operated by the different sources of energy 
from those of the cycle operated by the ordinary flat plate solar collector, using the 
LiNOs -NH3 mixture. 
t«\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t,\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Biogas 
25 
9.8 
7.7 
3.5 
10.8 
10.7 
12.5 
141 
17.1 
196 
30 
8.8 
8.0 
6.5 
8.3 
11.8 
11.6 
9.7 
16.2 
18.7 
35 
3.8 
8.8 
6.0 
9.4 
12.8 
12.8 
14.3 
17.0 
40 
7.5 
7.0 
5.6 
10.3 
10.5 
13.8 
13.5 
164 
45 
8.3 
7.8 
8.1 
9.9 
11.5 
11.5 
14.6 
18.9 
Evacuated Tubular Collector 
25 
6.4 
6.9 
3.5 
9.0 
7.0 
8.8 
12.3 
11 8 
14.5 
30 
7.3 
6,3 
4.8 
6.7 
10.1 
9.9 
8.0 
12.8 
15.5 
35 
5.2 
5.8 
4.4 
7.7 
9.4 
9.4 
11.0 
12.2 
149 
40 
6.1 
5.4 
4.2 
8.8 
7.3 
10.5 
10.4 
13.3 
45 
5.7 
6.4 
5.4 
7.0 
8.5 
8.6 
11.5 
14.3 
Liquified Petroleum Gas 
25 
9.8 
8.6 
5.3 
12.8 
10.7 
14.3 
16.1 
18.9 
21.3 
30 
88 
8.0 
6.5 
10.1 
13.6 
13.5 
13.2 
17.9 
35 
9 8 
8.8 
7.5 
11.1 
12.8 
14.5 
16.0 
18.7 
40 
10.3 
8.3 
7.2 
12.0 
12.1 
15.4 
15.2 
18.0 
45 
8,3 
7,8 
5,4 
11,5 
13,0 
13 1 
16 1 
Operating limit of the LiNOs-NHs mixture due to crystallization 
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Table 5.19 Percentage increase in the optimum generator temperatures of the dual-fluid 
cycle, operated by the different sources of energy from those of the cycle operated by 
the ordinary flat plate solar collector, using the NaSCN-NHs mixture 
ts\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
F 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
at Plate Solar 
30 
0.0 
0.0 
0.0 
0 0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Collector 
40 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Biogas 
25 
9.2 
11.6 
139 
16 
15.9 
17.8 
19.8 
30 
10.0 
12.5 
15.7 
14.9 
169 
16.9 
18.9 
35 
10.8 
11.5 
15.5 
14.2 
16.0 
18.0 
18.0 
40 
9.6 
12,6 
13.1 
152 
15.2 
19.10 
45 
10.9 
13.3 
12.4 
16.1 
16.3 
18.2 
Evacuated Tubular Collector 
25 
7.2 
95 
9.7 
11.8 
11.7 
11.7 
15.6 
30 
6 5 
8.9 
15.7 
10.9 
13.0 
12.9 
12.8 
35 
7.4 
81 
11.8 
10.2 
12.2 
16.1 
14.2 
40 
5.7 
9.2 
9.5 
11.6 
11.7 
136 
13.5 
45 
8 0 
8.6 
9.1 
109 
11.1 
129 
Liquified Petroleum Gas 
25 
11 
13.7 
13.9 
182 
18.0 
20.1 
21.9 
30 
11.8 
12.5 
179 
16.9 
19.0 
21.0 
20.8 
35 
12.3 
13.4 
17.5 
17.9 
17.9 
18.0 
22.0 
40 
11.2 
14.2 
14.8 
17.0 
17.1 
21.0 
45 
10.9 
13.3 
158 
17.8 
18 1 
Operating limit of the NaSCN-NHs mixture due to crystallization. 
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and 5 to 21%, and for the NaSCN-NHj, they are 5 to 16%. 9 to 20% 
and 11 to 22%, when operated by the evacuated solar collector, 
bjogas and LPG, respectively. 
5.3.3. Two-Stage Absorption and Evaporation Cycle. 
The optimum generator temperatures obtained 
iteratively in the usual manner, corresponding to the minimum energy 
required in the generator of the two stage absorption-evaporation 
cycle, have been plotted for the various fluids using the different 
energy sources and shown in Figs. 5.19 and 5.20. For the purpose 
of comparison, the optimum generator temperatures for the single 
stage cycle without HRA, presented in the Figs. 5.15 and 5.16, have 
also been plotted in the Figs. 5.19 and 5.20 for same operating 
conditions. The optimum generator temperatures are seen to vary 
linearly with the condenser temperature for both the cycles. However, 
in case of the two stage absorption-evaporation cycle (TSAEC), the 
rate of increase in the generator temperatures is quite low as 
compared to those of the single stage cycle without HRA (SSAC). 
Also, the optimum generator temperatures in the TSAEC are quite 
low as compared to the temperatures in the SSAC. The optimum 
generator temperatures in the two stage absorption-evaporation 
cycle (TSAEC), similar to those in the single stage cycle without 
HRA and the dual-fluid cycle, can be related mathematically as: 
t^  = m t^  - n t^, + c (5.8) 
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Single stage Absorpt ion Cycle ( S 5 A C ) 
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Fig.5.19 Optimum generator temperatures with condenser temperature 
for the solar energy-operated absorption cycle at different 
evaporator temperatures 
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Fig.5.20 Optimum generator temperatures with the condenser 
temperature for the biogas and LPG-operated a bsorptfon 
cycles at different evaporator temperatures. 
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The constants m,n and c in equation (5.8), obtained 
by using the intercepts and slopes of the temperature-plots for the 
two stage absorption- evaporation cycle given in Figs. 5.19 and 
5.20, are listed in table 5.20. Here, the absorbers and the 
evaporators, operating at tv^o pressure levels in double stages, are 
assigned temperatures t^ ^ = t^ ^ + 5°C and X^^ ~ K' K^ being the cold 
temperature produced by the evaporator E .^ Again, percentage 
decrease in the optimum generator temperatures of the two 
stage absorption-evaporation cycle, from the single stage cycle with 
HRA, as it was done for the dual fluid cycle, have been estimated 
and presented in tables 5.21 to 5.23 for the same operating 
conditions. It is very interesting to see from tables 5.21 to 5.23 that 
decrease in the optimum generator temperatures of the two stage 
absorption evaporation cycle which are nearly 23 to 85%, and 
are almost same as those found in case of the dual-fluid cycle, 
given in the tables 5.12 to 5.14. For this purpose, deviation in the 
optimum generator temperatures of the dual fluid cycle from those 
of the TSAEC, have also been calculated from the following equation: 
Percentage deviation=[(tg, , , , - t ^ ,5^,^) / 1 ^ ,3^,J x 100 (5.9) 
These deviations are given in tables 5.24 to 5.26 for 
the H,0-NH3, LiN03-NH3 and NaSCN-NHj mixtures, operating by the 
given sources of energy. One can notice negative deviations at high 
evaporator temperatures. Thus, it is found that the optimum 
generator temperatures in the dual-fluid cycle are higher than those 
in the two stage absorption-evaporation cycle, especially at the low 
evaporator temperatures. 
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Table 5.20 Values of the constants m, n and c in the equation (5 8), applicable for the 
two-stage absoqjtion-evaporation cycle. 
Working fluid 
Source of energy 
Flat plate 
collector 
Tubular 
collector 
Biogas 
L.P.G. 
H2O-NH3 
Constants 
M 
1.17 
1.25 
1.25 
1.2 
n 
1.41 
1.3 
1.47 
1.415 
c 
9.75* 
12* 
9.25" 
12.1* 
LiNOa-NHj 
Constants 
m 
1.12 
1.23 
1.34 
1.26 
n 
1.225 
1.42 
1.43 
1.5 
c 
1475 
12.75 
12.0 
13 0 
NaSCN-NH3 
Constants 
m 
1.30 
1.50 
1.50 
1.66 
n 
1.5 
1.63 
1.66 
1.7 
c 
12.05 
1245 
15.0 
10.0 
The values o f c' marked with *, +, x and t will be 15.25, 15.5, 16.25 and 
16.95 respectively, for the evaporator temperature, tei=0 °C. 
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Table 5.21 Percentage deviation in the optimum generator temperatures of the cycle 
with HRA from those of the two stage absorption-evaporation cycle (TSAEC), using the 
H2O-NH3 mixture 
te\ tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te\ tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
33.7 
44.18 
41.63 
35.27 
33.82 
32.79 
30.32 
25 
34.00 
44.63 
44.15 
41.12 
41.59 
38.65 
35.86 
30 
42.54 
53.38 
46.50 
43.44 
41.18 
36.22 
30 
41.81 
54.49 
49.17 
49.47 
47.31 
45.65 
35 
51,53 
61.22 
54.13 
50.49 
44.31 
40 
59.04 
64.64 
59.11 
53.29 
Biogas 
35 
54.24 
64.73 
62.90 
58.92 
40 
62.4 
74.06 
68.01 
45 
61.51 
69.53 
45 
69.98 
Evacuated Tubular Collec 
25 
34.00 
46.17 
42.11 
41.21 
39.52 
38.06 
37.85 
I 
25 
34.00 
46.73 
4230 
41.32 
39 73 
38.65 
3586 
30 
43.19 
52.43 
50.91 
47.54 
45.43 
45.65 
.iquifiec 
30 
43.54 
54.49 
51.31 
49.47 
49.32 
45.65 
35 
55.61 
64.37 
60.76 
56.86 
40 
61.87 
71.87 
65.92 
tor 
45 
68.53 
Petroleum Gas 
35 
56.18 
64.73 
61.17 
59.02 
40 
62.4 
72.44 
70.11 
45 
69.98 
Operating limit of the cycle with HRA. 
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Table 5.22 Percentage deviation in the optimum generator temperatures of the cycle 
with HRA from those of the two stage absorption-evaporation cycle (TSAEC), using the 
LiNOj -NH:» mixture. 
u\u 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
tc\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
^ 0 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
51 1 
43.4 
40.0 
38.1 
34.5 
29,6 
27.2 
23.6 
30 
57.6 
49.3 
45.3 
42.9 
36.6 
33.5 
33.0 
35 
63.0 
56.2 
51.9 
46.6 
40.4 
39.0 
34.2 
40 
67.0 
59.9 
55.3 
49.8 
44.8 
39.9 
38.8 
45 
70.2 
63.0 
58.1 
52.6 
46.1 
44.6 
Biogas 
25 
52.8 
51.3 
54.9 
49.2 
44.8 
43.4 
42.5 
30 
6 2 9 
60.2 
62 1 
53.5 
50.9 
49.0 
35 
73.2 
69.2 
68.3 
61.5 
53.9 
40 
79.5 
75.0 
71.0 
45 
85.2 
80.1 
Evacuated Tubular Collector 
25 
52.4 
51.2 
52.2 
44.5 
42.9 
41.8 
38.8 
35.9 
30 
62.2 
59.6 
57.4 
51.2 
49.1 
45.2 
44.1 
35 
70.0 
64.2 
61.2 
574 
52.4 
50.2 
40 
76.5 
67.8 
66 7 
60.3 
45 
79.8 
75.1 
71.4 
Liquified Petroleum Gas 
25 
53.1 
54,0 
57.2 
51.4 
49.4 
47.9 
44.3 
30 
62.9 
62.1 
62.1 
55.6 
53.5 
51.0 
35 
73.2 
69.1 
68.1 
49.8 
58.1 
40 
80.0 
75.0 
71.1 
45 
83.1 
84.8 
Operating limit of the cycle with HRA 
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Table 5.23 Percentage deviation in the optimum generator temperatures of the cycle 
with HRA from those of the two stage absorption-evaporation cycle (TSAEC), using the 
NaSCN-NH, mixture. 
te\ tc 
0 
- 5 
-10 
-15 
-20 
-25 
- 3 0 
-40 
-50 
-60 
-70 
-80 
te\ tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
48.85 
44.37 
36.81 
35.27 
32.24 
29.58 
25.16 
30 
55.37 
47.56 
44.47 
40.05 
36.52 
31.54 
35 
57.84 
52.41 
48.73 
43.94 
38.08 
40 
64.36 
58.65 
50.12 
45.22 
45 
68.02 
59.42 
53.26 
Biogas 
25 
53.0 
50.2 
46.9 
45.1 
30 
60.0 
56.2 
52.3 
49.8 
35 
68.44 
61.43 
59.35 
40 
73 04 
45 
Evacuated Tubular Collector 
25 
5283 
47.65 
44.30 
42.65 
41.71 
30 
59.48 
53.47 
49.78 
46.76 
35 
65.21 
57.95 
56.74 
• 
40 
69.78 
65.24 
45 
Liquified Petroleum Gas 
25 
53.08 
50.17 
4697 
47.61 
30 
60.27 
56.37 
54.99 
49.70 
35 
68 62 
61.38 
59.39 
40 
75.74 
45 
Operating limit of the cycle with HRA 
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Table 5.24 Percentage deviation in the optimum generator temperatures of the ammonia 
cycle in the dual-fluid system from those of the TSAEC, using the H2 O-NH3 mixture 
U\ic 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-SO 
-60 
-70 
-80 
U\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
-11 5 
3.7 
2.8 
2.0 
2.7 
4.2 
5.0 
2.9 
1.34 
30 
-9.8 
2.1 
2.4 
2.6 
3.85 
2.72 
2.61 
2.6 
0.0 
35 
-9.7 
1.23 
2.2 
2.4 
0.0 
2.54 
2.55 
2.3 
0.0 
40 
-8.4 
0.96 
0.99 
2.19 
1.17 
2.38 
2.4 
45 
-8.57 
0.0 
0.91 
2.16 
1.09 
1.21 
2.43 
2.5 12.4 
0.0 
Biogas 
25 
-11 
1.3 
4.1 
4.11 
4.28 
4.35 
4.21 
4.2 
1.34 
30 
-10.2 
1.1 
1.2 
3.7 
4.0 
4.0 
4.15 
4.1 
35 
-9.9 
0.0 
2.3 
3.6 
2.5 
2.6 
2.6 
3.9 
0.0 ! 0.0 ^ 
40 
-9.6 
0.93 
2.2 
2.3 
2.4 
3.7 
3.9 
3.8 
0.0 
45 
-9.1 
0.85 
1.02 
2.1 
2.25 
2.7 
2.2 
2.5 
Evacuated Tubular Collector 
25 
-12.1 
1.5 
26 
4.1 
4.3 
4.7 
5.6 
4,2 
1 1.34 
30 
-10.3 
1 68 
2.33 
2.5 
4.0 
4.04 
4.2 
41 
0.0 
35 
-9,1 
4.8 
2.3 
2.47 
3.7 
3.9 
3.9 
3,9 
'0.0 
40 
-8.9 
5.6 
1.1 
2.3 
24 
2.44 
2.5 
45 
-8.4 
6 3 
1.02 
1.05 
2.2 
2.4 
2.4 
3.8 12.5 
0.0 
Liquifled Petroleum Gas 
25 
-10.1 
13 
4 1 
4 11 
428 
4.35 
4.21 
4.2 
1 34 
30 
-10 
1.1 
1 15 
3.7 
4.0 
4.0 
4.2 
4.1 
35 
-9.9 
1.02 
1.2 
2.3 
2.5 
2 6 
2 6 
3.9 
0.0 foo 
40 
-9.6 
0.0 
2.2 
2.3 
36 
3.7 
3.8 
38 
0.0 
45 
- 9 1 
-0.7 
1 02 
2 1 
2.24 
2.4 
2 4 
T5"" ' 
Operating limit of the TSAEC 
— — - Operating limit of the dual-fluid cycle. 
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Table 5.25 Percentage deviation in the optimum generator temperatures of the ammonia 
cycle in the dual-fluid system from those of the TSAEC, using the LiNOs -NH3 mixture 
te \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
^ 0 
-50 
-60 
-70 
-80 
t*\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
1.5 
1.7 
3.4 
3.4 
7.0 
5.2 
3.4 
5.0 
4.8 
4.6 
30 
1.3 
1.5 
1.5 
3.2 
3.1 
3.3 
6.6 
4.8 
3.0 
2.9 
35 
1.8 
1.4 
1.6 
1.5 
1.5 
3.1 
3.1 
3.1 
2.8 
2.8 
40 
00 
1.3 
1.4 
14 
3.0 
2.3 
2.9 
2.7 
2.8 
1.3 
45 
0.0 
0.0 
1.3 
1.33 
1.33 
2.9 
1.4 
0.0 
Biogas 
25 
0.0 
8.86 
0.0 
3.4 
5.1 
5.2 
5.1 
1 8.1 
9.3 
30 
-1.4 
0.0 
0.0 
0.0 
3.2 
3.2 
3.1 
5,5 
7.3 J 
35 
-5.3 
0.0 
-1.4 
0.0 
1.5 
3.1 
4.6 
4.3 
40 
-2.5 
-1.56 
-3.0 
0,0 
0.0 
1.5 
1.8 
2.7 
45 
-1.16 
-1.3 
-1.3 
-1.4 
0.0 
0.0 
14 
2.7 
Evacuated Tubular Collector 
25 
0.0 
1.8 
1.6 
3.4 
5.2 
5.2 
6.8 
6.5 
7.7 
8.8 
30 
0.0 
16 
1,6 
1.7 
4.9 
14.8 
4.8 
6.15 
7.4 
35 
-1.4 
-1.4 
-1.4 
2.0 
3.1 
3.0 
4.6 
4.4 
5.6 
40 
-1.3 
-1.4 
-1.3 
1.4 
1.4 
2.8 
2.8 
4.2 
45 
-1.2 
0.0 
- 1 2 
0.0 
1.4 
1.44 
3.5 
2.7 
Liquified Petroleum Gas 
25 
-2.0 
0.0 
0.0 
3.5 
5.1 
6,9 
5.1 
8.1 
9 .1"] 
30 
-2.9 
-1.5 
-1.5 
0.0 
3.6 
3.2 
4.7 
6.1 
35 
-1.4 
-1.5 
-1.5 
0.0 
1.5 
3.1 
4.5 
4.3 
40 
-1.3 
- 1 4 
-2.7 
0.0 
0.0 
1.4 
1.4 
45 
-3.5 
-1.3 
-5.0 
-1.3 
0.0 
0.0 
1.3 
2.8 12.7 
Operating limit of the TSAEC 
— — - Operating limit of the dual-fluid cycle 
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Table 5.26 Percentage deviation in the optimum generator temperatures of the ammonia 
cycle in the dual-fluid system from those of the TSAEC, using the NaSCN-NH? mixture 
te \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
1.6 
1.4 
3.8 
3.7 
3.4 
5,6 
3.7 
3.6 
30 
1.6 
1.6 
0.9 
3.6 
3.8 
3.8 
5.4 
3.5 
35 
0.0 
1.6 
0.0 
3.3 
3.5 
3.4 
3.3 
3.3 
40 
0.0 
1.4 
1.5 
2.7 
3.2 
3.2 
3.2 
1.7 
45 
0.0 
0.0 
1.4 
1.4 
2.7 
1.7 
3.1 
Biogas 
25 
2,05 
1.9 
38 
5.8 
6.2 
7.6 
9.44 
30 
-1.5 
0.0 
1.8 
3.6 
5.25 
5.34 
7.11 
35 
-1.4 
0.0 
16 
1.65 
5 14 
4.74 
5.10 
40 
-1.4 
0.0 
1 58 
1.62 
316 
4,84 
4.91 
45 
-1.5 
0.0 
0.0 
1.59 
3.12 
3.09 
Evacuated Tubular Collector 
25 
0,0 
3.6 
3.7 
5.7 
5.7 
5.7 
9.5 
30 
0.0 
0.16 
2.5 
3.5 
5.4 
5.3 
7.1 
35 
-1,5 
0,0 
1,5 
1,6 
5,1 
6,9 
6,8 
40 
-2,2 
0,0 
1,5 
3,2 
33 
4,9 
4,8 
45 
-1.3 
-1.4 
0.0 
1.6 
1.5 
3.07 
Liquified Petroleum Gas 
25 
-1.78 
1.9 
1.9 
5.7 
5.7 
7.5 
9.6 
30 
-1.21 
-1,5 
1,9 
3,5 
5.3 
7.6 
7,1 
35 
-1,54 
0,0 
1,7 
2,9 
3,3 
3,3 
6,8 
40 
0,0 
0,0 
0,0 
1.6 
1.6 
49 
3.2 
45 
1.29 
-1.8 
0,0 
1,5 
1,5 
3,1 
Operating limit of the TSAEC 
— — - Operating limit of the dual-fluid cycle 
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The interesting point in considering the dual-fluid and 
the two stage absorption-evaporation cycles are that, unlike the 
single stage cycle with and without HRA, the possibility of operating 
them, increases even at very low evaporator temperatures with 
relatively lower generator temperatures. In the single stage cycle, 
crystallization of the solid absorbents in the LiNOg-NHj and the 
NaSCN-NHj solutions, especially at low evaporator temperatures 
and high condenser temperatures, becomes a severe problem. This 
can be easily eliminated by using either the two stage dual-fluid cycle 
or the two stage absorpt ion-evaporat ion cycle. Thus, for the 
conditions, when the cycle with and without HRA become 
non-workable, it is desirable to use either the dual fluid cycle or 
the two stage absorption-evaporation cycle. 
The problem of crystallization may again start in case 
of the LiNOj-NHg and NaSCN-NHg mixtures, when the evaporator 
temperature goes below -40' 'C. The boxes beyond the dashed and 
the continuous thick lines in tables 5.25 and 5.26, indicate the 
condit ions when crystal l ization of the solid absorbents in the 
generator may tak<i place. However, operations at such conditions 
may be possible by lowering the generator temperatures which would 
certainly lead to less economical conditions. The dashed line indicate 
the limit of operating the dual-fluid cycle while the firm lines show 
the limit for the two stage absorption-evaporation cycle. 
Comparison of the optimum generator temperatures 
by changing the working fluids and the sources of energy in the two 
137 
stage absorption-evaporation cycle (TSAEC) has been done by 
calculating the percentage deviations. The deviations based upon 
the HjO-NHg solution are given in tables 5.27 and 5.28, while those 
based upon the ordinary flat plate collector are given in tables 5.29 
to 5.31, respectively. Like those found in the dual fluid cycle, there 
is very little deviation in the optimum generator temperatures of the 
flat plate operated two stage absorption-evaporation cycle using 
the LiNOg-NHg solution from those of the HjO-NHg solution, with 
slightly higher values in case of the H^O-NHg, shown by the negative 
sign in table 5.27. With the evacuated type of collector, biogas and 
LPG as the sources of energy, in the two stage absorpt ion-
evaporation cycle the optimum values of t^ for the LiNOg-NHg 
are -5 to 9%, -2 to11% and -0.4 to 12% higher than those of the 
HjO-NHg solution respectively, while for the NaSCN-NHg solution, 
they are around 4 to 25%, 8 to 3 1 % and 10 to 33% when operated 
by the same sources of energy, respectively. The negative signs for 
some of the deviations in the tables 5.27 and 5.28, show that the 
optimum values of t In the TSAEC using the HjO-NHg solution are 
higher than that using the LiNOj-NHj and the NaSCN-NHj solutions 
Deviation in the values of t , while comparing the 
sources of energy with the ordinary flat plate collector, given in 
tables 5.29 to 5.31, show that for the HjO-NHg solution in the TSAEC, 
increase in t^  are only 1 to 3%. Whereas, for the LiNOg-NHj and 
NaSCN-NHj solutions, increase in the values of t are quite large. 
They are 5 to 12%, 7 to 17% and 9 to 23% for the LiNOj-NHj, and 8 
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Table 5.27 Percentage deviation in the optimum generator temperatures of the TSAEC 
using the LiNOs-NHs mixture from those ofthe cycle using theH2 0-NH3 mixture 
t*\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te\ tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
-9.9 
1.3 
0.76 
-2.16 
-1.9 
-1.9 
-1.7 
-4.4 
-5.7 
30 
-8.9 
2.3 
0.7 
-0.9 
-0.8 
-0.2 
-3.5 
-A.9 
-6.0 
35 
-7.4 
1.8 
0.16 
0.28 
-1.0 
-2.4 
-2.5 
-3.9 
-5.2 
40 
-6.1 
-1.7 
0.14 
-1.3 
-1.4 
-1.4 
-2.8 
-5.5 
-5.7 
45 
-6.0 
1.7 
-1.2 
-0.36 
-1.5 
-3.1 
-3.0 
-4.6 
Biogas 
25 
-2 .0 
9.2 
5.2 
7.1 
9.0 
7.5 
7.3 
7.3 
8.2 
30 
-1.3 
8.6 
5.1 
8.0 
8.2 
8.0 
8.1 
8.5 
7.2 
35 
0.9 
5.6 
7.0 
8.8 
9.1 
7.3 
7.2 
9.8 
10.6 
40 
0.8 
9.5 
8.2 
8.0 
9.6 
9.5 
9.4 
8.3 
10.9 
45 
0.7 
9,0 
7.6 
9.0 
8.9 
8.9 
8.5 
7.9 
Evacuated Tubular Collector 
25 
-5.0 
0.8 
3.5 
5.2 
5.3 
5.3 
5.4 
3.9 
5.0 
30 
-3.1 
5.2 
3.0 
4.6 
4.8 
4.8 
4.7 
4.6 
4.7 
35 
-0.9 
8.6 
5.5 
5.5 
5.5 
6.1 
5.4 
5.2 
6.2 
40 
-0.8 
8 1 
5.2 
5.3 
5,0 
5.0 
4.9 
4.5 
7.0 
45 
-0,7 
6,3 
4,8 
4,6 
4,5 
4,3 
4,1 
3.8 
Liquified Petroleum Gas 
25 
-0.4 
9.3 
5.7 
8.9 
7.6 
7.5 
9.1 
8.9 
9.9 
30 
0.10 
10.3 
6.7 
9.8 
9.5 
9.8 
9.8 
9.4 
8.7 
35 
2.3 
10.7 
7.6 
9.1 
9.1 
8 9 
8.8 
11.3 
12.1 
40 
2.1 
10.1 
9.6 
9.7 
11.2 
11,1 
11,0 
9,8 
11,9 
45 
3.2 
8.1 
9.0 
10.4 
10,4 
10,2 
10,0 
9,4 
Operating limit of the LiNOs-NHs mixture due to crystallization. 
— — - Operating limit of the H2O-NH3 mixture because temperatures becomes 
above 120°C. 
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Table 5.28 Percentage deviation in the optimum generator temperatures of the TSAEC 
using the NaSCN-NHs mixture from those of the cycle using the H2 O-NH3 mixture 
t . \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
tc\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
-1.6 
93 
11.0 
8.5 
9.4 
8.5 
9.6 
8.5 
8.8 
30 
-0.2 
11.0 
9.5 
10.4 
9.4 
8.9 
8.0 
8.4 
7.3 
35 
2.2 
12.5 
11.4 
10.4 
9.7 
8.9 
9.9 
8.4 
8.8 
40 
2.5 
11.3 
11.7 
10.7 
9.8 
8.9 
9.8 
8.7 
45 
3.5 
118 
10.5 
10.6 
8.5 
9.3 
8.5 
8.6 
8.8 1 
Biogas 
25 
8.3 
21.0 
23.4 
21.4 
22.9 
22.3 
21.1 
23.3 
27.2 
30 
9.8 
22.9 
21.4 
23.6 
22.7 
23.6 
24.7 
24.8 
26.8 
35 
12.5 
23.7 
24.0 
24.9 
22.3 
23.4 
24.3 
26.0 
29.9 
40 
12.8 
24.7 
23.7 
24.6 
23.6 
24.7 
25.7 
25.1 
31.1 
45 
13.1 
24.3 
23.5 
24.3 
23.4 
24.4 
25.3 
25.5 
I — ^ — I " 
1 
Evacuated Tubular Collector 
25 
4.6 
17.9 
18.9 
17.4 
18.4 
19.5 
18.4 
19.0 
23.0 
30 
5.6 
18.7 
18.6 
19.5 
18.4 
19.3 
18.4 
20.6 
23.0 
35 
10.2 
21.2 
20.0 
20.9 
18.7 
21.5 
19.8 
21.9 
23.8 
40 
10.7 
20.9 
20.0 
18.9 
19.7 
18.9 
19.9 
21.9 
45 
11.2 
20.9 
20.7 
188 
19.8 
18.8 
19.7 
20.0 
,25.0 1 
Liquifled Petroleum Gas 
25 
10.0 
23.4 
24.0 
24.1 
23.6 
24.7 
23.2 
25.5 
29.4 
30 
11.6 
24.9 
23.5 
25.9 
24.9 
25.7 
26.9 
26.9 
28.9 
35 
14.3 
25.7 
24.6 
25.4 
26.5 
25.4 
26.4 
28 1 
32.0 
40 
12.8 
25.4 
27.7 
26.6 
27.5 
26.6 
27.7 
29.2 
45 
13,2 
25.1 
27.2 
26.3 
27.3 
26.3 
27.3 
27.5 
33.1 j ~ 
Operating limit of the NaSCN-NHa mixture due to crystallization 
— — - Operating limit of the H2O-NH3 mixture because temperature becomes 
above 120°C. 
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Table 5.29 Percentage increase in the optimum generator temperatures of the TSAEC 
operated by the different sources of energy, from those of the cycle operated by the 
ordinary flat plate solar collector using the H2 O-NH3 mixture. 
U \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
U \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
0 0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
00 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0 0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0 0 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Biogas 
25 
2.5 
2.37 
2.5 
1.33 
1.34 
2.7 
2,8 
1.4 
0.0 1 
30 
3.2 
3.3 
3.57 
2.6 
2.5 
1.36 
1.25 
1.26 
0.0 
35 
2.0 
2.9 
2.2 
2.4 
2.4 
2.54 
2.56 
1.28 
0.0 
40 
2 8 
1.9 
1.99 
2.2 
2.4 
2.4 
2.41 
1.2 
0.0 
45 
2.7 
1.89 
1.96 
3.25 
2.2 
2.32 
2.43 
2.4 
Evacuated Tubular Collector 
25 
2.5 
1.3 
2.5 
1.33 
1.34 
1.35 
1.36 
1.4 
0.0 
30 
2.2 
3.3 
2.4 
2.6 
248 
1.36 
1.25 
1.26 
0.0 
35 
1.1 
1.93 
2.18 
2,4 
1.14 
1.27 
1.28 
1.28 
0,0 
40 
1.80 
1.91 
1.99 
2 19 
2.36 
2,4 
2,41 
1.2 
0,0 
45 
1,80 
1.9 
1,96 
3.25 
2,18 
2,32 
2.43 
2.4 
Liquified Petroleum Gas 
25 
2.5 
2.5 
38 
2.66 
2.69 
2,7 
2.8 
1.4 
0.0 
30 
3.2 
3,3 
3.6 
2,6 
2,5 
1.36 
1.25 
1.26 
0 0 
35 
2 
2,9 
3,3 
3.7 
2,4 
2,54 
2.56 
1.28 
0.0 
40 
2,8 
2.86 
20 
7 ? 
2.4 
2,38 
2,41 
12 
0.0 
45 
2.7 
1.89 
1 96 
3.25 
2.2 
2,32 
243 
2,4 
Operating limit of the H2O-NH3 mixture because temperature becomes 
above 120T. 
141 
Table 5.30 Percentage increase in the optimum generator temperatures of the TSAEC 
operated by the different sources of energy, from those of the cycle operated by the 
ordinary flat plate solar collector using the LiNOs -NH3 mixture. 
t e \ t c 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
0.0 
00 
0.0 
00 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Biogas 
25 
11.5 
9.4 
7.0 
10.9 
12.7 
126 
12.3 
138 
30 
11.8 
9.6 
8.1 
11.9 
U.8 
11.8 
13.4 
15.4 
35 
11 1 
10.3 
9.2 
11.1 
12.9 
128 
12.7 
15.6 
40 
10.3 
9.7 
10.2 
11.9 
138 
138 
15.3 
16.7 
45 
9.6 
9.2 
110 
12.9 
13.0 
14.8 
14.6 
15.8 
Evacuated Tubular Collector 
25 
8.0 
6.8 
5.3 
9.0 
8.8 
8.8 
8.7 
10.2 
11.4 
12.5 
30 
8.7 
6.2 
4.7 
4.7 
8.3 
8.4 
9.9 
11.3 
108 
35 
8.2 
8.8 
7.6 
7.6 
7.8 
9.5 
9.4 
10.8 
40 
7.5 
8.3 
7.1 
7.1 
9.0 
9.0 
10.5 
11.9 
45 
7.0 
6.4 
8.1 
8.1 
8.4 
10.2 
9 9 
11.3 
Liquified Petroleum Gas 
25 
13.2 
10.4 
8.9 
12.8 
12.7 
12.6 
23.0 
15.5 
30 
13.5 
11.3 
9.8 
13.7 
13.1 
13.5 
15.2 
16.5 
35 
12.6 
12.1 
10.9 
12.7 
12.9 
14.5 
144 
17.3 
40 
11.7 
11.3 
11.7 
13.6 
15.4 
154 
16.9 
18.1 
45 
12.3 
9.2 
12.5 
14.4 
14.5 
16.1 
16.1 
17.3 
Operating limit of the LiNOs-NHs mixture due to crystallization 
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Table 5.31 Percentage increase in the optimum generator temperatures of the TSAEC 
operated by the different sources of energy, from those of the cycle operated by the 
ordinary flat plate solar collector using the NaSCN-NHs mixture. 
t.\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
^ 0 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0 0 
Biogas 
25 
12.8 
13.4 
13.9 
13.8 
13.8 
15.5 
13.5 
30 
13.5 
14.3 
14.8 
14.9 
14.98 
15.03 
16.8 
35 
12.3 
13.3 
13.7 
15.8 
14.15 
16.2 
16.0 
40 
13.16 
14.2 
13.0 
15.03 
13.25 
17.2 
17.16 
45 
12.3 
13.3 
13.99 
16.5 
16.2 
16.4 
Evacuated Tubular Collector 
25 
8.9 
9.3 
9.8 
9.7 
9.7 
11.6 
9.5 
30 
8.2 
10.5 
109 
11.05 
10.96 
11.5 
10.95 
35 
8.99 
9.83 
10.08 
12.10 
10.5 
12.5 
10.4 
40 
995 
10.7 
9.6 
9.79 
11.6 
11.75 
11.78 
45 
9.45 
10.17 
10.68 
10.90 
12.80 
11.27 
Liquified Petroleum Gas 
25 
14.8 
15.5 
159 
16.0 
160 
17.8 
18.5 
30 
15.34 
16.2 
17.3 
16.99 
17.00 
16.97 
18.8 
35 
14.1 
15.13 
155 
17.7 
18.06 
1806 
17.9 
40 
13.2 
15.8 
16.58 
169 
189 
19.0 
191 
45 
12.40 
15.00 
17.40 
18.40 
19.84 
18.28 
Operating limit of the NaSCN-NHs mixture due to crystallization 
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to 13%. 12 to 17% and 12 to 19% for the NaSCN-NHg solutions 
when powered by the evacuated type collector, biogas and 
LPG, respectively. 
5.4. Optimum Coefficient of Performance. 
The Optimum Coefficient of Performance have been 
obtained for the various absorption cycles, using different working 
fluids and sources of energy. They have been studied by carrying 
the comparative analysis in the same manner done for the optimum 
generator temperatures. Percentage deviation in the values of COP 
from one another have also been obtained by using relations similar 
to equations (5.2), (5.5), (5.7) and (5.9) by just replacing 't^' and 't^^' 
with 'COP'. 
5.4.1 Single Stage Cycle With and Without HRA 
The optimum coefficient of performance, selected for 
the minimum energy requirement in the absorption systems with and 
without the heat recovery absorber, at which the optimum generator 
temperatures were also obtained, are exhibited in Figs. 5.21 and 
5.22 for different working fluids and energy sources. It is found that, 
the optimum values of COP decrease gradually with increase in 
the condenser/absorber temperature. They also decrease on 
lowering the evaporator temperature. 
One can notice in Figs. 5.21 and 5.22, 
improvement in the values of COP on employing heat recovery 
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Fig.521 Optimum coefficient of performonce with condenser 
temperature for the solor energy-operated absorption 
cycles at different evaporator temperatures ( tgrr tc) 
45 
145 
Without Heat Recovery Absorber (SSAC ) 
With Heat Recovery Absorber (HRA ) 
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c 
o 
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0.4 
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Fig .522 Optimum COP for the biogas and LPG operated cycles 
with condenser temperoture, for different working fluids 
at different evaporator 1emperature(tQ = t^) 
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absorber in the single stage absorption system. Percentage increase 
in the optimum coefficients of performance of the system with HRA 
from those of the system without HRA have been calculated and 
presented in tables 5.32 to 5.34 for a wide range of the operating 
conditions. In case of the HjO-NHg mixture although difference in 
the optimum values of COP between the cycle using HRA and that 
without HRA remain almost constant, as observed in Figs. 5.21 and 
5.22, these deviations are seen to be increasing with increase in the 
condenser/absorber temperature and also on lowering the 
evaporator temperature. This is because of low values of COP at 
such operating conditions which appear in the denominator, while 
calculating the percentage deviation. 
Increase in the co-efficient of performance of the 
absorption cycle with HRA is around 36 to 95% in case of the 
HjO-NHg mixture, while operating by any of the energy sources 
under consideration. On the other hand, in case of the LiNOg-NHj 
and NaSCN-NH3 mixtures, percentage increase in the values of 
COP decreases with increase in the absorber/condenser temperature 
and also, on lowering the evaporator temperature. This shows that, 
for the solid absorbents: (LiN03 and NaSCN), unlike water in the 
H2O-NH3 solution, use of HRA in the absorption cycle will not show 
much improverment in COP at high values of t^=t^ and low values 
of t^. However, improvements in the COP, on using heat recovery 
absorber In the absorption cycle, remain considerably high, which 
are around 32 to 44% and 25 to 44% for the LiNOj-NH, and the 
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Table 5.32 Percentage increase in the optimum coefficient of performance of the cycle 
with HRA from those of the cycle without HRA using H2 O-NH3 mixture 
t c \ t c 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
36.1 
36.7 
37.12 
39.6 
45.3 
57.9 
73.8 
30 
36.8 
36.7 
36.6 
43.6 
54.8 
68.7 
35 
39.8 
44.6 
48.7 
60.1 
67.8 
82.4 J 
91.4 J 
40 
42.2 
46.9 
58.9 
63.1 
45 
44.8 
51.1 
63,7 
Biogas 
25 
38.3 
36.2 
37.4 
41.8 
49.3 
62.4 
82.5 
30 
36.3 
36.9 
40.3 
47.4 
59.7 
778 
95.0 
35 
40,9 
46.1 
54.1 
65.6 
40 
44.5 
51.6 
62.3 
77 1 
82.5 1 
94.7 [ 
100.0 
45 
49.5 
58.8 J 
Evacuated Tubular Collector 
25 
37.1 
36.2 
37.2 
41.8 
50 
61.9 
82.5 
30 
36.9 
36.6 
40.8 
50.5 
59.2 
77.8 
95.0 
35 
38.8 
45.8 
53.7 
65.2 
82.5 
40 
44.2 
51.3 
61.9 
76.4 
88.2 1 
54.0 1 
45 
49.5 
58.4 
Liquifled Petroleum Gas 
25 
38.3 
36.2 
37.4 
41.8 
49.3 
62.4 
82.5 
30 
36.3 
369 
40.3 
47.4 
59.7 
77.8 
95.0 
35 
40.9 
46.1 
54.1 
65.6 
40 
44.5 
51.6 
62.3 
77 
82.5 1 
94.7 j 
54.0 
45 
49 5 
58.8 
Operating limit of the cycle with HRA 
— — - Operating limit of the cycle without HRA. 
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Table 5.33 Percentage increase in the optimum coefficient of performance of the cycle 
with HRA from those of the cycle without HRA using LiNOi -NH3 mixture. 
te \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t . \ t , 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
43.6 
40.5 
39.6 
38.4 
40.0 
36.1 
35.2 
33.5 
30 
40.4 
39.1 
38.1 
39.9 
37.7 
35.0 
34.3 
35 
389 
37.9 
36.8 
38.9 
34.6 
34.1 
32.9 
40 
37.4 
36.5 
38.9 
34.5 
33.4 
32.8 
32.0 
45 
36 1 
38.6 
34.2 
33.6 
32.3 
31.8 
Biogas 
25 
44.0 
43.0 
42.1 
41.6 
40.9 
40.3 1 
39.8 
30 
42.6 
41.8 
41.3 
40.6 
40.0 
''39.7 
35 
41.9 
41.0 
40.7 
40.1 
39.3 
40 
40.8 
40.0 
39.8 
39.4 
45 
39.8 
39.5 
40.0 
Evacuated Tubular Collector 
25 
43.8 
42.8 
42.2 
41.0 
408 
40.3 
39.6 , 
38.7 
30 
42.9 
42.0 
40.8 
40.5 
39.9 
39.5 
•"38.8 
35 
41.6 
40.9 
40.4 
39.5 
39.1 
38.4 
40 
40.4 
40.0 
39.3 
39.0 
38.5 J 
45 
39.2 
39.3 
38.5 
Liquifled Petroleum Gas 
25 
44.1 
43.0 
42.3 
41.7 
41.0 
40.5 J 
39.9 
30 
42.6 
42.1 
41.4 
40.7 
40.4 
'"39.8 
35 
41.7 
41.2 
40.4 
40.0 
39.4 
40 
40.8 
40.2 
39.7 
39.5 J 
45 
39.7 
39.4 
Operating limit of the cycle with HRA 
— — - Operating limit of the cycle without HRA 
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Table 5.34 Percentage increase in the optimum coefficient of performance of the cycle 
with HRA from those of the cycle without HRA using NaSCN->JH3 mixture 
u\u 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t c V t c 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
42.4 
41.25 
37.55 
36.1 
34.9 
33.6 
26.73 
30 
41.12 
36.38 
36.1 
34.8 
33.7 
26.9 
35 
37.29 
35.92 
34.6 
33.5 
24.9 
40 
35.8 
34.44 
33.5 
26.4 
45 
34.3 
33.26 
26.34 
Biogas 
25 
42.1 
40.9 
39.9 
38.7 
30 
40.8 
40.0 
38.5 
37.8 
35 
39.5 
38.4 
37.5 
40 
38.1 
45 
Evacuated Tubular Collector 
25 
42.1 
40.8 
39.6 
38.4 
37.7 
36.5 
30 
407 
39.5 
38.5 
37.3 
35.7 I 
35 
39.4 
38.4 
37.1 
36.2 J 
40 
38,0 
37.2 
45 
37.4 J 
Liquified Petroleum Gas 
25 
42.0 
41.0 
39.8 
38.8 
30 
40.0 
39.5 
38.7 
37.7 
35 
39.5 
38.3 
37.4 
40 
38.2 
45 
" " " • " operating limit of the cycle with HRA 
— — - Operating limit of the cycle without HRA 
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NaSCN-NHg mixtures, respectively when operated by the flat plate 
collector. While, with the other sources of energy, they are 38 to 
44% for the LiNOj-NHj and 35 to 42% for the NaSCN-NHg mixtures. 
The continuous thick and dashed lines, in table 5.32 
indicate that the optimum generator temperatures for the 
HjO-NHg cycle with HRAand without HRA, respectively, go beyond 
120*'C. While, in tables 5.33 and 5.34, they indicate safe operating 
conditions, beyond which crystallization of the solid absorbents may 
take place in the cycle with and without HRA, respectively. The 
optimum co-efficient of performance, so obtained for different 
operating conditions, are found to be higher for the cycles using 
LiNOg-NHg solution. A comparative study has been done by 
calculating percentage deviation in the optimum values of COP for 
the LiNOg-NHg and the NaSCN-NHg solutions from those of the 
H2O-NH3. when used in the absorption cycle with HRA. These are 
exhibited in tables 5.35 and 5.36, respectively. Increase in COP of 
the LiN03-NH3 cycle from those of the H^O-NHj cycle are around 14 
to 175%, 17 to 179%, 17 to 113% and 17 to 114%, when powered 
by the flat plate solar collector, evacuated tubular collector, biogas 
and LPG, respectively. For the same energy sources respectively, 
increase in COP of the NaSCN-NH3 cycle from those of the 
H2O-NH3 cycle are found to be 11 to 77%, 15 to 104%, 15 to 106% 
and 15 to 107%. These deviations, in case of both the mixtures, are 
observed to be increasing with increase in the condenser/ 
absorber temperature and with decrease in the evaporator 
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Table 5.35 Percentage deviation in the optimum coefficient of performance of the cycle 
with HRA using LiNOs-NH3 mixture from those ofthe cycle using H2O-NH3 mixture 
t . \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
25 
14.5 
27.3 
41.3 
57.4 
71.0 
80.2 
97.7 
153.0 
25 
17.5 
21.8 
48.8 
64.5 
80.4 
96.2 
113.0 
Flat Plate Solar Collector 
30 
25.0 
38.6 
54.2 
67.9 
76.5 
94.0 1 
106.0 
30 
304 
45.7 
61.6 
76.8 
91.9 
107.6 
35 
52.7 
56.9 
70.8 
81.1 
91.7 
•"102.2 
136.2 
40 
53.5 
67.1 
77.6 1 
88.4 
98.2 
139.0 
175.0 
Biogas 
35 
53.1 
66.3 
78.6 
91.1 
102.7 
40 
62.9 
75.0 
87.2 
45 
65.6 
73.8 
78.8 
93.8 
103.8 
174.7 
45 
71.8 
''83.9 
Evacuated Tubular Collector 
25 
17.1 
32.1 
48.3 
63.3 
79.2 
95.1 
30 
29.9 
45.5 
60.2 
754 
90.8 
105.1 
110.5 1 135.2 
1794 
35 
52.1 
65.6 
77.4 
89.7 J 
100.3 
124.1 
40 
62.2 
45 
70.2 
73.7 |82.5 
85.8 193.2 
'"96.7 
Liquified Petroleum Gas 
25 
17.6 
22.0 
39.0 
65.0 
80.9 
96.5 
113.6 
30 
30.5 
46.0 
62.0 
77.0 
92.2 
108.0 
35 
53.1 
66.5 
78.6 
91.3 
103.1 
40 
63.0 
75.2 
87.5 
45 
72.1 
'84T~ 
Operating limit of the LiNOj-NH^ mixture due to crystallization 
— — - Operating limit of the H2O-NH3 mixture because temperature becomes 
above 120°C. 
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Table 5.36 Percentage deviation in the optimum coefficient of performance of the 
cycle with HRA using NaSCN-NH? mixture from those of the cycle using HzO-TWa 
mixture. 
t p \ t r 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
U\tc 
0 
- 5 
-10 
-1? 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
11.8 
26.3 
37.5 
52.5 
64.8 
71 
77.6 
30 
24.4 
35.4 
50.0 
62.5 
683 
75.2 
35 
42.5 
53.2 
65.7 
69.1 
74.2 
40 
50.2 
62.8 
66.4 
71.7 
45 
60 
63.7 
'"63.9 
1 
1 
Biosas 
25 
15.7 
32.0 
47.9 
62.9 
78.0 
91.8 
106.5 
30 
29.9 
45.4 
60.2 
75.0 
88.2 
35 
52.5 
65.2 
76.4 
87.3 
1 
101.8 1 
40 
62.0 
73.6 
84.0 J 
45 
67.1 
Evacuated Tubular Collector 
25 
15.3 
31.1 
47.1 
61.4 
76.6 
90.2 
1 103.7 
30 
29.0 
44.6 
58.7 
73.3 
35 
51 6 
64.1 
75.4 
85.9 J 
86.8 1 
98.8 , 
40 
61.1 
72.6 
826 
45 
69.3 
Liauified Petroleum Gas 
25 
15.8 
32.0 
48.0 
63.3 
78.2 
920 
107.4 
30 
30.2 
45.4 
61.5 
75.5 
89.2 
102.0J 
35 
53.0 
66.2 
77.4 
40 
63.0 
74.0 
85.0 J 
88.0 1 
1 
1 
45 
67.4 
1 
1 
Operating limit of the NaSCN-NH? mixture due to crystallization. 
"" *" " Operating limit of H2O-NH3 mixture because temperature becomes above n C C 
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temperature. However, the problem of crystallization puts limit in the 
operation of the cycle using both the LiNOg-NHg and the 
NaSCN-NHg mixtures. The operation limit of the HjO-NHg solution 
Inthecycle with HRA within 120*'C have t)een marked by the dashed 
lines, while the crystallization limit of the LiN03-NH3 and the 
NaSCN-NH3 solutions shown by the continuous thick lines. 
Use of different forms of the energy in the absorption 
cycles and their effects have been studied earlier and seen that, 
higher optimum generator temperatures are required in the cycles 
operated by means of the evacuated type tubular collector, biogas 
and LPG, as compared to the ordinary flat plate solar collector. 
A similar comparison has been done here also by considering COP 
of the absorption cycle with HRA. Therefore, percentage deviation 
in the values of COP of the cycle with HRA, operated by the three 
sources of energy, under-study, from those operated by the ordinary 
flat plate collector have been calculated and given in tables 5.37, 
5.38 and 5.39 for the HjO-NHj , LiN03-NH3, and NaSCN-NH3 
mixtures, respectively. It is found that OOP's of the cycle with HRA 
for all the working fluids, are higher when operated by means of 
either the tubular collector, biogas or LPG. This is because of the 
high generator temperatures required in the absorption cycle using 
these energy sources; falling nearly at the peak values of 
OOP-curves, shown in Fig. 5 .1 . 
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Table 5.37 Percentage increase in the optimum coefficient of performance of the 
cycle with HRA operated by the different sources of energy, from those of the cycle 
operated by the ordinary flat plate solar collector, while using the H2O-NH3 mixture. 
t , \ t , 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t,\u 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
0.0 
0.0 
0.0 
0 0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
45 
0.0 
0.0 
Biogas 
25 
0.75 
1.06 
1.44 
3.65 
4.24 
5.16 
8.03 
30 
1.05 
1.6 
3.61 
4.44 
5.4 
8.9 
35 
1.89 
2.6 
5.58 
6.3 
40 
2.6 
5.53 
6.53 
45 
5.5 
Evacuated Tubular Collector 
25 
0.75 
1.06 
1.26 
3.65 
4.24 
4.87 
8.03 
30 
1.05 
1.43 
3.61 
4.44 
5.1 
8.94 
35 
1.89 
2.4 
5.33 
6.01 
40 
2.38 
5.37 
6.25 
45 
5.5 
Liquified Petroleum Gas 
25 
0.75 
1.2 
1.44 
3.82 
4.24 
5.16 
8.3 
30 
1.2 
1.6 
3.6 
4.4 
5.4 
8.9 
35 
1.89 
2.6 
5.58 
6.3 
40 
2.6 
5.53 
6.53 
45 
5.5 
Operating limit of H2O-NH3 mixture because temperature becomes above 120''C. 
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Table 5.38 Percentage increase in the optimum coefficient of performance of the 
cycle with HRA operated by the different sources of energy, from those of the cycle 
operated by the ordinary flat plate solar collector, while using the LiNOs -NH3 
mixture 
t , \ t j 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t,\tt 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collect 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
00 
00 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
tor 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Biogas 
25 
3.4 
5.4 
6.8 
8.3 
9.9 
14.5 
16.4 
30 
5.4 
6.8 
8.6 
10.0 
14.6 
16.6 
35 
7.2 
8.8 
10.4 
12.2 
169 
40 
8.9 
10.5 
12.3 
45 
10.8 
12.6 
Evacuated Tubular Collector 
25 
2.95 
4,9 
6.25 
7.5 
9.2 
13.5 
15.06 
23.1 
30 
5.05 
6,5 
7.6 
9.1 
13.6 
15.2 
17.2 
35 
6.5 
81 
9,4 
11.1 
15.6 
17.4 
40 
8.2 
9.5 
11.2 
15.7 
45 
9 8 
11.5 
16.5 
Liquified Petroleum Gas 
25 
3.5 
5.4 
6.9 
8.6 
10.2 
14.6 
16.8 
30 
5.5 
7.1 
8.7 
10.3 
14.9 
16.9 
35 
7.2 
8.9 
10.4 
12.3 
17.3 
40 
9.0 
10.6 
12.4 
45 
11 
12.7 
Operating limit of the LiNO?->JH? mixture due to crystallization. 
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Table 5.39 Percentage increase in the optimum coefficient of performance of the 
cycle with HRA operated by the different sources of energy, from those of the cycle 
operated by the ordinary flat plate solar collector, while using the NaSCN-NHs 
mixture 
t,\t^ 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t,\t, 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar CoUec 
25 
0.0 
0 0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
tor 
45 
0.0 
0.0 
0.0 
Biogas 
25 
4.3 
5.7 
9.06 
10.7 
30 
5.6 
9.1 
10.6 
12.5 
35 
9.05 
10.7 
124 
40 
10.7 
45 
Evacuated Tubular Collector 
25 
3.9 
4 9 
8.3 
9.7 
11.7 
30 
4.8 
8.2 
9.7 
11.4 
35 
8.4 
9.7 
11.5 
Liquified Petro 
25 
4.4 
5.8 
9 1 
11.0 
30 
5.7 
9.1 
109 
12.6 
35 
9.1 
10.7 
12.5 
40 
9.8 
11 6 
45 
eum Gas 
40 
1095 
45 
Operating limit of the NaSCN-NH? mixture due to crystallization 
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Percentage increase in the values of COP, for the 
evacuated-tubular solar collector, the biogas and the LPG-operated 
cycles with HRA, from those operated using the flat plate solar 
collector, are around 1 % to 9% for the HjO-NHg mixture with 0.75% 
at t^=25'C, while it is, 3 to 23% and 4 to 12% for the LiNOg-NHg 
and NaSCN-NHg mixtures, respectively, being more at high values 
of t and low values of t . 
c e 
5.4.2 Two-Stage Dual-Fluid Cycle 
The optimum values of COP for ammonia cycle at 
the second stage, in the dual-fluid system obtained corresponding 
to the optimum temperatures in the generator Gj, have been plotted 
against the condenser temperature (t^i=t^2) ' " ^ '9^- ^•^'^ ^ " ^ 5.24, 
for different operating conditions. The optimum values of COP, 
decrease almost linearly with the condenser temperature in case of 
the LiNOj-NHg and the NaSCN-NHg mixtures, being used in the cycle 
at the second stage of the dual fluid system. However, for the 
HjO-NHg mixture, it decreases gradually, with relatively a little faster 
rate at around 30 to 35'*C temperature in the condenser. Also, the 
COP decreases with decrease in the evaporator temperature. One 
can notice, increase in the optimum values of COP of the ammonia 
cycle at the second stage in the dual-fluid system from those of the 
single stage cycle (Figs. 5.21 and 5.22) when operating alone. This 
is mainly due to lowering of the absorber temperature in the ammonia 
cycle when coupled with the LiBr-H^O cycle at the first stage of the 
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Ammonia cycle in the Iwo slage dual - f l u i d system 
Two stoge dual-lluid cycle 
Flat Plate Solar Collector 
H2O -NH3 /L iB r - H j O LiN03 -NH3 /LiBr-H20 
0.8 
0.6 
0.^ 
^ 0.2 
o 
E 
^ C 
- — i 3 p f 0-2 
^ ^ » ^  — 
^ 0 
c 
0; 
u 
r 0.8 
o 
u 
1 0.6 
E 
a O 
._-50'C 
J I H I I u 0 
Na5CN-NH3/LiBr-H2 0 
-IIVQV-^-""-r5- ?o'c 
25 35 45 25 35 45 
Tubular Solar Collector 
J I I I I 
25 35 45 
0.4 
0.2 
H 2 0 - N H 3 / L i B r - H 2 0 
0-8-
0^~ 
0-2 -
1^0 C__ 
J I I L 0 
L iN03-NH3/L iB r -H20 
0-8 
0-4 
J I I I L 0 
NaSCN-NHj /L iB r -H20 
J I I I L. 
25 35 35 45 45 25 35 45 . 25 
Condenser temperature , tc ( C ) 
Fig523Optimum volues of COP for the solar collector operated 
cycles with condenser temperature, for different working 
fluids in the two stoge dual-f luid cycle, at different 
evoporotor temperotures. 
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Ammonia cycle in the two stage d u a l - f l u i d system 
Two stage dual - fluid cycle 
Liquified Petroleum Gas (LPG) 
0.8 
0.6 
0.4 
o a? 
E 
a 0 
c 
0; 
S 0.8 
E 
I 0.6 
a 
O 
OA 
H^O-NHg/LiBr -H^O 
08 
h -Jfl'c 0-2 
-50 C 
J I I I i_ 0 
L iN03-NH3/L iB r -H20 
0^ 
06 
04 
30t7^'^^^"~~^' ° ' 
: : -QIC 
-t 'o'c 
25 35 45 
J I I 1 L 0 
Na5CN-NH3/L iBr -H20 
J I \ I L 
25 35 45 
0 2 
25 35 45 
Biogas 
H20-NH3/L iBr -H20 LiN03-NH3/LiBr-H20 NoSCN-NHj/L IBr-NH3 
08 h 
06 h 
—--^'S^^ 0-2 
-50 C 
J 1 1 I L 0 
-VotT"""""-"^ ^^ """ 0-2 - 7; 
• 4 b c 
J I I i_ 0 
-30 C 
• 1 I I L 
25 35 45 25 35 -45 25 35 45 
Condenser temperature , t^ (C) 
Fig.52AOptimum volues of COP for the gas operated cycles 
with the condenser temperature , for different working 
fluids in the two stage dual fluids cycle, at different 
evoporotor temperotures. 
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dual-fluid system. However, comparison of the single stage ammonia 
cycle, with the ammonia cycle in the dual-fluid system, may not be 
realistic, because the LiBr-H^O cycle also requires some energy 
which is incorporated in evaluating the COP of the dual-fluid cycle. 
For this purpose, a comparative study has been done by calculating 
the percentage deviation in the values of COP of the cycle with 
HRA (having larger COP as compared to the single stage cycle 
without HRA) from those of the combined dual-fluid cycle. These 
deviations, given only for the conditions when the cycle with HRA 
can operate without any problem of crystallization or temperature 
limit, are listed in tables 5.40 to 5.42 for the HjO-NHg, 
LiNOg-NHg and the NaSCN-NHg mix tures, respect ively. The 
percentage deviations in COP of the cycle with HRA from those of 
the dual fluid cycle are around 25 to 102%, 38 to 124%, 28 to 100% 
and 29 to 100% for the HjO-NHg solution; 94 to 149%, 128 to 152%, 
129 to 153% and 127 to 153% for the LiNOg-NH, solution, and 94 to 
152%, 139 to 157%, 141 to 158% and 140 to 158% for the 
NaSCN-NHg mixture, when using the ordinary flat plate solar 
collector, evacuated tubular collector, biogas and LPG, respectively. 
However, these deviations in the values of COP, decrease as the 
evaporator temperature lowers down or the condenser temperature 
becomes high. Although, COP of the cycle with HRA are quite high, 
even at low evaporator and high condenser temperatures, but the 
problem of crystallization in the LiNOg-NHg and the NaSCN-NHj 
mixtures and the temperature limit of 120''C in the H2O-NH3 mixture, 
show that the dual-fluid cycle, requiring relatively low generator 
161 
Table 5.40 Percentage deviation in the optimum coefficient of performance of the 
cycle with HRA from those of the dual-fluid system using H2O-NH3 mixture 
tr\t, 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
l,\f, 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
102 
84 
74 
63 
59.5 
57.3 
55.7 
30 
76.4 
64.4 
54.4 
49.5 
46.4 
42.6 
35 
51 
47.3 
42.4 
42.3 
41.06 
40 
388 
34.1 
33.3 
28.9 
45 
26.1 
25.2 
Biogas 
25 
100.5 
84 
74.1 
67 
63.6 
63.5 
65.6 
30 
76 
65 
67.8 
53.5 
52.2 
52.9 
35 
51.2 
48.4 
47.9 
48.3 
40 
39 
38.2 
38.4 
45 
28.4 
Evacuated Tubular Collector 
25 
123.5 
92.5 
73.3 
67.1 
63.7 
63.2 
65.6 
30 
95.6 
72.3 
57.7 
53.8 
52.0 
53 
35 
63.5 
48.4 
47.7 
48.4 
40 
50.2 
38.5 
38.5 
45 
39.7 
Liquified Petroleum Gas 
25 
1004 
84.2 
74 
67 
63.4 
63.3 
65.5 
30 
76.3 
65 
57.8 
53.5 
52.2 
52.9 
35 
51.1 
48.3 
47.8 
48.2 
40 
38.8 
38 
38.3 
45 
28.7 
Operating limit of the cycle with HRA. 
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Table 5.41 Percentage deviation in the optimum coefficient of performance of the cycle with 
HRA from those of the dual-fluid system using LiNO? -NH3 mixture 
u\u 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-^0 
-70 
-80 
t,\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
149.0 
138.7 
133.9 
134.8 
130.1 
122.2 
120.3 
105.7 
30 
136.9 
130.8 
127.6 
127.8 
120.6 
117.2 
112.2 
35 
129.5 
1249 
122.7 
1230 
115.8 
113.0 
102.1 
40 
123 
118.5 
116.4 
112.6 
109.9 
100.9 
97.77 
45 
115.9 
112.7 
105.4 
106.3 
97.5 
94.5 
Biogas 
25 
152.8 
147.7 
146.5 
147.9 
147.6 
146.6 
145.5 
30 
145.2 
142.2 
143.1 
144.8 
145.4 
144.8 
35 
141 1 
138.5 
140.1 
142.6 
142.9 
40 
135.4 
134.3 
136.5 
45 
129.7 
129.7 
Evacuated Tubular Collector 
25 
152.3 
146 
145.4 
146.3 
146.5 
145.3 
143.0 
140.6 
30 
1448 
141.7 
141.3 
143.6 
143.8 
1425 
142 1 
35 
139 7 
137.6 
1385 
140.7 
140.8 
140.6 
40 
134.7 
1328 
1349 
137.0 
45 
129.2 
1288 
131.4 
Liquified Petroleum Gas 
25 
153.1 
146.9 
146.5 
148.4 
148.2 
146.8 
145.9 
30 
145.5 
142.8 
143.4 
145.5 
145.9 
145.3 
35 
140.4 
1386 
139.8 
142.7 
143 5 
40 
135.2 
1342 
136.5 
45 
127 1 
127.2 
Operating limit of the cycle with HRA 
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Table 5.42 Percentage deviation in the optimum coefficient of performance of the cycle with 
HRA from those of the dual-fluid system using NaSCN-NHs mixture. 
t , \ t . 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t*\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
152.1 
145.4 
134.5 
129.2 
122.9 
110 
97.7 
30 
144.7 
133.8 
128.2 
122 
110.6 
95.6 
35 
1342 
127.8 
124.5 
109.6 
94.6 
40 
1268 
120.8 
108.9 
95.1 
45 
120.2 
1088 
93.9 
Biogas 
25 
158 
153.8 
149.3 
144.5 
30 
153.5 
149,7 
145.0 
141.2 
35 
148.6 
145 
141 
40 
143 
45 
Evacuated Tubular Collector 
25 
157.6 
152.3 
148 
143 
140 
30 
152.4 
148.6 
143.2 
140 
35 
147,9 
143.5 
140 
40 
142 
139 
45 
Liquified Petroleum Gas 
25 
158.2 
153.8 
149.4 
144.9 
30 
153.7 
149.6 
145.6 
141.4 
35 
148.7 
145.0 
140.9 
40 
143.2 
45 
Operating limit of the cycle with HRA 
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temperatures, may operate well especially at the low evaporator and 
the high condenser temperatures. 
Effect of changing the working fluid in the cycle at the 
second stage of the dual-fluid system, keeping the same fluid 
(LiBr-HjO) in the cycle at the first stage, has been studied by 
estimating percentage deviation in the values of COP of the 
combined dual fluid cycle, using LiNOg-NHj and NaSCN-NHg 
solutions from those of the HjO-NHg solution. The percentage 
deviation in the values of COP of the LiNOg-NHj and the 
NaSCN-NH3 mixtures, from those of the HgO-NHg mixture, in the 
cycle at the second stage are given in tables 5.43 and 5.44, 
respectively. With the LiNO-NHj, the deviation in the values of COP 
increases upto around 231 % when the evaporator temperature is 
- S C C . While, at high evaporator temperatures, this deviation 
decreases and becomes negative at O'C and - 5 * 0 , showing that 
the performance of the HjO-NHj mixture is better than that of the 
LiNOg-NHj at high evaporator and low condenser temperatures. 
Similar type of deviation is found in case of the NaSCN-NHj mixture, 
given in table 5.44, where its COP increases upto 80% from those 
of the H2O-NH3 mixture. 
Also effect of changing source of energy, in the 
generators G, and G^ of the dual-fluid cycle, have been observed. 
Percentage deviation in the values of COP have been calculated by 
comparing them with the flat plate operated cycles and given in tables 
5.45 to 5.47. Due to higher optimum generator temperatures, 
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Table 5.43 Percentage deviation in the optimum coefficient of performance of the dual-fluid 
cycle using the LiNOi -NH3 mixture from those of the same cycle using H2O-NH3 mixture 
te\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t , \ t c 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collect 
25 
-7.15 
-1.9 
4.8 
9.4 
18.6 
27.6 
37.7 
81 4 
211.3 
30 
-7 
-1.3 
4.6 
10.2 
17.1 
27.3 
41.5 
80.0 
187.0 
35 
-4,2 
2.7 
93 
15.5 
25.3 
33.7 
470 
85.0 
231.7 
40 
-4.5 
2.6 
9.3 
14.2 
23.97 
32.5 
45.4 
tor 
45 
-4.4 
2.3 
8.4 
14.2 
22.1 
32.5 
42.2 
76.8 1 74,7 
Biogas 
25 
-6.8 
-1.4 
4.7 
108 
19.1 
30.0 
43.7 
88.3 
238.0 
30 
-6.4 
-0.7 
4.9 
10.9 
19.0 
29.6 
43.2 
86.8 
212.8 
35 
-4,0 
3.4 
10.0 
169 
25.7 
36.8 
50.6 
920 
40 
-3.87 
3.2 
9 6 
16.4 
25.0 
35.8 
49.1 
89.6 
45 
-3.9 
3.0 
9.2 
15.9 
24.3 
34.8 
48.0 
85.7 
Evacuated Tubular Collector 
25 
-69 
-1.1 
4.7 
10.7 
18.9 
29.8 
43.5 
879 
1048 
30 
-6.5 
0.75 
4.86 
10.7 
18.9 
29.5 
42.9 
86.2 
102.5 
Liquifiec 
25 
-68 
-1.0 
4.75 
10,8 
19.1 
30,0 
43.8 
88.4 
238.0 
30 
-6.4 
-0.7 
4.9 
10,9 
19,1 
29.7 
43.4 
87.0 
212,8j 
35 
-3.9 
3.4 
9.8 
16.78 
25.4 
36.4 
50.2 
91.0 
104.4 
Petro 
35 
-3.74 
3.5 
10.05 
16.9 
25.7 
36.9 
50.7 
92.0 
40 
-3.9 
3,2 
9.55 
16.2 
24.6 
35.6 
48.9 
45 
-4.0 
3.0 
9.1 
15.6 
23,9 
34.3 
47.4 
88.8 1 85,7 
eum Gas 
40 
-3.8 
3.3 
9 6 
16.4 
25.0 
36.1 
493 
90.0 
45 
-4.0 
3.1 
9.25 
16.1 
24.7 
35.4 
48,7 
Operating limit of the LiNOs-NHj mixture due to crystallization 
— — - Operating limit of the H2O-NH3 mixture because temperature becomes 
above 120°C. 
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Table 5.44 Percentage deviation in the optimum coefficient of performance of the dual-fluid 
cycle using the NaSCN-NHs mixture from those of the same cycle using H2 O-NH3 mixture 
t,\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t,\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collect 
25 
-10.5 
-5.4 
-1.8 
8.6 
16.7 
28.2 
398 
77.2 
195.2 
30 
-10.3 
-4.8 
1.5 
9.5 
17 
27.7 
41.1 
72.6 
171.4 
35 
-8.0 
-0.97 
5.17 
14.7 
26.2 
33.9 
47.5 
80.0 
40 
-8.0 
-1.1 
6.2 
13.4 
24 
32.5 
45.8 
71.7 
or 
45 
-8.3 
-1.9 
5.3 
12.7 
21.6 
31.2 
42.4 
Bioeas 
25 
-10.1 
-4.3 
2.9 
11.2 
21.0 
32.9 
47.4 
93.4 
246 
30 
-9.8 
-3.9 
3.14 
10.6 
20.7 
32.4 
46.9 
91.7 
220 ^ 
35 
-7.2 
0.1 
8.3 
17.4 
24.7 
36.9 
54.2 
97.6 
40 
-7.3 
-.03 
8.0 
169 
26.9 
38.7 
52.8 
94.0 
45 
-7.5 
-0.2 
7.6 
16.4 
26.2 
37.6 
51.4 
1 
Evacuated Tubular Collector 
25 
-5.3 
-3.0 
2.75 
11.0 
20.7 
31.3 
46.9 
92.7 
242.£_ 
30 
-5.25 
-2.9 
3.15 
11.2 
20.6 
32 
46 1 
91.0 
218 1 
Liquifiec 
25 
-10.1 
-4.3 
2.9 
11.3 
21.0 
329 
47.5 
93.8 
246 6 
30 
-9.8 
-3.9 
3.17 
114 
21.0 
32.6 
469 
•92.0 
220.8 
35 
-5.25 
-2.7 
8.0 
17.1 
27.3 
39.5 
53.7 
99.0 
40 
-5.15 
-2.5 
8.0 
171 
27.3 
39.5 
53.7 
93.0 1 
45 
-5.0 
-2.45 
7.3 
16.0 
25.6 
36,8 
50.3 
Petroleum Gas 
35 
-7.2 
0.12 
83 
17.5 
27.8 
39.7 
54.5 
97.5 
40 
-7.5 
-.03 
8.0 
169 
27 
39.0 
52.9 
95.0 
45 
-0.16 
7.8 
16.6 
26.6 
38.1 
52,2 
Operating limit of the NaSCN-NHs mixture due to crystallization 
— — - Operating limit of the H2O-NH3 mixture because temperature becomes 
above 120°C. 
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Table 5.45 Percentage increase in the optimum coefficient of performance of the dual-
fluid cycle operated by the different sources of energy, from those of the cycle operated 
by the ordinary flat plate solar collector using the H2 O-NH3 mixture 
t*\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
u\u 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector Evacuated Tubular Collector 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0 0 
0 0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
00 
0.0 
0.0 
00 
0.0 
0.0 
35 
0.0 
0 0 
0.0 
0 0 
0.0 
0.0 
0 0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
45 
0.0 
0 0 
0.0 
0.0 
0 0 
0.0 
0.0 
Biogas 
25 
1.5 
10 
15 
14 
1.7 
1.2 
16 
19 
0 1 
30 
1.3 
1 3 
14 
1.7 
14 
1.6 
19 
2.4 
0.4 
35 
18 
18 
1.7 
2.0 
3.55 
2 0 
2.3 
40 
2.5 
2.4 
2.4 
2.3 
33 
2.8 
3.2 
1.25 
45 
36 
36 
3.4 
36 
4 0 
3 1 
25 
1.3 
0.92 
1.4 
1.3 
1.6 
1.1 
1.5 
16 
0.42 
30 
1.14 
1.14 
1.3 
1.5 
1.3 
1.5 
1.8 
2.3 
0.27 
35 
16 
1.7 
1.6 
18 
3.5 
1.9 
2.2 
3.2 
Liquified Petro 
25 
1 
1 
1 
1 
1 
1 
1 
5 
0 
5 
4 
7 
2 
6 
19 
0 1 
30 
1.3 
13 
14 
17 
1.4 
1.6 
19 
2.4 
0.4 
35 
18 
19 
1.8 
2.0 
3.6 
2.0 
24 
40 
2.2 
2.2 
2.2 
2.0 
3.1 
2.5 
2.8 
0.9 
45 
30 
2.9 
2.7 
28 
3.1 
3.5 
2.7 
eum Gas 
40 
2.6 
2.6 
2.7 
2.3 
3.5 
2.8 
3.2 
1.25 
45 
5.0 
48 
4.5 
4.5 
4.6 
48 
3.9 
Operating limit of the H2O-NH3 mixture because temperature becomes 
above 120°C. 
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Table 5.46 Percentage increase in the optimum coefficient of performance of the dual-
fluid cycle operated by the different sources of energy, from those of the cycle operated 
by the ordinary flat plate solar collector using the LiNOi -NH3 mixture 
t , \ t c 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0,0 
0.0 
45 
00 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Biogas 
25 
1.8 
1.5 
1.34 
2.56 
2.15 
3.1 
4.5 
5.7 
8.8 
30 
1.9 
1.8 
1.7 
2.4 
2.8 
3.4 
3.2 
6.2 
9.4 
35 
2.1 
2.6 
2.4 
3.1 
3.9 
4.3 
4.85 
7.2 
40 
3.2 
3 1 
2.8 
4.2 
4.2 
5.4 
58 
8.3 
45 
4.2 
4.3 
4.36 
4.8 
5.5 
5.8 
7.2 
98 
Evacuated Tubular Collector 
25 
1.6 
1 76 
1.3 
2.4 
1.9 
2.8 
4.3 
5.2 
8.3 
30 
1.7 
1.7 
1.5 
2.1 
2.9 
3.2 
2.7 
5.8 
9.0 
35 
2.0 
2.3 
2.1 
2.9 
3.6 
3.9 
4.4 
6.6 
9.9 
Liquified Petro 
25 
1.85 
19 
1.4 
26 
2.2 
3.2 
46 
58 
89 
30 
1.9 
1.8 
1.7 
2.4 
3.1 
3.5 
3.2 
6.3 
35 
2.4 
2.7 
2.5 
3.25 
4.0 
4.5 
4.9 
7.3 
40 
2.8 
2.76 
2.5 
3.8 
3.65 
4.9 
5.3 
7.7 
45 
3.4 
3.65 
3.4 
4.06 
4.7 
4.95 
6.4 
8.75 
eum Gas 
40 
3.4 
3.25 
3.0 
4.4 
4.4 
5.6 
6.0 
85 
45 
5.5 
5.6 
5.3 
6.2 
6.8 
7.16 
8.6 
Operating limit of the LiNOs-NHs mixture due to crystallization 
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Table 5.47 Percentage increase in the optimum coefficient of performance of the dual-
fluid cycle operated by the different sources of energy, from those of the cycle operated 
by the ordinary flat plate solar collector using the NaSCN-NH? mixture 
t*\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t , \ t c 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collect 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0 0 
0 0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
tor 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Bioeas 
25 
1.9 
2.2 
2.6 
3.75 
4.3 
4.2 
7.04 
30 
1.89 
2.2 
3.0 
3.47 
4.86 
5.4 
6.09 
35 
2.7 
2.96 
4.7 
4.3 
4.8 
6.4 
6.98 
40 
3.3 
3.5 
4.3 
5.3 
5.8 
7,6 
45 
4.6 
5.3 
5.5 
6.7 
7.2 
8.99 
Evacuated Tubular Collector 
25 
1.7 
2.06 
2.36 
3.46 
3.9 
4.3 
6.63 
30 
1.6 
1.85 
2.9 
3.14 
4.5 
4.95 
5.44 
35 
2.4 
2.6 
4.3 
3.8 
4.4 
6.1 
6.5 
40 
2.9 
3.1 
3.8 
4.8 
5.2 
6.8 
7.3 
45 
3.8 
4.4 
4.7 
5.8 
6.1 
7.9 
Liquified Petroleum Gas 
25 
1.9 
2.3 
265 
3.85 
4.4 
5.03 
7.15 
30 
1.92 
2.16 
3.04 
3.5 
4.93 
5.5 
6.17 
35 
2.8 
3.06 
4.8 
4.44 
4.88 
646 
7.2 
40 
3.46 
3.6 
4.45 
5.5 
5.99 
7.786 
45 
59 
6.6 
6.9 
8 12 
8.5 
Operating limit of the NaSCN-NHa mixture due to crystallization 
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obtained in case of the evacuated tubular collector, biogas and LPG, 
as compared to the flat plate operated cycles, it is evident that there 
will be high values of the optimum COP in the cycles powered by the 
sources other than the ordinary flat plate collector. Thus, increase 
in COP of the combined dual-fluid cycle, when operated by means 
of the evacuated type collector, biogas and LPG, from those of the 
ordinary flat plate collector, come out to be around 1 to 5%, 2 to 
10% and 2 to 10% for the H2O-NH3, LiNOg-NHg and NaSCN-NHg 
mixtures, respectively. 
5.4.3 Two-Stage Absorption and Evaporation Cycle 
The optimum coefficients of performance of the two 
stage absorption-evaporation cycle, corresponding to the minimum 
energy required in its generator, and also at which the optimum 
generator temperatures have been selected, are plotted against the 
condenser temperature in Figs. 5.25 and 5.26 for the different 
operating conditions, working fluids and the sources of energy. The 
optimum values of COP decrease gradually with the condenser 
temperature, relatively at a faster rate than those of the single stage 
cycle. The COP of the two stage absorption-evaporation cycle, 
like those found in the dual-fluid cycle, also vary linearly when the 
LiNOg-NHj and the NaSCN-NHg mixtures are used. While for the 
H2O-NH3 mixture, especially at high evaporator temperatures, the 
COP decreases gradually at low condenser temperatures, becomes 
faster between 30 to 35''C and then again decreases gradually. 
171 
Single Sloge Absorption cycle ( S S A C ) 
Two Sloge Absorption and Evoporotion cycle ( T S A E C ) 
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Fig.5.25 Optimum coefficient of performance with condenser 
temperature for the solar energy-operated absorption 
cycles at different evaporator temperatures. 
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Fig.5-26 Optimum coefficient of performance with condenser 
temperature for the biogas and LPG-operated absorption 
cycles at different evaporator temperatures 
173 
Figures 5.25 and 5.26 also show the performance of the single 
stage cycle without HRA, which are better than those of the two 
stage absorption-evaporation cycle, except in case the of 
HjO-NHg mixture at low evaporator temperatures. 
Since high co-efficient of performance are observed 
in the cycle with HRA as compared to that without HRA, although 
not suitable for operation at very low evaporator temperatures, 
it is desirable to compare its performance with the two stage 
absorption-evaporation cycle. Therefore, percentage deviation in the 
values of COP of the absorption cycle with HRA from those of the 
two stage absorption-evaporation cycle, have been calculated for 
different fluids using various sources of energy, and exhibited in 
tables 5.48 to 5.50. Like those found in the dual-fluid cycle, it is also 
seen in tables 5.48 to 5.50 that COP's of the absorption cycle with 
HRA are quite high, especially at low condenser and high evaporator 
temperatures. For the H^O-NHg solution, they are 34 to 127%, when 
using the flat plate collector and 52 to 128% when operated by the 
other three sources of the energy. 
In case of the LiNOg-NHg mixture, increase in COP of 
the cycle with HRA are nearly 112 to 175% and 148 to 178% for the 
ordinary flat and evacuated type collectors, respectively; while 150 
to 180% for the biogas and the LPG operated cycles. Similarly, for 
the NaSCN-NHg mixture, they are 110 to 179% and 160 to 185% in 
case of the ordinary flat plate and the evacuated tubular collectors, 
respectively, being around 161 to 185% for the biogas and the LPG 
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Table 5.48 Percentage deviation in the optimum coefficient of performance of the cycle 
with HRA from those of the two stage absorption-evaporation cycle (TSAEC), using the 
H2O-NH3 mixture 
tc\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t , \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar 
25 
127.6 
93.8 
88.4 
81.6 
83.1 
88.6 
94.1 
30 
98.5 
73.6 
68.5 
68.75 
72.2 
71.6 
35 
76.8 
60.4 
62.1 
68.6 
69.7 
Collector 
40 
61.5 
45.3 
51.0 
52.8 
45 
45.3 
34.0 
Biogas 
25 
128.0 
95.3 
89.2 
87.6 
90.0 
96.3 
105.7 
30 
99.4 
74.8 
72.7 
74.1 
78.0 
85.8 
35 
79.6 
63,4 
69 8 
77.5 
40 
64.6 
52.2 
60.3 
45 
52.2 
Evacuated Tubular Collector 
25 
128.0 
95.3 
88.9 
87.6 
90.0 
95.7 
107.1 
30 
100.0 
74.5 
73.3 
74.1 
77.5 
85.9 
35 
79.6 
63.0 
69.4 
77.0 
40 
64.2 
51.8 
59.2 
45 
52.7 
Liquified Petroleum Gas 
25 
128 
95.3 
89.2 
87.6 
90.0 
96.3 
105.7 
30 
99.4 
74.8 
89.2 
87.6 
90.0 
96.3 
35 
79.6 
63.4 
69.8 
77.5 
40 
64.6 
52.2 
60.3 
45 
52.2 
Operating limit of the cycle with HRA 
175 
Table 5.49 Percentage deviation in the optimum coefficient of performance of the cycle 
with HRA from those of the two stage absorption-evaporation cycle (TSAEC), using the 
LiNOs -NH3 mixture. 
te\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t,\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar i 
25 
175.6 
166.1 
157.6 
156.8 
151.7 
132.1 
133.6 
118.1 
30 
160.5 
153.3 
149.1 
149.1 
139.6 
134.4 
132.0 
35 
149.8 
146.4 
142.9 
142.1 
137.3 
131.4 
117.5 
C o^llector 
40 
140.3 
137.5 
134.9 
131 0 
128.4 
115.8 
114.8 
45 
130.9 
128.5 
123.3 
123.0 
112.7 
112.0 
Biogas 
25 
179.9 
172.8 
170.5 
169.7 
1646 
164.7 
161 6 
30 
168.7 
166.2 
1659 
165.2 
164.4 
1627 
35 
161.8 
160.8 
161.6 
162.6 
161.4 
40 
155.6 
155.2 
157.1 
45 
149.8 
151.8 
Evacuated Tubular Collector 
25 
178.7 
172 4 
169.3 
1686 
166 5 
163 46 
159.54 
152.2 
30 
1686 
165.3 
164.4 
164.0 
164.2 
160.6 
157.8 
Liquifie< 
25 
180.2 
173 1 
170.8 
170.4 
169 0 
1656 
161.9 
30 
169.6 
166.0 
166.2 
165.9 
165.2 
162.5 
35 
161 0 
159.2 
159 0 
160.9 
1603 
158.5 
40 
154.8 
153.6 
155.5 
156.9 
45 
148.3 
149.3 
152.1 
Petroleum Gas 
35 
161.8 
161.2 
161.6 
162.9 
162.2 
40 
155.9 
155.6 
157.5 
45 
150.1 
152.1 
Operating limit of the cycle with HRA 
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Table 5.50 Percentage deviation in the optimum coefficient of performance of the cycle 
with HRA from those of the two stage absorption-evaporation cycle (TSAEC), using the 
NaSCN-NHs mixture. 
u\u 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t e \ t . 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar ( 
25 
179.0 
172.0 
1570 
148.0 
140.4 
128.0 
1100 
30 
169.4 
158.4 
151.8 
142.8 
129.3 
111.6 
35 
154.6 
148.2 
142.8 
130.5 
112 1 
CoDector 
40 
146.1 
141.8 
126.3 
111.3 
45 
136.9 
124.2 
110.6 
Biogas 
25 
184.7 
179.0 
172.4 
165.2 
30 
177.1 
172.6 
167.1 
161.5 
35 
171.2 
166.3 
161.2 
40 
164.0 
45 
Evacuated Tubular Collector 
25 
184.7 
178.0 
165.0 
164.7 
173.8 
30 
177.0 
171.5 
1657 
160.0 
Liquifief 
25 
185.0 
178.5 
1728 
165.9 
30 
177.4 
172.4 
1690 
162.0 
35 
169 5 
1648 
160 9 
40 
1628 
160.0 
45 
Petroleum Gas 
35 
170.6 
166.7 
161 6 
40 
164.6 
45 
Operating limit of the cycle with HRA 
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powered cycle. This means that the absorption cycle with HRA will 
deliver very high co-efficient of performance as compared to the 
two stage absorption-evaporation cycle and to the dual fluid cycle. 
But, whatever be the improvement in the COP of the cycle with HRA, 
still it can not operate at very low evaporator- temperatures. 
Therefore, for such conditions where the single stage cycle with and 
without HRA fail to operate, there remains no alternative other than 
using either the two stage absorption-evaporation cycle or the 
dual-fluid cycle. This also needs a comparative study between 
the two stage absorption-evaporation cycle and dual-fluid cycle so 
that one may select the best possible system, especially for 
operations at sub freezing evaporation conditions. 
A comparative study has been done through the 
percentage deviation in the values of COP of the dual-fluid cycle 
from those of the two stage absorption-evaporation cycle given in 
tables 5.51 to 5.53. It is found that, COP of the dual-fluid cycle are 
more than those of the two stage-absorption and evaporation cycle 
for all the working fluids, the sources of energy and the operating 
conditions, under study. Percentage increase in the values of COP 
of the dual fluid cycle, are around 5 to 50%, 3 to 11 % and 4 to 11 % 
for the H2O-NH3, LiNOg-NHg and the NaSCN-NHj solutions, from 
those of the two stage absorpt ion-evaporat ion cycle. These 
deviations increase, as the values of t^  become high and t^  become 
low, in case of the HjO-NHg mixture, and decrease in case of 
the LINO3-NH3 and NaSCN-NH,, mixtures. This shows that the 
178 
Table 5.51 Percentage deviation in the optimum coefTicient of performance of the dual-
fluid system from those of the TSAEC, using the H2 O-NH3 mixture 
u\u 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t,\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
12.7 
5.5 
8.6 
11.3 
14.8 
19.9 
24.7 
34.3 
37.5 
30 
12.5 
5.6 
9.1 
12.9 
17.6 
20.3 
25.0 
38.5 
45.0 
35 
17.1 
8.9 
13.3 
18.5 
20.3 
27.8 
32.5 
45.2 
35.1 
40 
16.4 
8.3 
13.3 
19.0 
22.7 
28.7 
33.8 
45 
15.2 
6 9 
12.8 
19.0 
22.4 
27.3 
35.0 
48.1 1 50,4 
34.0 
Biogas 
25 
13.7 
6 1 
9 1 
12.3 
16.2 
20.0 
24.3 
35.4 
37.9 
30 
13.3 
5.9 
9.4 
13.4 
17 
21.6 
26.6 
38.9 
45.3 
35 
18.8 
10.1 
14.8 
19.7 
23.9 
28.6 
34.5 
46.5 
'35.6 
40 
18.4 
10.1 
15.3 
20.0 
24.5 
29.7 
35.9 
45 
18.5 
10.4 
15.4 
20,5 
26,0 
31,4 
36,8 
48.2 151,4 
39.8 
Evacuated Tubular Collector 
25 
13,7 
6,1 
9,4 
12,3 
16.1 
20 
25,0 
35 1 
38,1 
30 
13,5 
5,8 
9.7 
132 
168 
21.5 
26.4 
38.75 
45.3 
Liquifiec 
25 
13,8 
6,2 
9,1 
12,3 
16,3 
20,1 
24,3 
35,4 
37.9 
30 
13.3 
5.9 
9.4 
13.4 
17,0 
21,6 
26,6 
38.9 
45,3 
35 
15,9 
9.9 
14,7 
19.5 
23.7 
28.5 
34.3 
46.4 
35.6 
Petro 
35 
18.8 
10.2 
14.8 
20 
24.0 
286 
34.5 
46.5 
35.6 
40 
18 1 
9 8 
14.9 
198 
24.2 
29.3 
35.4 
45 
18.2 
9.7 
14.8 
19.8 
25.4 
31.0 
36.3 
47.71 50.0 
398 
eum Gas 
40 
18.6 
10.3 
154 
20.2 
24.6 
29.7 
35.9 
48.2 
39.8 
45 
20.1 
11.7 
167 
21,8 
27.2 
326 
368 
51,4 
Operating limit of the TSAEC 
— — - Operating limit of the dual-fluid cycle 
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Table 5.52 Percentage deviation in the optimum coefficient of performance of the 
dual-fluid system from those of the TSAEC, using the LiNOs -NH3 mixture 
t,\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t,\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
10.7 
10.2 
11.2 
9.4 
10.0 
8.5 
6.1 
6.0 
5.0 
4.7 
30 
9.9 
9.7 
9.5 
9.3 
8.6 
7.9 
9.2 
8.0 
4.0 
3.5 
35 
8.8 
9.5 
9.1 
8.6 
7.7 
8.6 
7.6 
6.7 
6.2 
6.0 
40 
7.7 
8.7 
8.5 
8.0 
13.2 
7.4 
8.7 
08.3 
8.5 
5.3 
45 
7.0 
7.4 
8.7 
8.1 
14 
9.1 
7.1 
6.5 
Biogas 
25 
10.6 
10.2 
9.8 
8.8 
8.4 
7.3 
6.6 
4.9 
3.5 
30 
9.6 
9.9 
9.4 
8.3 
7.8 
7.3 
6.5 
5.1 
4.0j 
35 
8.6 
9.4 
9 0 
8.3 
7.6 
7.4 
6.8 
5.2 
40 
8.6 
8.9 
8 7 
8.4 
7.9 
7.6 
7.0 
5.4 
45 
8.8 
9.6 
92 
8.8 
8.6 
7.9 
7.6 
68 
Evacuated Tubular Collector 
25 
10.5 
10.7 
9.7 
9.0 
8.1 
7.4 
6.8 
4 8 
3.0 
1.5 
30 
9.7 
9 7 
9.6 
8.4 
8.4 
12.4 
6.5 
5.1 
3.7 
35 
8.9 
9.1 
8.7 
8.4 
9.0 
7.4 
6.8 
5.1 
4.5 
Liquified Petro 
25 
10.7 
10.6 
9.9 
8.8 
8.4 
7.4 
63 
5.0 1 
1 ^ ^ ^ ^ • • • 
30 
9.9 
9.6 
9 4 
8.3 
7.8 
7.0 
6 5 
4.7 
35 
8.9 
9.5 
9.1 
8.4 
7.7 
7.1 
68 
5.4 
40 
8.6 
9.0 
8.8 
8.4 
7.9 
7.5 
7.0 
5.8 
45 
83 
8.9 
8.9 
8.4 
8.2 
7.9 
7.2 
6,5 
eum Gas 
40 
8.8 
9.1 
8.9 
8.6 
8.1 
12.0 
6.8 
5.6 
45 
10.1 
11.0 
8.0 
6.1 
10.0 
9.3 
9.0 
1 7,6 
Operating limit of the TSAEC 
— — - Operating limit of the dual-fluid cycle 
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Table 5.53 Percentage deviation in the optimum coefficient of performance of the dual-
fluid system from those of the TSAEC, using the NaSCN-NHj mixture 
u\u 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t , \ t c 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
10.7 
10.8 
9.8 
8.9 
7.9 
8.5 
6.2 
4.0 
30 
10.1 
10.5 
10.4 
9.4 
8.9 
8.2 
9.4 
7.2 
35 
8.7 
9.0 
8.1 
10.0 
9.0 
9.2 
8.0 
9.5 
40 
8.5 
9.5 
8.3 
8.3 
9.8 
10.4 
9.4 
6.7 
45 
7.6 
7.8 
86 
8.9 
10.4 
8.6 
10.9 
Biogas 
25 
10.4 
10.0 
9.3 
8.4 
7.8 
7.3 
6.5 
30 
9.3 
9.2 
9.0 
8.4 
7.9 
7.1 
6.6 
35 
9.1 
8.7 
8.4 
8.3 
8.1 
7.5 
7.0 
40 
9.0 
8.9 
87 
8.4 
8.3 
8.0 
7.3 
45 
8.9 
9.3 
9.3 
8.8 
8.9 
8.7 
Evacuated Tubular Collector 
25 
10.5 
10.2 
9.4 
8 9 
7.8 
7.0 
6.9 
30 
97 
9.2 
9.2 
8.4 
7.9 
7.1 
68 
35 
8.7 
8.8 
88 
8.3 
8 1 
7.7 
7.5 
40 
8.6 
8.8 
8.6 
8 7 
8.2 
8.2 
7.4 
45 
8 5 
8.8 
88 
8.7 
8.3 
8.5 
Liquified Petroleum Gas 
25 
10.4 
9.7 
9 4 
86 
7.9 
7.0 
6 6 
30 
9.4 
9.2 
8.7 
8.5 
7.6 
7.3 
6.7 
35 
8.8 
8 8 
8.5 
8 1 
7.8 
7.2 
6.9 
40 
8.8 
8.6 
8.5 
8.6 
8.1 
7.9 
7.5 
45 
10.3 
103 
10.3 
10.2 
9.8 
1 lO.o" 
Operating limit of the TSAEC. 
— — - Operating limit of the dual-fluid cycle 
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dual- fluid cycle will have high co-efficient of performance with the 
H2O-NH3 solution, especially at subfreezing evaporation conditions 
and at high condenser temperatures. 
A comparative study between the working 
fluids, being used in the two stage absorption-evaporation cycle, have 
also been done by calculating percentage deviations, and given in 
table? 5.54 and 5.55. It is seen that COP of the cycle using 
LiNOg-NHg and NaSCN-NHj mixtures are generally higher than 
that using the H2O-NH3 solution, increasing up to 364% at low 
evaporator and high condenser temperatures. However, like the 
dual-fluid cycle, COP of the H^O-NHg mixture at high evaporator 
temperatures, are more than those of the other two fluids; and 
are shown by the negative signs in tables 5.54 and 5.55. Percentage 
increase in COP of the two stage absorption-evaporation cycle, 
operated by the different sources of energy, from those of the cycle 
operated by the ordinary flat plate collector are given in tables 
5.56 to 5.58. It is seen that, for the HjO-NHg solution, they are around 
0.3 to 2.6%. It, therefore, means that the two stage 
absorption-evaporation cycle, using HjO-NHg solution, may be 
operated by any of the energy sources. However, in case of the 
LiNOg-NHj and NaSCN-NHg solutions, percentage increase in COP 
come out to be around 2 to 16% which is nearly same as for the dual 
fluid cycle. Therefore, one should prefer using the sources of energy 
other than the ordinary flat plate collector in the two stage 
absorption-evaporation and dual fluid cycles, while LiNO^-NH^ and 
NaSCN-NHj mixtures are used. 
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Table 5.54 Percentage deviation in the optimum coefficient of performance of the TSAEC using 
the LiNOs -NH3 mixture from those of the cycle using the H2 O-NH3 mixture 
t , \ t c 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t . \ t c 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar ( 
25 
-5.4 
-6.2 
3.4 
11.3 
23.7 
41.1 
64.3 
129.7 
1 307.7 
30 
-4.8 
-5.0 
5.4 
13.8 
26.8 
42.8 
61.9 
130.9 
300.0 
35 
3.0 
2.1 
14.0 
26.1 
39.9 
57.3 
809 
152.0 
322.0 
Collector 
40 
3.1 
2.2 
14.2 
24.6 
39.6 
58.7 
79.2 
142.0 
321.0 
45 
2.9 
1.9 
12.5 
25.8 
38.4 
54.7 
79.3 
1468 
Biogas 
25 
-4.2 
-5.0 
4.0 
14.4 
27.7 
45.5 
67.5 
143.0 
350.0 
30 
-3.3 
-4.3 
5.0 
16.0 
29.2 
46.9 
70.3 
146.8 
337.0 
35 
5.0 
4.2 
15.9 
29.2 
41 9 
63.8 
89.8 
167.0 
371.0 
40 
4.9 
4.3 
16.2 
28.9 
44.2 
63.7 
89.3 
165.0 
364.3 
45 
4.7 
3.8 
15.4 
28.4 
44.2 
64.3 
88 1 
163.3 
Evacuated Tubular Collector 
25 
-4.2 
-4.1 
4.0 
14.0 
27.7 
44.9 
67.9 
142.2 
350.0 
30 
-3.3 
-4.3 
5.0 
156 
28.2 
46.3 
69.6 
145.8 
337.0 
Liquifiei 
25 
-4.2 
-5.0 
4.0 
14.0 
27.7 
45.5 
67.5 
143.0 
350.0 
30 
-3.3 
-4.3 
5.0 
16.0 
29.2 
46 9 
70.3 
146.8 
337.0 
35 
4.7 
4.2 
15.9 
28.7 
43.6 
63.2 
89.0 
165.9 
402.0 
40 
4.5 
4.0 
15.7 
28.4 
43.6 
63.0 
88.5 
163.4 
381.0 
45 
4.7 
3.8 
15.1 
27.8 
43.0 
628 
87.3 
162.0 
Petroleum Gas 
35 
5.0 
4.2 
159 
29.2 
41.9 
63.8 
89.8 
167.0 
371.0 
40 
4.9 
4.3 
16.2 
28.9 
44.2 
63.7 
89.3 
165.0 
364.3 
45 
4.7 
3.8 
154 
28.4 
44.2 
64.3 
88.1 
163.3 
Operating limit of the LiNOs-NHj mixture due to crystallization 
— — - Operating limit of the H2O-NH3 mixture because temperatur becomes 
above 120°C. 
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Table 5.55 Percentage deviation in the optimum coefficient of performance of the 
TSAEC using the NaSCN-NH? mixture from those of the cycle using the H2O-NH.; 
mixture. 
t,\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
-8.8 
-10.0 
0.7 
109 
25.6 
41.6 
64.3 
128.7 
294.2 
30 
-8.4 
-9.0 
0.36 
12.9 
26.3 
42.0 
61.2 
126.6 
268.6 
35 
-1.0 
-1.05 
10.7 
23.7 
39.3 
56.7 
80.9 
138.5 
282.2^ 
40 
-1.4 
-2.2 
11.2 
24.1 
38.5 
54.5 
78.3 
138.3 
278.6, 
45 
-1.8 
-2.6 
9.3 
23.2 
34.8 
54.0 
73.3 
106.5 
Biogas 
25 
-7.4 
-7.6 
2.7 
15.2 
30.5 
48.7 
72.0 
144.1 
354.0 
30 
-6.5 
-6.8 
3.5 
16.5 
31.1 
50.3 
74.3 
150.0 
341.0 
35 
1.0 
1.4 
14.7 
29.7 
46.4 
67.1 
93.7 
165.9 
373.3 
40 
1.0 
1.1 
14.5 
29.4 
45.9 
66.4 
93.4 
150.0 
383.3 
45 
0.72 
0.75 
13.7 
28.9 
46.1 
66.4 
89.0 
163.2 
Evacuated Tubular Collector 
25 
-7.6 
-8.0 
2.36 
14.4 
30.0 
48.1 
71.8 
144.1 
354.0 
30 
- 6 8 
-7.0 
3.6 
16.0 
30.6 
49.7 
73.0 
150.0 
341.0 
35 
1.0 
1.0 
139 
29.2 
45.8 
66.4 
94.1 
165.9 
373.3 
40 
0.7 
0.72 
14.0 
28.4 
454 
64.1 
91 8 
150.0 
383.3 
45 
0.72 
0.4 
132 
27.8 
455 
65.0 
89.0 
163.2 
• ^ ^ ^ ^ ^ ^ 1 
Liquified Petroleum Gas 
25 
-7.4 
-7.3 
2.7 
15.2 
30.5 
487 
72.0 
144 1 
354.0 
30 
-6.5 
-6.8 
3.5 
16.5 
31.1 
50.3 
74.3 
150 0 
341.0 
35 
1.3 
1.4 
14.7 
29.7 
46.4 
67.1 
93.7 
165.9 
373.3 
40 
1.0 
1.1 
145 
29.4 
45.9 
66.4 
93.4 
150 0 
383.3 
45 
0.72 
11 
13.7 
28.9 
46 1 
664 
890 
1632 
Operating limit of the NASCN-NH? mixture due to crystallization 
— — • Operating limit of the H2O-NH? mixture because temperature becomes 
above 120T 
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Table 5.56 Percentage increase in the optimum coefficient of performance of the 
TSAEC operated by the different sources of energy, from those of the cycle operated by 
the ordinary flat plate solar collector using the H2 0-NH.^  mixture. 
te \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t e \ t c 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
00 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Biogas 
25 
0.57 
0.3 
1.0 
0.4 
0.46 
1.1 
1.95 
1.0 
0.0 
30 
0.6 
0.9 
1.0 
1.25 
1.95 
0.57 
0.7 
2.1 
0.0 
35 
0.3 
0.7 
0.8 
1.0 
0.56 
1.3 
0.8 
2.4 
0.0 
40 
0.7 
0.73 
0.86 
1.0 
1.8 
2.1 
1.7 
1.23 
0.0 
45 
0.72 
0.38 
0.9 
2.1 
0.6 
0.7 
1.7 
2.6 
Evacuated Tubular Collector 
25 
0.57 
0.3 
1.0 
0.4 
0.46 
1.1 
1.3 
1.0 
0.0 
30 
0.3 
0.9 
0.7 
1.25 
1.95 
0.57 
0.7 
2.1 
0.0 
35 
0.3 
0.7 
0.8 
1.0 
0.56 
1.3 
0.8 
2.4 
0.0 
40 
0.7 
0.73 
0.86 
1.0 
1.8 
2.1 
1.7 
1.23 
0.0 
45 
0.36 
0.38 
0.9 
2.1 
0.6 
0.7 
1.7 
2.6 
Liquified Petroleum Gas 
25 
0.57 
0.3 
1.0 
0.4 
0.46 
1.1 
1.95 
1.0 
0.0 
30 
0.6 
0.9 
1.0 
1.25 
1.95 
0.57 
0.7 
2.1 
0.0 
35 
0.3 
0.7 
0.8 
1.0 
0.56 
1.3 
0.8 
2.4 
0.0 
40 
0.7 
0.73 
0.86 
1.0 
1.8 
2 1 
1.7 
1.23 
0.0 
45 
0.72 
0.38 
0.9 
2.1 
0.6 
0.7 
1.7 
2.6 
Operating limit of the H2O-NH? mixture because temperature becomes 
above 120T 
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Table 5.57 Percentage increase in the optimum coefficient of performance of the TSAEC 
operated by the different sources of energy, from those of the cycle operated by the 
ordmary flat plate solar collector using the LiNO? -NH? mixture. 
te \ tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t e \ t c 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
^ 0 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
0.0 
0.0 
0.0 
0 0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0,0 
35 
0.0 
0.0 
0.0 
0.0 
0 0 
0.0 
0.0 
0.0 
0.0 
0 0 
40 
0.0 
0.0 
0.0 
•0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
45 
0.0 
0 0 
0.0 
0 0 
0.0 
0.0 
0.0 
0.0 
Biogas 
25 
1.8 
1.6 
16 
3.2 
3.7 
4.2 
4 0 
6.9 
30 
2.2 
1.6 
1.7 
3.3 
3.8 
4.0 
5.9 
9.2 
35 
2.3 
2.7 
2.5 
3.4 
4.0 
5.5 
5.7 
8.6 
40 
2.4 
285 
2.6 
4.4 
5.1 
5.3 
7.4 
11.2 
45 
2.5 
2.2 
3.6 
4.2 
4.8 
7.0 
6.7 
9.5 
Evacuated Tubular Collector 
25 
1.8 
1.3 
1.6 
2.8 
3.7 
3.8 
3.6 
6.5 
10.4 
16.8 
30 
1.9 
1.6 
1.4 
2.9 
3.1 
3.6 
5.5-
8 8 
9.3 
35 
1.95 
27 
2.5 
3.5 
3.2 
5 1 
53 
8 1 
40 
2.0 
2.5 
2.25 
4,0 
4,7 
4,8 
7,0 
10.2 
45 
2.1 
2.2 
3.2 
3 8 
4.4 
6.0 
6 3 
8 9 
Liquified Petroleum Gas 
25 
1.8 
1.6 
1.6 
3.2 
3.7 
4.2 
4.0 
6.9 
30 
2.2 
2.0 
1.7 
3.3 
3.8 
4.0 
5.9 
9.2 
35 
2,3 
2,7 
25 
34 
40 
5 5 
57 
86 
40 
2 4 
2.85 
2,6 
4 4 
5,1 
53 
7,4 
11,2 
45 
2.5 
2.2 
3 6 
4,2 
4 8 
7,0 
6,7 
9 5 
Operating limit of the LiN0?-NH.5 mixture due to crystallization 
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Table 5.58 Percentage increase in the qjtimum coefficient of performance of the TSAEC 
operated by the diflFerent sources of energy, from those of the cycle operated by the 
ordinary flat plate solar collector using the NaSCN-NH.^  mixture 
t e \ t c 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar CoUecf 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
tor 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Biogas 
25 
1.2 
1.29 
3.04 
4.2 
4.36 
6.1 
10.7 
30 
2.6 
3.1 
4.3 
4.4 
5.8 
6.4 
89 
35 
2.7 
3.2 
4.5 
5.9 
5.6 
8.1 
7.9 
40 
3.2 
4.1 
3.9 
5.3 
7.3 
9.95 
10.3 
45 
3.3 
3.9 
4.9 
6.8 
9.0 
8.9 
Evacuated Tubular Collector 
25 
-1.9 
1.26 
2.7 
3.5 
4.0 
5.7 
5.9 
30 
1.95 
3 1 
3.9 
4.1 
5.4 
6.0 
8.0 
35 
2.37 
2.8 
3.7 
5.5 
5.2 
7.7 
7.0 
40 
2.8 
3.7 
3.5 
4.5 
6.8 
9.05 
9.3 
45 
2.95 
3.5 
48 
6.0 
8.6 
7.9 
Liquified Petroleum Gas 
25 
1.2 
1.33 
3.04 
4.2 
4.36 
6.5 
10.7 
30 
2.6 
3.1 
4.6 
4.4 
6.2 
6.4 
8.9 
35 
2.7 
3.2 
4.5 
6.3 
6.0 
8.5 
8,3 
40 
3.2 
4.1 
4.3 
5.3 
7.7 
10.4 
10.3 
45 
3.3 
4.3 
5.3 
6.2 
9.5 
8.9 
Operating limit of the NaSCN-NH3 mixture due to crystallization. 
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5.5 Minimum Cost of the Energy Sources 
The minimum operating costs for the absorption cycles 
understudy, with different working fluids and sources of energy in 
them, have been obtained. Subsequently, a comparative study has 
been done. Percentage deviation in the operating costs from one 
another for the different cycles, working fluids and the energy 
sources, have been calculated from the relations similar to equations 
(5.2), (5.5), (5.7) and (5.9), respectively by replacing t or t^ ^ with 
the operating costs. 
5.5.1 Absorption Cycle With and Without HRA 
Minimum areas of the ordinary flat plate and the 
evacuated-tubular type solar collectors and minimum volume flow 
rates of the biogas and the liquified petroleum gas (LPG), along 
with their corresponding costs, obtained while varying the generator 
temperature by keeping the evaporator, condenser and the absorber 
temperatures as fixed, have been exhibited against the 
condenser/absorber temperatures in Figs. 5.27 to 5.30 for the 
absorption cycle with and without HRA. It is interesting to see that 
variation in area of the flat plate collector, for any working fluid, and 
the area/volume flow rates of the energy systems for the cycle using 
HjO-NHj mixture are quite typical. These areas and volume flow 
rates, increase rapidly with condenser temperature and become 
quite high at low evaporator temperatures. On the other hand, for 
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Without Heat Recovery Absorber ( S S A C ) 
With Heat Recovery Absorber (HRA) 
Flat Plate Solar Collectors 
CM 
E 
i/i 
I . 
o 
— 
"o 
£ 
o 
130 
no 
90 
70 
50 
o 30 
o 
E 
§ 
'c 
2 
10 
H,0 
- " 
25 35 
J L 0 
LiNO-j - NH, 
120 -
100-
J I I I 0 
NaSCN - NH3 
45 25 35 45 
Tubular Solar Collectors 
-I L J L 
6 0 -
AO-
20 
H - 0 NH-: 
60 
J I I I 0 
LiN03 - NH3 
60 
25 
25 35 45 
NaSCN - NH3 
Ab 25 35 45 ^ 25 
Condenser temperature , t^ ( C ) 
Fig.5.27 Minimum solar collector areas with condenser temperature 
for different working fluids at different evaporator 
temperatures; ( t o = tc ) 
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Without Heat Recovery Absorber (S5 AC ) 
With Heat Recovery Absorber (HRA) 
Biogas 
U -
LiNO- NH- NaSCN - NH^ 
J L _l_ 0 
?c 
J L 
45 25 35 45 25 
Liqui f ied Petroleum G a s ( L P G ) 
35 45 
LiN03- NH3 
0.8 
a6! 
NoSCN - NH, 
0-4-
45 25 35 45 . 25 
Condenser temperature tc , ( C ) 
Fig.5-28 Minimum volume flow rotes of biogas ond LPQ with 
condenser temperature, for different working fluids at 
different evaporator temperatures^ ( ta= tc ) 
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— Without Heat Recovery Absorber (SSAC) 
- - With Heat Recovery Absorber ( H R A ) 
Flat Plate Solar Collector 
H 2 O - N H 3 L i N 0 3 - N H 3 NaSCN - NH3 
/ 
o 
I/) 
n i l I I I 01 I I—I 1 01 I I I I— 
25 35 45 25 35 45 25 35 45 
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Fig.5-29Minimum operoting costs of the solar collectors wi th 
condenser temperoture for various absorption cycles 
at different evaporator temperotureS;(tQ =tc ) 
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Fig.5-30Minimum operating costs of biogos and LPG with the 
condenser temperature for various absorption cycles 
at different evaporator tempertures.(to = tc ) 
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the remaining conditions under study, the solar collector areas and 
the gas volume flow rates increase almost linearly with condenser 
temperature, showing little change in their values at low evaporator 
temperatures. One can also see, the decrease in solar collector 
areas and gas volume flow rates on employing heat recovery 
absorber in absorption cycle. These are much prominent, in case of 
the cycles, operated by the ordinary flat plate collector and the 
one using HjO-NHj mixture. They are obviously due to the drastic 
change found in the COP of the H^O-NHg mixture and in the useful 
heat gain of ordinary flat plate collector on changing the generator 
temperature. 
Variation in the minimum costs of the energy sources 
with the condenser/ absorber temperatures, shown in Figs. 5.29 
and 5.30, are similar to the solar collector areas and the gas volume 
flow rates, plotted in Figs. 5.27 and 5.28. In order to know change in 
operating costs of the absorption cycle under different operating 
conditions, percentage deviation in the costs have been calculated 
in the same way as it was done for the opt imum generator 
temperatures and the optimum coefficients of performance. 
Percentage decrease in the operating costs of the 
absorption system with HRA from those of the cycle without HRA 
are given in tables 5.59 to 5.61. They are around 25 to 37%, 26 to 
45%, 18 to 34% and 26 to 46% for the HjO-NHj, 20 to 29%, 27 to 
30%, 19 to 2 1 % and 28 to 30% for the LiNOj-NH, and 21 to 28%. 
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Table 5.59 Percentage decrease in the minimum operating costs of the cycle with HRA 
from those of the cycle without HRA using H2O-NH3 mixture. 
t , \ t c 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te\ tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
-27.1 
-25.4 
-25.1 
-26.2 
-28.2 
-32.0 
-37.1 
25 
-19.4 
-18.6 
-18.9 
-20.4 
-23.2 
-27.3 
-32.7 
30 
-25.4 
-24.9 
-25.7 
-27.7 
-30.9 
-35.6 
-39.2j 
30 
-18.5 
-18.7 
-20.0 
-22.5 
-26.2 
-31.3 
-34.2 
35 
-26.6 
-28 
-30.1 
-33.1 
-36.7 
-37.0 
40 
- 2 7 4 
-29.2 
-31.9 
-35.8 
45 
-28.3 
-30.7 
-33.5 
Biogas 
35 
-20.2 
-22.1 
-24.7 
-28.1 
-32.5 
40 
-21.5 
-23.8 
-27.1 
-31.1 
1 
-34.0 1 
-36. Oj 1 1 
45 
-23.1 
-26.0 
Evacuated Tubular Collector 
25 
-27.6 
-26.4 
-26 8 
-28.7 
-32.3 
-37.4 
-45.3 
30 
-26.4 
-26.5 
-28.2 
-31.4 
-36.0 
-42.4 
-46.1 
Liquifief 
25 
-27.6 
-26.5 
-27.0 
-29.2 
-32.9 
-38.2 
^ 5 1 
30 
-26.4 
-26.8 
-28.6 
-32.0 
-36.9 
-43.4 
-47.0 
35 
- 2 8 6 
-30.1 
-34.1 
-38.4 
40 
-30.1 
-33.0 
-37.0 
-42.0 ^ 
-43.7 
-45.1 1 
-47.2 J 
45 
- 3 2 0 
-35.7 
Petroleum Gas 
35 
-28.9 
- 3 1 4 
-34.8 
-39.4 
- 4 4 9 
40 
-30.5 
-33.7 
-38.0 
-43.1 
1 
-46 6 1 
-48. I j 1 
45 
-32.8 
-36.6 1 
Operating limit of the cycle with HRA. 
—i — . Operating limit of the cycle without HRA. 
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Table 5.60 Percentage decrease in the minimum operatmg costs of the cycle with HRA 
from those of the cycle without HRA using LiNO.^  -NH? mixture. 
te\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
^ 0 
-50 
-60 
-70 
-80 
t. \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
-289 
-280 
-27.2 
-26.4 
-25.6 
-24.7 
-23.8 
-22,0 
30 
-27.9 
-270 
-26.3 
-25.5 
-24.6 
-23.7 
-22.8 
35 
-26.9 
-26.1 
-25.3 
-24.4 
-23.6 
-22.7 
-21.7 
40 
-259 
-25.2 
-24.3 
-23.4 
-22.6 
-21.6 
-20.4 
45 
25.0 
-24.2 
-23.3 
-22.4 
-21.5 
-20.3 
Biogas 
25 
-21.4 
-21 
-20.9 
-20.4 
-20.1 
30 
-20.9 
-20.6 
-20.3 
-20.0 
-19.8 
-19.9 1-19.6 
-19.7 1 
! 
35 
-20.5 
-20.0 
-19.9 
-19.7 
-19.5 
40 
-20.0 
-19.8 
-19.6 
-194 
45 
-19.7 
-195 
-19.3 
Evacuated Tubu la r Col lector 
25 
-30.2 
-29.5 
-29.1 
-28.6 
-28.2 
-27.9 
-27.5 
-27.0 
30 
-29.4 
-29.0 
-28.5 
-28.1 
-27.7 
35 
-28,8 
-28,4 
-28,0 
-27,6 
-27,3 
-27.4 i-27.0 
-27.3 
40 
-28.2 
-27.8 
-27.5 
-27,1 
-26 8 J 
45 
-27,7 
-27,3 
-27,0 
L iqu i f i ed Petroleum Gas 
25 
-30.3 
-29.8 
-294 
-29.1 
-28.8 
-285 
-28.2 
30 
-29.6 
-29.3 
-28.9 
-28.6 
-28.4 
-28,1 
35 
-29.1 
-28.8 
-28.5 
-28.2 
-28.0 
40 
-28,6 
-28,4 
-28,1 
-27,9 
45 
-28,2 
-27,9 
i 
Operating limit of the cycle with HRA, 
— . . Operating limit of the cycle wathout HRA, 
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Table 5.61 Percentage decrease in the minimum operating costs of the cycle with HRA 
from those of the cycle without HRA using NaSCN-NH; mixture 
u\u 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-^0 
-50 
-60 
-70 
-80 
te \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
-28.0 
-26.9 
-25.9 
-24.8 
-23.6 
-22.4 
-21.1 
30 
-26.8 
-25.8 
-24.7 
-23.6 
-22.4 
-21.0 
35 
-25.7 
-24.7 
-23.5 
-22.3 
-21.0 
40 
-24.6 
-23.5 
-22.3 
-21.0 
45 
-23.4 
-22.2 
-21.0 
Biogas 
25 
-20.7 
-20.3 
-19.8 
-19.3 
30 
-20.2 
-19.7 
-19.3 
-18.9 
35 
-19.6 
-19.2 
-18.8 
40 
-19.1 
45 
Evacuated Tubular Collector 
25 
-29.3 
-28.6 
-27.9 
-27.3 
-26.6 
-26.0 ' 
-25.4 
30 
-28.5 
-27.8 
-27.2 
-26.6 
35 
-27.7 
-27.0 
-26.5 
-25.9 , 
40 
-27.0 
-264 
45 
-26.3 
Liquified Petroleum Gas 
25 
-29.4 
-28,8 
-28.2 
-27.6 
30 
-28.7 
-28.1 
-27.6 
-27.0 
35 
-28,0 
-27.5 
-27.0 
40 
-27.4 
45 
Operating limit of the cycle with HRA 
. _i . Operating limit ofthe cycle without HRA 
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25 to 29%, 18 to 20% and 26 to 29% for the NaSCN-NHj with flat 
plate solar collector, evacuated tubular collector, blogas and LPG 
as the sources of energy, respectively. Interestingly, like those found 
in the optimum values of t^  and COP, the percentage deviation in 
case of the H^O-NHj mixture given in table 5.59, increases with 
increase in absorption/condenser temperature and with decrease in 
evaporator temperature. However, unlike the HjO-NHj mixture, these 
deviations decrease in case of the LiNOg-NHg and the NaSCN-NHg 
mixtures (tables 5.60 and 5.61). The dashed lines in tables 5.59 to 
5.61, indicate the safe operating limits of the cycle without HRA while 
the continuous thick lines show the limit for the cycle with HRA. The 
operating limit for the HjO-NHj solution is 120''C while for the 
LiNOg-NHj and the NaSCN-NHj, there may be cristallization of the 
solid absorbents. 
Effects of changing the working fluid and source of 
energy in the absorption cycle with HRA have also been studied. 
Therefore, percentage deviation in the minimum costs of the cycle 
using LiN03-NH3 and NaSCN-NHj solutions, from those of the cycle 
using the H2O-NH3 mixture, have been obtained and listed in tables 
5.62 and 5.63, respectively. It is found that operating costs of the 
absorption cycle with HRA, using the H2O-NH3 solution are 
considerably higher than those using LiN03-NH3and NaSCN-NHg 
solutions. Decrease in the operating costs of the cycle using the 
LiNOg-NHj solution, from those of the H^O-NHg are around 11 to 
70%, 13 to 64%, 10 to 38% and 14 to 53%, respectively when 
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Table 5.62 Percentage decrease in the minimum operating costs of the cycle with HRA 
using LiN03-NH3 mixture from those of the cycle using H2O-NH3 mixture. 
t . \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-«0 
Flat Plate Solar Collector 
25 
-11.6 
-21.0 
-29.5 
-36.6 
-42.8 
-48.3 
-53.6 
-56.8 
30 
-19.6 
-28.1 
-35.4 
-41.5 
-47.1 
35 
-31.6 
-37.4 
-42.5 
-47.2 
-52 
-52.5 1-56.8 
^-57.8 -64.1 
40 
-36.0 
-41.2 
-46 0 
45 
-40 
^ 4 9 
'-49.8 
-50.9 1 -54.7 
-55.7 
-62.7 
-70.5 
-48.5 
-70 
Biogas 
25 
-9.8 
-16.7 
-22.7 
-27.7 
-32.0 
-35.6 
-38.7 
30 
-15.7 
-21.7 
-26.8 
-31.1 
35 
-24.2 
-28.2 
-31.5 
-34.5 
-34.8 -35.4 
-38.0 
40 
-27.2 
-306 
-336 
45 
-29.7 
-32.8 
Evacuated Tubular Collector 
25 
-137 
-23.2 
-31.4 
-37.9 
-43.3 
-47.8 
-51.7 
-63.5 
30 
-21.8 
-30.1 
-36.7 
-42.2 
-46.7 
-50.7 
^56.2 
35 
-333 
-38.5 
-42.8 
40 
-37.3 
45 
^ 0 . 5 
-41.7 1-44.4 
-454 
-46.5 1 -48.7 
-49.7 
-54.2 
-47.7 
Liquified Petroleum Gas 
25 
-14.5 
-24.2 
-32.3 
-38.8 
-44.2 
-486 
-52.6 
30 
-22.8 
-31.0 
-376 
-43 0 
35 
-34.2 
-39.3 
-43.6 
-47.2 
-47.6 -50.4 
-51.1 
40 
-38 1 
-42.5 
-46.2 
45 
-41.4 
™r 
Operating limit of the LiNO -^NH^ mixture due to crystallization 
"• ~ " Operating limit of the H2O-NH? mixture because temperature becomes 
above 120°C 
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Table 5.63 Percentage decrease in the minimum operatmg costs of the cycle with HRA 
using NaSCN-NH? mixture from those of the cycle using H2 0-NH? mixture. 
t*\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-m 
-70 
-«0 
t . \ t c 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
• 25 
-4.7 
-14.6 
-22.0 
-27.7 
-31.7 
-34.7 
-36.5 
30 
-13.3 
-21.0 
-26.5 
-30.6 
-33.6 
-30.54 
35 
-24.8 
-29 0 
-32.0 
-34.0 
-35.1 
40 
-27.8 
-30.8 
-32.9 
-34.1 
45 
-29.6 
-31.8 
-33.0 
Biogas 
25 
-8.5 
-16 
-22 
-26.8 
-30.8 
-34.1 
.-3I1-J 
30 
-15.1 
-21.7 
- 2 6 8 
-30.1 
-33.3 
-36.2 
1 
35 
-23.6 
-27.5 
-30.6 
-33.2 
1 
1 
40 
-26.6 
45 
- 2 8 . 7 , 
-29.7 1 
-32.4 1 
Evacuated Tubular Collector 
25 
-11.1 
-21.6 
-29.7 
-35.9 
^ 0 . 0 
-45.0 
-48.0 
30 
-20.4 
-28.5 
-34.8 
-39.9 
-44.0 
35 
-32.0 
-36.9 
-40.7 
-43.9 
^ 7 . 3 1 
40 
-35.7 
-39.7 
-42.9 
r ^ ^ aam ^ ^ 
1 
45 
-38.6 
Liquified Petroleum Gas 
25 
-12.9 ^ 
-23.5 
-31 6 
- 3 8 0 
-43.0 
-47.2 
-50.7 
30 
-22.3 
-30.4 
- 3 6 9 
- 4 2 0 
-36 1 
-49.6 
35 
-33.8 
-38.7 
-32.7 
-46.0 
1 
1 
40 
-37.6 
45 
- 4 0 6 
-41.7 1 
-45.0 1 
Operating limit of the NaSCN-NH? mixture due to crystallization 
•" "" ~ Operating limit of the H2O-NH? mixture because temperature becomes 
above 120°C 
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operated by ordinary flat plate collector, evacuated tubular collector, 
biogas and LPG. Similarly, they are 5 to 37%, 11 to 48%, 8 to 37% 
and 13 to 50% lower for the NaSCN-NHg solution, from those of 
HjO-NHg solution, when operated by the same energy sources, 
respectively. 
Comparison of operating costs when using different 
sources of energy also gives interesting results. Percentage 
deviation in the operating costs of the cycle with HRA, when operated 
by the evacuated tubular collector, biogas and LPG, from those of 
the cycle operated by the ordinary flat plate collector, are given in 
tables 5.64 to 5.66 for H^O-NHj, LiNOg-NHj and NaSCN-NH3 
solutions, respectively. Interestingly one can see through these 
tables that operating costs of the cycles powered by evacuated 
tubular collectors are quite high as compared to ordinary flat plate 
collector. Deviation in the operating costs of the cycle using 
evacuated type col lector, decreases as the evaporator 
temperature lowers down and the absorber/condenser temperature 
gets high, becoming even lower than the ordinary flat plate collector 
operated LiN03-NH3 cycle. Maximum increase in the costs of 
evacuated type collector, from those of ordinary flat plate collector 
are 90%, 86% and 78% for H^O-NHj, LiN03-NH3 and NaSCN-NH3 
solutions, respectively, which are at t^=25"'C and t^=0*C. 
On the other hand, cost of the biogas and 
LPG-operated cycles, when compared with ordinary type 
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Table 5.64 Percentage deviation in the minimum operating costs of the cycle with HRA 
operated by the different sources of energy, from those of the cycle operated by the 
ordinary flat plate solar collector, while using the H2 0-NH? mixture. 
t , \ t c 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
80 
t . \ t c 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-«0 
Flat Plate Solar Collector 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0 0 
30 
0.0 
0.0 
0.0 
0 0 
0.0 
0.0 
35 
0 0 
0.0 
0 0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0 0 
45 
0.0 
0.0 
Biogas 
25 
-16.6 
-27.8 
-37.8 
-46.8 
-55.0 
-62.7 
-69.7 
30 
-27.3 
-37.3 
-46.3 
-54.5 
-62 1 
-69.2 
35 
-383 
-46.9 
-54.8 
-62.2 
40 
-46.4 
-54.3 
-61.7 
45 
-53.9 
Evacuated Tubular Collector 
25 
90.5 
77.8 
64.3 
49.9 
34.8 
18.8 
2.0 
30 
38.0 
64.6 
50.3 
35.4 
19.6 
2.9 
35 
64.6 
503 
35.1 
19.3 
40 
50.7 
35.7 
20.0 
45 
36.2 
Liquified Petroleum Gas 
25 
- 3 5 6 
-40.7 
-46.0 
-51.5 
-57.1 
-62 8 
- 6 8 5 
30 
-40 5 
-458 
-512 
-56 8 
-62 5 
-683 
35 
-45.7 
-51.2 
-56 8 
-62.5 
40 
-50.9 
-56.5 
-62.2 
45 
-56.2 
Operating limit of the H^O-NH.^  mixture because temperature becomes 
above 120''C. 
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Table 5.65 Percentage deviation in the minimum operating costs of the cycle with HRA 
operated by the different sources of energy, from those of the cycle operated by the 
ordinary flat plate solar collector, while using the LiNO? -NH? mixture. 
te \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
%\u 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar 
25 
0.0 
0.0 
0.0 
00 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
00 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Collector 
40 
00 
00 
0.0 
0.0 
0.0 
0.0 
0.0 
45 
0.0 
00 
0.0 
00 
0.0 
0.0 
Biogas 
25 
-14.9 
-23.9 
-31.8 
-39.3 
-36.6 
-53.5 
-60.1 
30 
-23.7 
-31.7 
-39.2 
-46.4 
-53.3 
-59.8 
35 
-31 6 
-39.1 
-46.2 
-53.1 
-596 
40 
-39.0 
-46.1 
-52.9 
45 
-46.0 
-52.7 
Evacuated Tubular Collector 
25 
86.0 
72.8 
600 
46.9 
33.5 
19.9 
6.1 
-22.0 
30 
73.0 
60.2 
47.2 
34 
20.4 
6.8 
-7.2 
35 
60.4 
47.5 
34,3 
20.9 
7.4 
-64 
40 
47.7 
34.7 
21,4 
80 
45 
350 
21.8 
8.5 
Liquified Petroleum Gas 
25 
-37,8 
-46.1 
-48.1 
-53.1 
-58 1 
-630 
-67.8 
30 
-429 
-48.0 
-52.9 
-57.9 
-62.8 
-67.5 
35 
-47.8 
-52.7 
-57.7 
-62.5 
-67.3 
40 
-52.5 
-57.4 
-62.3 
45 
-57.2 
-62.0 
Operating limit of the LiNO.^ -NH? mixture due to crystallization. 
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Table 5.66 Percentage deviation in the minimum operating costs of the cycle with HRA 
operated by the different sources of energy, from those of the cycle operated by the 
ordinary flat plate solar collector, while using the NaSCN-NH? mixture. 
t , \ t c 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
0.0 
00 
00 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
00 
0.0 
0.0 
0.0 
35 
0.0 
00 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
45 
00 
00 
0.0 
Biogas 
25 
-19.9 
-29.0 
-37.7 
-462 
30 
-28.8 
-37.5 
-45.9 
-54.1 
35 
-37.3 
-45.7 
-53.9 
40 
-45.5 
45 
Evacuated Tubular Collector 
25 
77.8 
63.3 
48.3 
32.8 
16.6 
30 
63.5 
48.7 
33.2 
17.3 
Liquifie< 
25 
-41.1 
-46.9 
-526 
-58.4 
30 
-46.7 
-84.9 
-58.1 
-63.9 
35 
49.0 
33.7 
17.7 
40 
34.1 
18.2 
45 
Petroleum Gas 
35 
-52.1 
-57.9 
-636 
40 
-57.6 
45 
Operating limit of the NaSCN-NHj mixture due to crystallization 
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collector, are found to be very low. Percentage decrease In the cost 
of the bjogas operated cycles are around 16 to 70%. 15 to 60% and 
20 to 54%, while those of the LPG-operated cycles are 35 to 68%, 
37 to 68% and 41 to 64% for the H^O-NHj, LiNOg-NHj and 
NaSCN-NH3 mixtures, respectively in the absorption cycle with HRA. 
It seems that the LPG-operated cycles, as per the estimation method 
adopted in the present analyses, would be cheaper than the other 
sources of energy under study. However, cost of the biogas and 
LPG-operated cycles are almost equal, except at low values of t^  
and high values of t . 
5.5.2 Two-Stage Dual-fluid Cycle 
Minimum area of the solar collectors and volume flow 
rates of the biogas and LPG, obtained iteratively for cycles in the 
dual fluid system, fixing the evaporator, condenser and the absorber 
temperatures and varying the generator temperature (t^^) o^ ^ ^^ cycle 
at the second stage, have been exhibited against the condenser/ 
absorber temperature in Figs. 5.31 and 5.32. These are the areas 
and volume flow rates corresponding to which the optimum generator 
temperatures in the cycle at the second stage have been selected. 
The area of solar collectors and flow rates of biogas and the LPG 
(Figs. 5.31 and 5.32) in general , increase gradually with the 
condenser temperature. However, operating costs of H2O-NH3 cycle, 
using any of the four sources of energy, and those of the LiNOg-NHj 
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o 
o 
tn 
a 
E 
E 
E 
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Ammonia cycle in the two stage dual-f luid system 
L i Br - H2O cycle in the two stage dual fluid system 
Two stage duel fluid cycle 
Flat Plote Solar Collector 
8 0 -
6 0 -
CM 
E 
^ 60 
o 
20 
H20-NH3/LiBr-H20 LiN03-NH3/LiBr-H20 
80 
.<^^ 
60 
'^05'•''' 4 0 
NQ5CN-NH3/LiBr- H2O 
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25 35 45 25 35 45 25 
Evacuated Tubular Solar Collector 
60 -
40r-
20 
HpG-NHj/L lBr -NH3 L iN03-NH3/L iBr -H20 
6 0 -
NaSCN-NH3/LiBr-H20 
•iB^,-^^'Z 
-2X-i: 
35 45 45 25 35 45 25 
Condenser t empe ra tu re , t^ ( C ) 
Fig.5-31 Minimum oreos of the solor collectors with condenser 
temperoture, for different working fluids in the two stoge 
dual-fluid cycle ot different evoporotor temperotures 
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Ammonia cycle in the two stage dual - f lu id system 
- • — • — L i B r - H 2 0 cycle in the two stage duol-tluid system 
— - - • • — Two stage, dual-f luid cycle 
Liquified Petroleum Gas ( L PG ) 
0 8 -
0.6 -
o 04 
I/) 
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o 
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O 
> 
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3.0 
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- , , - ' " - i a - & ' " 3c 
C , -0^, 
NaSCN-NHg/LiBr-HjO 
65 25 35 65 , 25 
Condenser temperature , t^ (*C ) 
Fig.532 Minimum volume flow rotes of LPG ond biogos with 
condenser temperoture^ for different working fluids in 
the two stage duol- f lu id cycle ot different evoporotor 
temperotures. 
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and the NaSCN-NH, cycle, using only ordinary flat plate collector, 
change considerably on changing the evaporator temperature. This 
is because the useful heat available from the flat plate solar collector 
and COP of HjO-NHg mixture, are very sensitive to change in the 
generator temperature. The same trend was also found in case of 
single stage cycle with and without HRA. 
Figures 5.33 and 5.34 show variation in the minimum 
operating costs of the cycles at two stages and combined 
dual-fluid cycle, using the various working fluids, powered by the 
different sources of energy. The minimum costs, shown in Figs. 
5.33 and 5.34, follow the same trend as seen in Figs. 5.31 and 5.32, 
for they are the corresponding values of the solar collector areas 
and the volume flow rates of the gases, used. 
It is found that operating cost of the ammonia cycle In 
the dual fluid system come out to be lower than the single stage 
cycle, In the same manner as the COP of the ammonia cycle at the 
second stage in the dual-fluid system, improves considerably when 
compared with the single stage ammonia cycle, But in the 
dual-fluid system, since the LiBr-H^O cycle also takes some energy 
for its operation, comparison based upon cost of the combined cycle 
is more important. Therefore, comparison of the dual-fluid cycle has 
been done with the single stage cycle using HRA, the latter being 
cheaper than the cycle without HRA. 
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Ammonia cycle in the two stage dual-fluid system 
— • — • — L i B r - H T O cycle m the two stoge duol-tluid system 
Two siege dual-fluid cycle 
Flat Plate Solar Collector 
NaSCN-NH3/LiBr-H^O 
35 ^5 
NaSCN-NH3/LiBr-H20 
Ub 25 35 ^5 25 
Condenser temperature , t^ (*C ) 
Fig.5-33 Minimum costs of solor collectors with condenser temperature 
for different working fluids in the two stage duel-fluid 
cycle ot different evoporotor temperotures. 
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Ammonia cycle in the two stage dua l - f l u i d system 
- o — • — L i B r - H 2 0 cycle in the two stage dual-fluid system 
Two stage dual - f luid cycle 
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LiNO3-NH3/LiBr-H2050|- NaSCN-NH3/LiBr- H2O 
30 C 
-L 
25 35 
Bioga s 
Cb 
4 0 -
30 
2 0 -
10 
-3o:c. 
25 35 45 
50 
LO - -
30 -
H20-NH3/L iBr -H20 
, u o C - -
5 0 -
40 
30 
LiN03 -NH3/LiBr-H20 
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Fig.5-34 Minimum costs of LPG ond biogos with condenser 
temperature for different working fluids in the two 
stage duol- f lu id cycle at different evoporata temperatures. 
209 
Percentage deviation in operating costs of the cycle 
with HRA, from those of the dual-fluid cycle, have been calculated 
and given in tables 5.67 to 5.69 for HjO-NH, LiNOg-NHj and 
NaSCN-NH3 solutions, respectively. Although the single stage cycle 
with HRA has got limited range of operation, as discussed earlier, in 
case of optimum generator temperatures and COP, yet its operating 
costs are quite low, especially for the absorption cycles operated by 
the energy sources other than the flat plate collector. For HjO-NHg 
solution, they are around 15 to 54% while for LiNOj-NHj and the 
NaSCN-NH3 solutions, they are around 41 to 60%. It is interesting 
to see, in case of H2O-NH3 solution when operated by the ordinary 
flat plate collector (table 5.67), that at low values of evaporator 
temperature and high values of condenser temperature, the single 
stage cycle with HRA becomes costlier than the dual-fluid cycle which 
comes out to be around 39.6% at t^ 2= -15°C and t^=40''C, and about 
9% at t,2 = -30°C. In case of the LiNOj-NHj solution, with the flat 
plate collector, the operating costs of the cycle with HRA becomes 
15.7% higher at t^2=-30''C and t^=40°C; while for NaSCN-NH3 
mixture at t^2=~20''C and t^=35''C, they are almost equal. It is thus, 
obvious that the dual-fluid cycle will be suitable at low evaporator 
and high condenser temperatures, especially when the single stage 
cycle becomes non-operative. 
Percentage deviation in the operating costs of the 
dual-fluid cycle using LiN03-NH3 and NaSCN-NH3 solutions, from 
those with H2O-NH3, in cycle at the second stage have been 
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Table 5.67 Percentage deviation in the minimum operating costs of the cycle with HRA 
from those of the dual-fluid system, using H2 0-NH? mixture. 
te \ tc 
0 
-5 
-10 
-IS 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
80 
t*\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collect 
25 
-41. 
-32. 
-23. 
-14. 
-6.7 
1.33 
9.17 
30 
-30.4 
-20.1 
-9 8 
0.6 
11.7 
23.6 
35 
-14.5 
-4.7 
5.5 
16.8 
29.4 
40 
-2.3 
9.7 
23.2 
39.6 
tor 
45 
11.3 
26.6 
Biogas 
25 
^ 0 . 
-35. 
-30 
-26. 
-22. 
-19. 
-16. 
30 
-34.4 
-29.6 
-25.3 
-21.7 
-18.5 
-15.9 
35 
-25.6 
-21.7 
-189 
-16.5 
40 
-20 8 
-17.4 
-15 1 
45 
-16.1 
Evacuated Tubular Collector 
25 
-53.9 
-46.3 
-39.2 
-36.2 
-34.5 
-33 5 
-342 
30 
^7 .1 
-39.4 
-32.6 
-30.0 
-28.4 
-28 1 
35 
-36.2 
-29.2 
-26.9 
-26.3 
40 
-30.2 
-23.4 
-21.3 
45 
-24.3 
Liquified Petroleum Gas 
25 
-51.2 
-46 7 
-43.3 
^0 .8 
-39.4 
-39.0 
-39.8 
30 
-44.0 
-40.0 
-37.1 
-35.2 
-34.2 
-34.3 
35 
-34.0 
-32.7 
-32.0 
-32.2 
40 
-27.7 
-26.9 
-26 8 
45 
-21.0 
Operating limit of the cycle with HRA 
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Table 5.68 Percentage deviation in the minimum operating costs of the cycle with HRA 
from those of the dual-fluid system, using LiNO? -NH3 mixture. 
t , \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t . \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar 
25 
-51.8 
^7.4 
-43.6 
-40.5 
-36.4 
-31.2 
-25.0 
-8.0 
30 
-47.8 
-43.5 
-39.0 
-35.1 
-29.9 
-23.1 
-14.7 
35 
-44.0 
-39.2 
-33.8 
-28.4 
-22.1 
-13.1 
-1.7 
Collector 
40 
-40.1 
-34.3 
-27.9 
-21.5 
-12.6 
-0.56 
15.7 
45 
-35.9 
-29.0 
-21,1 
-12.7 
0.95 
15.6 
Biogas 
25 
-45.4 
-44.6 
-44.0 
-44.1 
-44.0 
-43.6 
-55.0 
30 
-44.1 
-43.6 
^3 .3 
-43.5 
-43.4 
-55.0 
35 
-43.2 
-42.7 
^2 .7 
-42.9 
-42,9 
40 
-42.3 
-41.9 
^2 .0 
45 
-41.3 
^1 .1 
Evacuated Tubular Collector 
25 
-58.6 
-57.1 
-56.4 
-56.2 
-55.8 
-55.0 
-54.3 
-52.8 
30 
-56,9 
-55,9 
-55,3 
-55.2 
-54.8 
-54.1 
-53.4 
35 
-55.6 
-54.6 
-54.2 
-54.2 
-53.8 
-53.2 
40 
-54.3 
-53.4 
-53.1 
-53,1 
45 
-52,9 
-52.2 
-52.0 
Liquified Petroleum Gas 
25 
-60.0 
-59.0 
-58,8 
-59,0 
-58.9 
-58,6 
-58,3 
30 
-58.8 
-58.2 
-58.2 
-58.4 
-58.4 
-583 
35 
-57.8 
-57.4 
-57.5 
-57.8 
-57.9 
40 
-56,8 
-56,5 
-56.8 
45 
-55.6 
-55.4 
Operating limit of the cycle with HRA. 
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Table S.69 Percentage deviation in the minimiun operating costs of the cycle with HRA 
from those of the dual-fluid system, using NaSCN-NH? mixture. 
t , \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t . \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
-50.7 
-46.4 
^1 .3 
-35.3 
-27.0 
-18.7 
-6.8 
30 
^6.7 
-414 
-34.9 
-26.9 
-16.7 
-3.2 
35 
-42.0 
-35.3 
-26.8 
-15.8 
-0.96 
40 
-36.3 
-27.5 
-16.2 
-8.54 
45 
-29.2 
-8.96 
-1.85 
Biogas 
25 
-46.0 
-45.2 
-44.3 
-43.6 
30 
-45.3 
-444 
-43.7 
-42.8 
35 
-44.3 
-43.1 
-42.7 
40 
-43.3 
45 
Evacuated Tubular Collector 
25 
-59.0 
-58.0 
-56.6 
-55.3 
-53.9 
30 
-57.9 
-56.7 
-55.4 
-53.9 
35 
-56.6 
-55.3 
-53.9 
40 
-55.2 
-53.8 
45 
Liquified Petroleum Gas 
25 
-60.8 
-60.1 
-59.3 
-58.4 
30 
-60.0 
-59.3 
-62.3 
-57.7 
35 
-59.2 
-584 
-57.6 
40 
-58.2 
45 
Operating limit of the cycle with HRA. 
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calculated and given in tables 5.70 and 5.71, respectively. It is seen 
(tables 5.70 and 5.71) that at high evaporator temperatures operating 
costs of the cycle using HjO-NHg mixture, becomes cheaper than 
those using the other f lu ids. However, as the evaporator 
temperatures lowers down, cost of the H^O-NHj cycle increases. 
Thus, decrease in the operating costs of the dual-fluid cycle, using 
LiNOg-NHg, from those using H^O-NHg, with the ordinary collector, 
evacuated collector, biogas and LPG as the energy sources, are 
around 76%, 50%, 56% and 70%, respectively. And for NaSCN-NHg 
mixture, they are around 40%, 33%, 11% and 35%, respectively. 
Similarly, comparison of the cost, with respect to the 
energy sources, given in tables 5.72 to 5.74 for the HjO-NHg, 
LiN03-NH3 and NaSCN-NHg, respectively show that the dual-fluid 
cycle operated by the evacuated type collector will be very costly, 
whereas, those operated by the gases will be the cheapest. 
Percentage deviation in the cost of the evacuated type collector, 
biogas and LPG-operated dual-fluid cycle, from those of the ordinary 
type collector exhibited in the tables 5.72 to 5.74, show that the 
evacuated type collector would be around 6 to 117%, 19 to 117% 
and 41 to 114% costlier while using H^O-NHg, LiNOg-NHg and 
NaSCN-NHg mixtures, respectively. On the other hand, the biogas 
and LPG operated cycles would be around 18 to 80% cheaper than 
those operated by the ordinary type collector. 
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Table 5.70 Percentage deviation in the minimum operating costs of the dual-fluid 
cycle using the LiNOj -NH3 mixture from those of the same cycle using the 
H2O-NH3 mixture 
t,\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t,\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
7.8 
1.7 
-4.2 
-9.4 
-16.0 
-23.9 
-32.4 
-51.2 
-74.5 
30 
7.1 
1.5 
-4.4 
-9.4 
-15.8 
-23.6 
-32.0 
-51.0 
-72.5 
35 
4.6 
-1.95 
-8.3 
-13.9 
-20.2 
-27.2 
-35.2 
-52.5 
-76.0 
40 
4.4 
-1.9 
-7.8 
-12.7 
-19.0 
-26.3 
-34.2 
-51.7 
45 
4.25 
-1.7 
-7.4 
12.0 
-18.0 
-25.2 
-33.1 
'-50.7 
Biogas 
25 
-1.54 
-2.04 
-3.5 
-4.8 
-6.3 
-8.5 
-10.4 
-34.5 
-56.0 
30 
0.0 
-2.2 
-3.3 
^ . 3 
-6.0 
-8.2 
-10.5 
-34.5 
-53.5 
35 
0.0 
-1.7 
-2.9 
^ . 1 
-5.9 
- 8 0 
-11.7 
-35.6 
40 
0.0 
-1.26 
-2.6 
-3.7 
-5.4 
-7.5 
-9.8 
-34.7 
45 
0.0 
0.0 
-2.2 
-3.5 
-5.2 
-7.5 
-9,9 
-34.0 
Evacuated Tubular Collector 
25 
7.6 
1.4 
^ 4 
-9.4 
-15.7 
-22.9 
-304 
-47.2 
-50.9 
30 
7.1 
1.0 
-4.5 
-9.5 
-15.6 
-22.6 
-30.1 
-46 7 
-50.4 
35 
4.8 
-2.9 
- 8 8 
-13.9 
-19.9 
-26.5 
-33.3 
-48.3 
-50.7 
40 
4.3 
-2.7 
-8.4 
-13.5 
-19.4 
-25.9 
-32.6 
-47.2 
45 
4.4 
-2.5 
-7.9 
-13.0 
-188 
-25.2 
-31.8 
^-46.3 
Liquified Petroleum Gas 
25 
4,5 
-1.4 
- 6 7 
-116 
-17.5 
-24.3 
-31.5 
-46.9 
-70.4 
30 
4.8 
-1.07 
- 6 2 
-11.1 
-17.1 
-23.8 
-30.9 
-46.5 
-68. Oj 
35 
2.8 
-4.2 
-9.8 
-15.0 
-20.9 
-27.3 
-33.9 
-47.8 
1 
40 
3.7 
-3.3 
-8.9 
-14.1 
- 1 9 9 
-26.3 
-32.9 
-47.1 
45 
4.2 
-2.8 
-8.3 
-135 
-19.4 
-25.7 
-32.3 
Operating limit of the LiNOa-NHs mixture due to crystallization. 
. . . . Operating limit of the H2O-NH3 mixture because temperature becomes 
above 120°C 
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Table 5.71 Percentage deviation in the minimum operating costs of the dual-fluid 
cycle using the NaSCN-NHs mixture from those of the same cycle using the 
H2O-NH3 mixture 
t , \ t c 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t , \ t c 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
1.14 
1.08 
1.02 
-4.8 
-11.6 
-18.5 
-25.6 
-40.8 
-61.7 
30 
1.13 
1.08 
1.02 
- 4 4 
-10.9 
-17.6 
-24.5 
-39.3 
-56.9, 
35 
1.106 
1.04 
-1.9 
-8.4 
-15.2 
-21.0 
-27.4 
-40.1 
40 
1.107 
1.05 
-1.4 
-7.5 
-13.6 
-19.6 
-25.7 
-38.1 
45 
1.106 
1.05 
-0.76 
-6.5 
-12.2 
-18.0 
-24,0 
Biogas 
25 
0.0 
0.0 
-2.1 
-4.5 
-7.0 
-9.3 
-11.5 
-32.9 
-56.0 
30 
1.7 
0.0 
-1.8 
-4.0 
-7.6 
-9.1 
-11.6 
-33.8^ 
35 
1.9 
0.0 
-1.7 
-3.9 
-6.6 
-8.9 
-11.1 
-34.7 
-53.6j 
40 
2.7 
1.26 
0.0 
-3.3 
-6.0 
-8.3 
-10.7 
-31.6 
45 
3.3 
1.4 
0.0 
-3.3 
- 5 7 
-8.2 
-10.5 
r~""~" 
Evacuated Tubular Collector 
25 
12.0 
5.5 
-1.5 
-8.7 
-15.9 
-23.2 
-30.8 
-47.1 
-70.2 
30 
8.7 
5.2 
-1.7 
- 8 7 
-15.7 
-23 0 
-30.3 
-46.5 
-67.7 
Liquifie< 
25 
7.5 
2.1 
-4.8 
-11.7 
-18.6 
-25.6 
-32.9 
-45 1 
-70.8 
30 
8.8 
2,4 
-4.4 
-11.2 
-18.1 
-25,1 
-32,3 
-45,7 
-68 5 
35 
8.8 
1.2 
-6.1 
-13 1 
-20.0 
-26.7 
-33.5 
-480 
40 
8 9 
15 
-5.7 
-12,6 
-19.3 
-25.9 
-32.6 
-43,3 1 
45 
9,1 
1,7 
-5.3 
-12,0 
- 1 8 6 
-25,1 
-31,4 
Petroleum Gas 
35 
6.8 
-0.83 
-8.1 
-15.1 
-21 9 
-28,5 
-35,1 
-46,9 
1 
40 
7.8 
0,12 
-7.2 
-14.2 
-20.9 
-27.5 
-34.1 
45 
8.3 
061 
-6,7 
-13.6 
-20,3 
-26.8 
-32,5 
- 4 3 . 3 j ~ 
Operating limit of the LiNO -^NHa mixture due to crystallization 
« . . . Operating limit of the H2O-NH3 mixture because temperature becomes 
above 120°C 
216 
Table 5.72 Percentage deviation in the minimum operating costs of the dual-fluid 
cycle operated by the different sources of energy, from those of the cycle operated 
by the ordinary flat plate solar collector using the H2 O-NH3 mixture 
t,\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t , \ t . 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Biogas 
25 
-17.6 
-24.7 
-31.6 
-38.4 
-45.5 
-52.8 
-60.1 
-67.2 
-80.0 
30 
-22.8 
-28.8 
-35.1 
-41.5 
-48.0 
-54.7 
-61.6 
-68.2 
-80.2 
35 
-29.0 
-35.3 
-41.1 
-47 
-53.1 
-59.0 
-65.1 
-70.0 
40 
-33.8 
-39.3 
-44.5 
-49.8 
-55.1 
-60.7 
-66.4 
-71.3 
45 
-38.8 
-43.4 
^ 7 . 9 
-52.6 
-57.4 
-62.4 
-67.8 
Evacuated Tubular Collector 
25 
117.3 
112.5 
107.3 
100.2 
91.4 
81.1 
69.2 
40.4 
88 
30 
109.8 
106.2 
101.2 
94.6 
86.5 
76.7 
65.2 
36.8 
6.1 
Liquifie< 
25 
-25.2 
-24.7 
-27.1 
-30.2 
-340 
-38.2 
-43 
-54 6 
-65.8 
30 
-26 
-27.8 
-30.0 
-32.9 
-36.3 
^ 0 . 2 
-44.8 
-55.9 
-66.1 
35 
102.7 
99.7 
95.3 
89.3 
80.7 
72.1 
60.8 
36.0 
40 
93.7 
91.5 
87.9 
82.6 
75.4 
66.9 
56.2 
28.6 
45 
83.4 
82.1 
79.3 
74.9 
68.9 
60 9 
51.0 
Petroleum Gas 
35 
-29.5 
-31.0 
-32.9 
-35.5 
-39.0 
-42.4 
-46 7 
-57.4 
40 
-33.7 
-34.7 
-36.3 
-38.5 
-41.3 
-44.7 
^ 8 . 8 
-58.0 
45 
-38.2 
-38.9 
-40.1 
-41.9 
-44.2 
-47.3 
-51.0 
Operating limit of the H2O-NH3 mixture because temperature becomes 
aKn^ /o 1 ')(\'°r above 120°C 
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Table 5.73 Percentage deviation in the minimum operating costs of the dual-fluid 
cycle operated by the different sources of energy, from those of the cycle operated 
by the ordinary flat plate solar collector using the LiNOs -NH3 mixture 
t , \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t,\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar CoUector 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Biogas 
25 
-24.8 
-27.5 
-31.1 
-35.3 
-39.2 
-43.2 
-47.2 
-55.8 
-65.5 
30 
-28.6 
-31.4 
-344 
-38.2 
-42.0 
-45.6 
-49.4 
-57.5 
-66.6 
35 
-32.5 
-35.2 
-37.7 
-41.0 
-44.8 
-48.2 
-52.4 
-59.3 
40 
-36.6 
-38.9 
-41.3 
^W.6 
-47.6 
-50.7 
-45.9 
-61.2 
45 
-41 
-42.9 
-45,0 
-48 
-50.8 
-53.6 
-56.6 
-63.1 
Evacuated Tubular Collector 
25 
116.9 
111.8 
106.9 
100,0 
92.1 
83.6 
74.2 
52 
24.7 
30 
109 8 
105.2 
100.9 
94.3 
86.9 
78.9 
69 9 
58.6 
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35 
102.1 
98.0 
94.3 
89.0 
81.2 
73.7 
65.3 
44.9 
19.2 
40 
93.5 
900 
86.7 
81.0 
74.7 
67.8 
59.9 
40.7 
45 
83.7 
808 
78,1 
72.9 
67.2 
609 
637 
35.8 
Liquified Petroleum Gas 
25 
-24.8 
-27.0 
-29.0 
-31.9 
-35.2 
-38.5 
-42.2 
-50,5 
-60.2 
30 
-27.6 
-29.6 
-314 
-34.2 
-37.2 
-40.4 
-43.9 
-51.8 
35 
-30.7 
-32.5 
-34.0 
-36.4 
-39.5 
-42,4 
^ 5 . 7 
-53.2 
40 
-34.1 
-35.7 
-37.0 
-39.5 
-42.0 
-44,7 
-47.7 
-54.8 
45 
-38.3 
-39.6 
-40.7 
-42.9 
-45.2 
-47.6 
-50.4 
Operating limit of the LiNOj-NHj mixture due to crystallization 
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Table 5.74 Percentage deviation in the minimum operating costs of dual-fluid cycle 
operated by the different sources of energy, from those of the cycle operated by the 
ordinary flat plate solar collector using the NaSCN-NHs mixture 
t , \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t , \ tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
00 
0.0 
0.0 
0.0 
00 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
00 
40 
0.0 
0.0 
0.0 
00 
0.0 
0.0 
0.0 
00 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0 0 
0.0 
Biogas 
25 
-26.8 
-30.4 
-34.2 
-38.2 
-42.7 
-47.4 
-52.5 
30 
-30.6 
-34.0 
-37.5 
^ 1 3 
-46.1 
-500 
-549 
35 
-346 
-38.2 
-41 1 
-44.4 
-484 
-52.6 
-57.3 
40 
-386 
-41 3 
-44.2 
-476 
-51.2 
-55.2 
45 
-42.8 
-45.3 
-48 0 
-51.0 
-54.2 
-58.0 
Evacuated Tubular Collector 
25 
114.3 
108.0 
100.5 
91.9 
82.1 
70.7 
57.5 
30 
107.0 
101 
94.1 
86.0 
76.4 
65.4 
52.5 
Liquifiec 
25 
-26.0 
-287 
-31.8 
-35.3 
-39.2 
-43.6 
-48.6 
30 
-28.9 
-31 5 
-34.4 
-33.7 
-41.4 
-45.6 
-50.5 
35 
99.2 
93.7 
86.9 
79.6 
70.5 
59.8 
47.3 
40 
90.6 
856 
79.6 
72.5 
63.9 
63.7 
41.7 
45 
80.9 
75.5 
71.1 
64.5 
56.6 
47.0 
Petroleum Gas 
35 
-32 
-34.4 
-37.2 
-40.2 
-43.7 
-478 
-52.4 
40 
-35.4 
-37.6 
-40 
-43 
-46.3 
-50.1 
45 
-396 
-41.5 
^ 3 . 7 
-463 
-49.3 
Operating limit of the NaSCN-NHs mixture due to crystallization 
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5.6.3 Two-Stage Absorption and Evaporation Cycle 
The minimum areas of solar collectors and the 
minimum volume flow rates of biogas and LPG, selected by varying 
the generator temperatures in two-stage absorption and 
evaporation cycle, corresponding to which optimum values of t and 
COP were obtained, have been plotted in Figs. 5.35 and 5.36. They 
increase gradually with condenser temperature, being higher for low 
evaporator temperatures. It is also seen that the area and the volume 
flow rates of the flat plate operated cycles and HjO-NHg cycle 
increase drastically as compared to the other fluids and the sources 
of energy understudy, which vary almost linearly. Similar type of 
variations were also observed in the areas and volume flow rates of 
the energy sources in case of the dual-fluid cycle. These being due 
to the useful heat gain, from the ordinary flat plate solar collector, 
and the COP of the cycle, using HjO-NHg solution, which depends 
highly on the generator temperatures, as discussed before. For 
the purpose of comparison, the operating costs of the single stage 
absorption cycle without HRA have also been presented in Figs. 3.35 
and 3.36. It is interesting to see that area of the flat plate 
collector for two-stage absorption-evaporation cycle using any of 
the working fluids, come out to be quite low, especially at low 
evaporator and high condenser temperatures. Similar type of 
results are obtained for two-stage absorption-evaporation cycle 
using HjO-NHg mixture, operated by any of the energy sources. On 
the other hand, area of the evacuated tubular collector and volume 
220 
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for various working fluids at different evaporator temperatures 
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flow rate of the gases in TSAEC, using LiNOg-NHj and the 
NaSCN-NHg solutions, are found to be considerably high. 
However, at low evaporator and high condenser temperatures, when 
the single stage cycle fa i ls , the two stage absorpt ion and 
evaporation cycle would operate well because of the reduced 
generator temperatures. Here, compar ison of the two stage 
absorption and evaporation cycle has been done with the single 
stage cycle, unlike the comparative study carried out in case of the 
dual-fluid cycle. This is because both the TSAEC and the dual-fluid 
cycle give similar results for coefficient of performance, generator 
temperatures and amount of the energy sources. 
The minimum operating costs, corresponding to the 
areas and volume flow rates have been presented in Figs. 5.37 and 
5.38 against the condenser temperature. The operating costs follow 
the same trend with respect to the areas and volume flow rates in 
Figs. 5.35 and 5.36. One can see reduction in the operating costs at 
the low evaporator and the high condenser temperature from those 
of the single stage cycle without HRA. Since the single stage cycle 
with HRA gives better performance and low operating costs, as 
compared to the single stage cycle without HRA, a comparative study 
has been done between the TSAEC and the cycle with HRA. Tables 
5.75 to 5.77 give percentage deviation in the operating costs of the 
cycle with HRA from those of the two stage absorption and 
evaporation cycle, for the safe working range of the cycle with HRA. 
From the tables 5.75 to 5.77 it is seen that except for some 
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Table 5.75 Percentage deviation in the minimum operating costs of the cycle with 
HRA from those of the two stage absorption evaporation cycle (TSAEC), using the 
H2O-NH3 mixture. 
t*\tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t . \ t c 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
-49.2 
-36.4 
-32.4 
-28.9 
-26.3 
-24.0 
-22.5 
30 
-37.4 
-22.6 
- 1 8 4 
-14.7 
-11.2 
-7.4 
35 
-23.3 
-7.6 
-5.8 
-3.3 
0.35 
40 
-7,5 
11.6 
14.3 
19.0 
45 
11.9 
36.0 
Biogas 
25 
^ 1 . 7 
-35.1 
-33.8 
-33.3 
-33.6 
-35.0 
-37.2 
30 
-36.1 
-29.9 
-29.3 
-29 5 
-30.5 
-32.3 
35 
-31.0 
-26.3 
-28.0 
-29.9 
40 
-26.6 
-22.2 
-24.5 
45 
-22.4 
Evacuated Tubular Collector 
25 
-54.8 
^ 6 . 6 
-44.7 
-43.9 
-44.2 
-45.6 
-48.3 
30 
-47.7 
-39.4 
-38.4 
-38.5 
-39.6 
-41.7 
Liquifief 
25 
-55.7 
-48.2 
^ 6 . 6 
-46.0 
-466 
-48.2 
-50.8 
30 
-49.3 
-42 0 
-41.3 
-41.6 
-42.9 
-44.7 
35 
-40.7 
-33.9 
-35.9 
-38.2 
40 
-34.2 
-27.5 
-30.5 
45 
-27.7 
Petroleum Gas 
35 
-43.4 
-37.7 
-39.9 
-42.4 
40 
-38.1 
-32.7 
-35.7 
45 
-329 
Operating limit of the cycle with HRA 
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Table 5.76 Percentage deviation in the minimum operating costs of the cycle with 
HRA from those of the two stage absorption evaporation cycle (TSAEC), 
using the LiNO^ -NH3 mixture 
te\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t*\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
-55.8 
53.1 
-509 
-49.1 
-46.9 
-43.7 
-39.8 
-290 
30 
-50 
-477 
-45.2 
-43.0 
-40.2 
-36 1 
-30.9 
35 
-43.9 
-41.3 
-38.3 
-35.6 
-31.9 
-26.3 
-19.1 
40 
-36.7 
-33.7 
-30.0 
-26.4 
-21.1 
-13.5 
-2.9 
45 
-28.2 
-24.5 
-21.7 
-14.6 
-7.2 
-4.0 
Bioeas 
25 
-48.8 
-479 
-47.5 
-47,4 
-47.0 
30 
-47.2 
-46.8 
-46.6 
-46.6 
-46 3 
-46 5 -46.0 
-460 
35 
-46 
-45.7 
-45.6 
-45.8 
-45.7 
40 
-448 
-44.7 
-44.9 
45 
-43.7 
-43.8 
Evacuated Tubular Collector 
25 
-62.5 
-61.3 
-60.6 
-60.4 
-60.0 
-59.2 
-58.5 
-568 
30 
-60.3 
59.7 
-59.3 
-59.2 
-58.8 
-58.2 
-57.5 
35 
-58.5 
58.1 
-57.9 
-57.9 
-57.7 
-57.1 
Liquified Petro 
25 
-63.7 
-62.7 
-62.3 
-62 3 
-62.0 
-61.5 
-60.9 
30 
-62.1 
-61.7 
-61.5 
-61 6 
-61 4 
-61.0 
35 
-60.9 
-60.7 
-60.8 
-60.9 
-60.9 
40 
-567 
-56.5 
-56.5 
-56.6 
45 
-55.0 
-55.0 
-55.0 
eum Gas 
40 
-59.8 
-59.8 
-60.0 
45 
-588 
-590 
Operating limit of the cycle with HRA 
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Tablr 5.77 Percentage deviation in the minimum operating costs of the cycle with 
HRA from those of the two stage absorption evaporation cycle (TSAEC), using 
the NaSCN-NHa mixture 
te\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t . \ t c 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Fl 
25 
-55.6 
-53.0 
- 4 9 9 
^ 6 1 
-414 
-35.5 
-27.6 
lat Plati 
30 
-50.2 
-47.1 
-43.1 
-38.0 
-31.5 
-22.7 
i Solar 
35 
-43.5 
-39.5 
-34.0 
-27.0 
-17.4 
Collector 
40 
- 3 5 0 
-29 6 
-22.2 
-11.7 
45 
-24.2 
-165 
5.3 
Bioeas 
25 
-494 
-486 
-47.7 
^6.4 
30 
-48.3 
-47.6 
-46 8 
-45.9 
35 
-47.2 
-46.5 
-45.8 
40 
- 4 6 0 
45 
Evacuated Tubular Collector 
25 
-630 
-620 
-60.8 
-596 
-58.4 
30 
-614 
-60.5 
-59.4 
-58.2 
35 
-59.7 
- 5 8 8 
-57.7 
40 
-57.9 
-57.0 
45 
Liquified Petroleum Gas 
25 
-64.3 
-63.5 
-626 
-61.5 
30 
-63.2 
-62.5 
-61.7 
-60.8 
35 
-62.2 
-61.6 
-60.8 
40 
-61.2 
45 
Operating limit of the cycle with HRA. 
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operating conditions, in case of the ordinary flat plate operated 
H2O-NH3 cycle, the operating costs of the TSAEC are generally 
higher than those of cycle with HRA, decreasing towards the low 
evaporator and high condenser tennperatures. 
With the ordinary flat plate collector, 
evacuated-tubular collector, biogas and LPG as the energy 
sources, the percentage deviation in the operating costs for 
H ,0 -NH, solution are +0.35 to -49%, - 2 7 to -55%, -22 to - 4 2 % 
2 3 
and - 3 2 to - 5 6 % respectively. However, for the LiNOg-NHg 
solution, they a re -4 t o - 5 6 % , - 55 to -63%, -45 t o - 4 9 % and 
- 5 9 t o - 6 4 % , and for NaSCN-NHg solution, they are 5 to -55%, 
-57 to - 6 3 % , -46 to - 5 0 % , and -61 % to - 6 4 % , respectively for the 
same sources of energy. Thus, one can see the range of variation in 
operating costs, which are very large for the flat plate operated 
cycles, little less for the evacuated-tubular collector; being least but 
almost equal for the biogas and LPG operated cycles. These may 
be due to, the effect of generator temperatures on the heating values 
of the gases and the useful heat gains from solar collectors, 
and their respective cost relationship. 
Thus, deviation in the operating costs, given in tables 
5.75 to 5.77, show that the single stage cycle with the heat recovery 
absorber will be more economical, especially at high evaporator 
and low condenser temperatures. However, for the evaporator 
temperatures beyond -30°C. and in some cases beyond-15°C, 
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the single stage cycle may not operate due to the limitation 
discussed earlier. The only alternative then remains is to use either 
the dual-fluid cycle or the two stage absorption and evaporation 
cycle. 
Percentage deviation in the operating costs of two 
stage dual-fluid cycle, from those of two stage absorption and 
evaporation cycle, for different working fluids and sources of energy, 
are presented in tables 5.78 to 5.80. The negative deviations in the 
operating costs, given in the tables 5.78 to 5.80, show that the 
operating costs of two stage absorption and evaporation cycle are 
more than those of two stage-dual fluid cycle, except for some 
conditions in case of the flat plate operated cycles, where the 
dual-fluid cycle has high operating costs. It is seen that the deviation 
in the operating costs for HjO-NHj solution, becomes more towards 
the low evaporator and the high condenser temperatures, while for 
LiNOj-NHj and the NaSCN-NHg solutions, they are generally more 
towards the low condenser and high evaporator temperatures. 
However, the range of deviation in the operating costs of the two 
cycles is very large in case of the ordinary flat plate collector, around 
+7.4 to - 4 4 % for the H^O-NHg, +12 to - 3 4 % for the LiNOg-NHj and 
+7 t o -30% for NaSCN-NHj mixture. In case of H^O-NHg solution, 
while operated by evacuated type solar collector, biogas or LPG, 
decrease in the operating costs of the dual fluid cycle, from those 
of the TSAEC, a r e - 5 to - 34%, -0 .26 t o - 3 0 % a n d - 3 t o -34%, 
respectively. With the same sources of energy, decrease in the costs 
ZJU 
Table 5.78 Percentage deviation in the minimum operating costs of the dual-fluid 
system from those of the TSAEC, using the H2 O-NH? mixture 
t , \ t . 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t,\te 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Fl 
25 
-13.5 
-^1 
-11.8 
- 1 6 6 
-21.0 
-25.0 
-28.9 
-36.0 
- 3 8 0 
lat Plate Solar 
30 
-10.0 
-3.0 
-9.5 
-15.2 
-20.4 
-25.2 
-29.5 
-37.4 
-43.6 
35 
-102 
- 2 9 
-10.7 
-17.2 
-22.5 
-27.8 
-32.3 
^0 .2 
r - 3 8 8 
Collector 
40 
-5.3 
1.7 
-7.3 
-148 
-21.1 
-269 
-31.9 
^0.6 
-40.3 
45 
0.6 
7.4 
-3.0 
-117 
-19.0 
-25.5 
-31.2 
-41.0 
Bioeas 
25 
-2.0 
-0.26 
-5.0 
-9.2 
-13.9 
-18.9 
-24.3 
-18.7 
-19.0 
30 
-2.5 
-0.5 
-5.4 
-9.9 
-14.6 
-19.5 
-24.9 
- 1 8 8 
-21.7 
35 
-7.2 
- 5 8 
-11.2 
-16.0 
-20.5 
-25.2 
-30 1 
-220 
-183 
40 
-7.3 
-5.9 
-11.3 
-16.2 
-20 7 
-25.4 
-30.3 
-22.9 
-19.7 
45 
-7.4 
-5.7 
-11.2 
-16.2 
-20.8 
-25.3 
-30.2 
' - 2 3 6 
Evacuated Tubular Collector 1 
25 
-123 
-5.7 
- 9 0 
-120 
-15 1 
-18.2 
-21.5 
-28.2 
-29.1 
30 
-114 
- 4 9 
- 8 7 
-121 
-15.6 
-19 
-22.4 
-29.6 
-327 
Liquifiei 
25 
-9.1 
-2.8 
-5.9 
-8.9 
-119 
-151 
-185 
-26.3 
-289 
30 
-9.5 
-3.2 
- 6 6 
-10.0 
-132 
-166 
-20.0 
-28.1 
-31 1 
35 
-14.5 
-7.7 
-12.2 
-16.1 
-19.7 
-23.1 
-26.5 
-32.6 
^ -27.9 
40 
-13.5 
- 6 8 
-11.7 
-159 
-19.7 
-23.3 
-26.8 
-33.6 
-29.5 
« : 
- 1 2 6 
-5.9 ' 
-11.2 
-15.7 1 
-19.7 I 
-23.5 1 
-27.2 
-34.3": 
1 
' 
Petroleum Gas 
35 
-14.1 
-7.4 
-11.5 
-15.1 
-184 
-21.6 
-24.8 
-31.6 
-264 
40 
-144 
-7.9 
-12.2 
-15.9 
-19.3 
-22.6 
-25.9 
-32.5, 
-28 1 
45 
-15.0 
-8.6 
-12.9 
-16.8 
-20.3 
-23.6 
-26.9 
-33.5 
Operating limit of the TSAEC 
— — - Operating limit of the dual-fluid cycle 
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Table 5.79 Percentage deviation in the minimum operating costs the dual-fluid system 
from those of the TSAEC, using the LiNOs -NHi mixture 
t,\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
-8.3 
-109 
-129 
-14.5 
-16.5 
-18.4 
-19.8 
-22.9 
-25.9 
-28.8 
30 
-4.2 
-7.6 
-101 
-12.3 
-147 
-16.9 
-189 
-23.1 
-27.0 
-31 0 
35 
0.33 
-3.6 
-6.9 
-10.0 
-12.6 
-15.2 
-17.7 
-22.7 
-27.6 
-32.6 
40 
5.7 
0.9 
-2.9 
-6.3 
-9.8 
-13.0 
-16.1 
-22.1 
-28.0 
-34.0 
45 
120 
64 
15 
- 2 2 
- 6 4 
-101 
-138 
-20 1 
Biogas 
25 
-6.2 
-5.8 
-6.0 
-5.7 
-5.4 
-5.1 
-4.7 
- 4 0 
-3.3 
30 
-5.4 
-5.6 
-5.6 
-5.3 
-5.2 
-4.9 
-4.6 
-3.9 
-3.4 
35 
-4.8 
-5.2 
-5.1 
-5.0 
-4.9 
-4.8 
-6.0 
-4 1 
40 
-4.3 
-4.8 
-5.0 
-A.9 
-4.7 
-4.6 
-4.4 
-4.2 
45 
-4.0 
-4.5 
-4.7 
- 4 8 
- 4 8 
-4.7 
- 4 7 
- 4 4 
Evacuated Tubular Collector 
25 
-9 3 
-9.9 
-9.7 
-9.6 
-9.5 
-9.3 
-9 1 
-8.6 
-8.2 
- 7 1 
30 
-7.9 
-8.7 
- 8 8 
-8.8 
-8.9 
-8.8 
-8.8 
-10 
-8.4 
35 
-6.6 
-7.5 
-8.0 
-8.1 
-8.3 
-8.4 
-8.5 
-8.5 
40 
-5.4 
- 6 6 
-7.2 
-7.4 
-7.8 
-8.0 
-8.2 
-8.5 
-8.6 1 
Liquified Petro 
25 
-9 0 
-9.1 
-8.6 
-8.0 
-7.6 
-6.9 
-6.3 
-5.1 
- 3 8 
30 
-8.11 
-8.4 
-10.0 
-7.6 
-7.6 
-6.7 
-6.2 
-5.3 
1 
35 
-7.4 
-7.8 
-7.7 
-7.3 
-7.0 
-6.6 
-6.2 
-5.3 
45 
-4.4 
- 5 8 
-6.5 
- 6 9 
-7.4 
-7.8 
- 8 0 
-8.5 
eum Gas 
40 
-6.9 
-7.5 
-7.5 
-7.2 
-7.0 
-6.7 
-6.4 
-5.6 
45 
-7.2 
-7.9 
- 7 8 
-7.80 
-7.7 
-7.5 
-7.3 
-6.6 
Operating limit of the TSAEC 
— — - Operating Hmit of the dual-fluid cycle 
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Table 5.80 Percentage deviation in the minimum operating costs of the dual-fluid system 
from those of the TSAEC, using the NaSCN-NHs mixture. 
u\u 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
-9 8 
-12.4 
-14.6 
-16.7 
-18.7 
-20.6 
-22.3 
-25.6 
30 
-6.4 
-9.7 
-12.6 
-15.2 
-17.8 
-20.3 
-22.6 
-27.1 
35 
-2.7 
-6.6 
-9.9 
-13.4 
-16.6 
-19.7 
-22.6 
-28.4 
40 
1.8 
-2.9 
-7.2 
-11.2 
-15.0 
-18.7 
-22.3 
-29.4 
45 
7.1 
1.5 
-3.6 
-8.3 
-12.9 
-17.3 
-21.6 
Biogas 
25 
-6.2 
-6.1 
-5.9 
-5.6 
-5.5 
-5.4 
-4.9 
30 
-5.4 
-5.6 
-5.4 
-5.2 
-6.3 
-5.1 
-5.0 
35 
-5.1 
-^.0 
-5.3 
-5.1 
-5.2 
-5.2 
-5.1 
40 
-4.6 
-4.8 
-4.7 
-5.1 
-5.1 
-5.1 
i 
-5.2 
45 
-4.3 
-4.7 
-4.9 
-5.2 
-5.3 
-5.4 
Evacuated Tubular Collector 
25 
-9.5 
-9.8 
- 9 9 
-9.9 
-9.8 
-9.8 
-9.7 
30 
- 8 3 
- 8 8 
- 9 1 
- 9 3 
- 9 5 
-9.6 
-9.8 
35 
-7.2 
-7.9 
-8.4 
-13.6 
-9.1 
-9.5 
-9.7 
40 
-6.3 
-7.2 
-7.8 
-13 1 
-8.9 
-9.4 
- 9 9 
45 
- 5 4 
-6 5 
-7.4 
-8 1 
-8.8 
-9.4 
Liquified Petroleum Gas 
25 
-8.9 
-8.7 
-8.3 
-7.9 
-7.4 
-7.0 
-6.5 
30 
-8.1 
-8.0 
-7.8 
-7.6 
-7.3 
- 6 9 
-6.6 
35 
-7.5 
-7.6 
-7.5 
-7.4 
-7.2 
-7.0 
-6.8 
40 
-7.2 
-7.4 
-7.5 
-7.4 
-7.4 
-7.3 
1-7.2 
45 
-7.6 
-7.9 
-8 1 
- 8 2 
J8_2__ 
Operating limit of the TSAEC 
— — - Operating limit of the dual-fluid cycle. 
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for LiNOj-NHg and NaSCN-NHg solutions, are - 4 to - 1 0 % . - 3 to 
- 6 % and - 5 to - 9 % respectively. A comparative study has also 
been done for knowing the effects of changing the working fluid and 
the source of energy in two stage absorption evaporation cycle. 
For this purpose, percentage deviation in the operating costs of 
TSAEC using LiN03-NH3 and NaSCN-NHg solutions, from those of 
HjO-NHj solution, has been calculated and given in tables 5.81 and 
5.82, respectively. Intererstingly, one can see from these tables, 
thatfor some operating conditions, especially at high evaporator 
and low condenser temperatures, operating costs of the two 
stage absorption-evaporation cycle for LiN03-NH3 and 
NaSCN-NHg solutions are more than the one using H2O-NH3 
solution. While the negative deviations in table 5.81 and 5.82, 
show that with H2O-NH3 mixture in the two stage absorpt ion 
evaporation cycle, the operating cost may increase up to 80% 
from the cycle using the LiN03-NH3 and NaSCN-NHg solutions. 
Percentage deviation in the operating costs of the two 
stage absorption evaporation cycle, operated by means of 
evacuated tubular collector, biogas and LPG, from those of the 
ordinary type flat plate collector, are given in Tables 5.83 to 5.85. 
The evacuated tubular type solar collectors, having sophisticated 
construction and high quality materials, are much costlier, rising up 
to 114%, 120% and 114% from the ordinary type collector when 
using H^O-NHg, LiN03-NH3 and the NaSCN-NH3 solut ions 
respectively, in the two stage absorption evaporation cycle. On the 
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Table 5.81 Percentage deviation in the minimum operating costs of the TSAEC using 
the LiNOs-NHs mixture from those of the cycle using theH2 0-NH3 mixture 
t*\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
te\tc 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Colled 
25 
1.7 
7.25 
-2.95 
-11.6 
-20.5 
-30.3 
-40.1 
-59.5 
-78.6 
30 
0.65 
6.5 
-3.8 
-12.4 
-21.4 
-31.1 
-40 8 
-60.0 
-78.7 
35 
-6.4 
-1.3 
-12.1 
-20.8 
-29.2 
-38.1 
-46.6 
-63.2 
-79.7 
40 
-6.5 
-1.1 
-12 
-20.6 
-29.2 
-38.0 
-46.7 
-63.2 
-80.1 
tor 
45 
-6.4 
-0.77 
-11.5 
-20,5 
-29.1 
-380 
-46.5 
-63.2 
Biogas 
25 
2.8 
3.7 
-2.6 
- 8 3 
-14.7 
-21.7 
-29.0 
-44 5 
-63.0 
30 
2.2 
3.1 
-3.1 
-9.0 
-15.4 
-22.3 
-29.5 
-449 
-62.2 
35 
-3,1 
-2.4 
-9.15 
-15.2 
-21.4 
-27.8 
-34.3 
^ 7 6 
-64.1 
40 
-2.9 
-2.3 
-9.0 
-15.2 
-21.3 
-27.7 
-34.2 
-47.4 
-64.5j 
45 
-3,0 
-2,1 
- 8 9 
-15.0 
-21.2 
-27,3 
-34.0 
-47,1 
Evacuated Tubular Collector 
25 
4.1 
6 1 
-3.6 
-119 
-20.1 
-30.4 
-40.0 
-58.5 
-77.4 
30 
3 1 
5.2 
-4.3 
-128 
-21.8 
-31.2 
-40.5 
-58.9 
-76.7 
35 
-4.6 
-3,0 
-13.0 
-21 5 
-29.9 
-38.3 
-46.5 
-61.9 
-78.5 
40 
-4.6 
-2.9 
-12.9 
-21.4 
-29.8 
-38.2 
- 4 6 2 
-61 6 
-78.81 
45 
-4.5 
-2.6 
-126 
-21,2 
-29,6 
-380 
-460 
-614 
1 
Liquified Petroleum Gas 
25 
4.3 
5.5 
-3.9 
-12.4 
-21.4 
-30.9 
-40.3 
-58.9 
-77.6 
30 
33 
4.5 
-4,8 
-134 
-22,4 
-31 8 
-41.8 
-59 5 
-76.9 
35 
- 4 6 
-3.8 
-136 
-22.2 
-30,6 
-39.0 
-47,0 
-62 3 
-78.9 
40 
-4.6 
-3.7 
-13 5 
-22.4 
-30.5 
-38.9 
-46.9 
-62.1 
-79.0j 
45 
-A.5 
-3,5 
-13.2 
-21.9 
-30.3 
-386 
-466 
-61 8 
Operating limit of the LiNOa-NHs mixture due to crystallization 
_ » . Operating limit of the H2O-NH3 mixture because temperature becomes 
above 120°C. 
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Table 5.82 Percentage deviation in the minimum operating costs of the TSAEC using the 
NaSCN-NHj mixture from those of the cycle using the H: O-NH3 mixture. 
u\u 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t . \ tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
9.0 
15.6 
5.2 
-4.7 
-14.1 
-23.1 
-320 
-49.0 
-667 
25 
5.4 
6 0 
- 1 2 
- 8 3 
-153 
-224 
-296 
-448 
-629 
30 
88 
15.8 
5.4 
-^.4 
-138 
-22.6 
-31.2 
^7.8 
-64.6 
30 
4.9 
5.5 
-1.8 
-8.8 
-158 
-229 
-30.0 
-44.8 
-62.0 
35 
2.1 
84 
-2.7 
-12.5 
-21.2 
-29.1 
-36.4 
-50.0 
-63.7 
Biogas 
35 
--0.3 
-0.06 
-7.8 
-15 
-21.7 
-28.2 
-346 
-47.1 
-642 
40 
2 9 
9.7 
-1.5 
-11.2 
-19.8 
-27.6 
-34.8 
- 4 8 0 
-61.7 
40 
-0.2 
13 
-7.7 
-14.8 
-21.5 
-27.9 
-343 
^ 5 1 
-64.2 
45 
3.9 
11.1 
-0.2 
- 9 9 
-184 
-26 1 
-33.2 
-44.1 
45 
0.0 
0.42 
-7.4 
-14.5 
-21.2 
-27.6 
-34 1 
-37.0 
Evacuated Tubular Collector 
25 
86 
10.3 
-0.5 
-10.9 
-20.8 
-30.4 
-39.8 
-57.8 
-766 
L 
25 
806 
8.6 
-2.3 
-12.7 
-226 
-32.1 
-414 
-588 
-77.8 
30 
7.9 
9.7 
-1.2 
-11.5 
-214 
-30.9 
-40.1 
-58.0 
-75.7 
.iquifiec 
30 
7.2 
7.8 
-3.2 
-13.5 
-234 
-328 
-420 
-59.6 
-77.0 
35 
0.2 
14 
-10.0 
-20.1 
-29.3 
-37.7 
-45.8 
-60.7 
-77.3 
40 
0.5 
1.9 
-9.7 
-19.7 
-28.9 
-37.3 
-45.3 
-58.8 
-77.5 
45 
0.95 1 
1 2.5! 
1 
-9.2 1 
-19.3 1 
-28 4 ' 
-36 8 ' 
-44 7 i 
^^IV i 
1 
1 Petroleum Gas 
35 
-0.8 
-0.66 
-12.1 
-22.2 
-31.3 
-39.7 
-47.7 
-619 
-78.7 
40 
- 0 6 
-0.44 
- 1 1 9 
-22 
-31.1 
-39.5 
- 4 7 4 
-59.7 
- 7 9 0 
45 
- 0 4 
-0.09 
-116 
-21.7^ 
-30 7 
-39 1 
-465 
-50 1 
Operating limit of the NaSCN-NHs mixture due to crystallization. 
— _ . Operating limit of the H2O-NH3 mixture because temperature becomes 
above 120°C 
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Tabic 5.83 Percentage deviation in the minimum operating costs of the TSAEC operated by the 
different sources of energy, from those of the cycle operated by the ordinary flat plate solar 
collector using the Hj O-NH3 mixture 
u\u 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-W 
-70 
-SO 
u\u 
0 
-5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plat 
25 
0 0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0 0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
te Solar Collector 
35 
0.0 
0.0 
0.0 
0 0 
0.0 
0.0 
0.0 
0 0 
0.0 
40 
0.0 
0 0 
0.0 
0.0 
0.0 
0.0 
0.0 
0 0 
0.0 
45 
0.0 
0.0 
00 
00 
0.0 
00 
0.0 
0.0 
Bioeas 
25 
-27.0 
-29.1 
-364 
-434 
-500 
-564 
-626 
-74 1 
-846 
30 
-28.7 
-30.6 
-37.9 
-44.9 
-51.6 
-57.9 
-63.9 
-75.3 
-85.7 
35 
-31.3 
-33.3 
^ 0 9 
-47.8 
-543 
-604 
-662 
-77.0 
-863 
40 
-324 
-34,45 
- 4 2 0 
-48.9 
-55.4 
-61 5 
-673 
-77.9 
-87.0 
45 
-33.47 
-35.5 
^ 3 1 
-50 1 
-565 
-62.5 
-682 
-787 
Evacuated Tubular Collector 
25 
114.3 
1117 
1009 
89 8 
78.2 
660 
53 1 
25 1 
-4.7 
30 
113 
110.3 
99.3 
878 
75.7 
63.2 
502 
21 6 
-11.1 
Liquifiec 
25 
-26.0 
-27.2 
-31 6 
-36 1 
-40 7 
-454 
-50.3 
-604 
-706 
30 
-26.5 
-27.67 
- 3 2 2 
- 3 6 8 
^ 1 6 
-46.4 
-41.7 
-61 5 
-72.6 
35 
113.0 
110.2 
98.7 
86 8 
74.4 
61.6 
48.1 
18.1 
-10.9 
40 
111.9 
1090 
97.2 
85.1 
72.4 
59.1 
45.1 
14.9 
-13.9 
45 
110 9 
107.9 
95.7 
83.2 
70.3 
568 
42.6 
11.9 
Petroleum Gas 
35 
-264 
-27.6 
-32.3 
-37.1 
-41 9 
^6 .9 
-520 
-62.7 
-72.5 
40 
-2668 
-27.9 
-32.7 
-37.7 
-426 
-47.7 
-52.9 
-637 
-73.5 
45 
-26 96 
-28.2 
-33.3 
-38.3 
-43.4 
-48.5 
-53.8 
-648 
Operating limits of the H2O-NH3 mixture because temperature becomes 
above 120°C 
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Table 5.84 Percentage deviation in the minimum operating costs of the TS AEC operated 
by the different sources of energy, from those of the cycle operated by the ordinary flat 
plate solar collector using the LiNO? -NH3 mixture 
t , \ t c 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-SO 
-<in 
-70 
-80 
t . \ t c 
0 
- 5 
-10 
- 1 5 
-20 
- 2 5 
-30 
-40 
-50 
-60 
-70 
-80 
F 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
25 
-26.4 
-31.5 
-36.2 
-41.3 
-46.4 
-51.0 
-55.6 
-64.5 
laLElati 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0,0 
0.0 
0.0 
30 
-27.7 
-32.8 
-32.3 
-42.8 
-47.8 
-52.8 
-57.0 
-65.9 
pSnIar 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Biotas 
35 
-28.9 
-34.1 
-35.5 
^ 4 . 1 
-49.2 
-55.1 
-58.3 
-67.2 
rollectf 
40 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
-29.9 
-35.3 
-40.0 
-45.4 
-50.4 
-55.0 
-59.6 
-68.4 
>r 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
45 
-31.0 
- 3 6 4 
-69 7 
-46.6 
-51.6 
-56.2 
- 6 0 7 
-69 5 
Eva 
25 
119.5 
109.3 
99.6 
89 1 
77.2 
65.7 
53.6 
28.3 
0.6 
-29 1 
L 
25 
-24.2 
-28.4 
-29.8 
-36.7 
-41 4 
-45.9 
-50.5 
-59.7 
cuated 
30 
118.2 
107.7 
99.9 
86.9 
74.9 
63.1 
50.9 
25.0 
- 2 7 
iauifie^ 
30 
- 2 4 6 
-28.9 
-32.9 
-37.5 
-42.3 
-46.8 
- 5 1 4 
-60.8 
Tnhula 
35 
117 1 
106.4 
99.9 
85.0 
72.8 
60.9 
48.5 
22.3 
Petrol 
35 
-24.9 
-29.4 
-33.4 
-38.2 
-43.1 
-49.6 
-52.3 
-61.8 
r Collector 
40 
116.1 
105.2 
95.3 
83.2 
70.9 
58.7 
46.2 
19.7 
eum Ga 
40 
-25.2 
-29.8 
-33.9 
-38.8 
-43.7 
- 4 8 4 
-53.1 
-62.7 
45 
115.2 
104.0 
0.0 
816 
69.1 
56.8 
44.0 
17.3 
IS 
45 
-25.5 
-30.1 
-48.4 
-39.4 
-44.3 
-49.9 
-53.9 
-63.5 
Operating limit of the LiN03-NH3 mixture due to crystallization 
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Table 5.85 Percentage deviation in the minimum operating costs of the TSAEC operated by 
the different sources of energy, from those of the cycle operated by the ordinary flat plate 
solar collector using the NaSCN-NH3 mixture 
t , \ tc 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
t , \ t c 
0 
- 5 
-10 
-15 
-20 
-25 
-30 
-40 
-50 
-60 
-70 
-80 
Flat Plate Solar Collector 
25 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
30 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
35 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
40 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
45 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
0.0 
Biogas 
25 
-296 
-35.0 
-40.3 
-45.5 
-50..7 
-55.9 
-61.2 
30 
-31.3 
-36.8 
-42.2 
^ 7 . 4 
-52.7 
-58.0 
-63.3 
35 
-32.9 
-38.5 
^ 3 . 9 
-49.3 
-54.6 
-598 
-65.2 
40 
-34.5 
-40.2 
-45.6 
-51.0 
-56.3 
-61.6 
-66.9 
45 
-359 
-41.7 
^ 7 . 2 
-52.6 
-57.9 
-63.3 
Evacuated Tubular Collector 
25 
113.6 
101 9 
89,9 
77.4 
64.2 
50.2 
35.5 
30 
111.2 
99.2 
86.7 
73.8 
60.2 
45.9 
35.7 
35 
109.0 
96 5 
83.7 
70.4 
56.5 
41.8 
26.2 
40 
106.9 
94.0 
80.8 
67.3 
52.9 
37.8 
22.1 
45 
104.8 
91 6 
78.2 
64 1 
49.5 
34.1 
Liquified Petroleum Gas 
25 
-26.7 
-31.6 
-36.5 
-41.5 
^ 8 1 
-51.8 
-5Z2 
30 
-27.6 
-32.6 
-37.7 
-42.8 
-46.1 
-53.4 
-589 
35 
-284 
-33.6 
-383 
-44 1 
-493 
-54.9 
-60.5 
40 
-29.2 
-34.5 
-39.9 
-45.3 
-50.7 
-56.3 
-61.9 
45 
-299 
-35.4 
-40.9 
-464 
-51.9 
-57.6 
Operating limit of the NaSCN-NHs mixture due to crystallization 
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Other hand, the biogas and LPG operated cycles are found to be 
cheaper than the ordinary flat plate operated cycles, being 
-27 to -87% and -26 to -74% for HjO-NH,, -26 to -70% and -24 
to -63% for LiNOj-NHg, while -30 to -70% and -26 to -62% for 
NaSCN-NH^ solutions, respectively. 
6. CONCLUSIONS 
Economic analysis of a few energy sources has been carried 
out and the optimum generator temperatures obtained corresponding 
to the minimum operating costs of an absorption cycle with a heat 
recovery absorber, a two-stage dual-fluid absorption cycle and a 
two stage evaporation/absorption cycle. 
The conclusions that emerge out of this study are as follows: 
1. The coefficient of performance of the cycle using 
water-ammonia mixture increases with t , reaches to a 
g 
maximum value, and then decreases gradually with further 
increaseintjj, whereas COP of the cycle using LiNOg-NHg 
and NaSCN-NHg solutions reach to maximum values and 
become almost constant at high generator-temperatures. 
The same variation is observed in the two stage absorption-
evaporation cycle with t and the cycle at the second stage 
of the dual-fluid system with t^^. 
2. The optimum COP of the LiBr-H^O cycle at the first stage in 
the combined dual-fluid cycle remains constant for all values 
of tjj2 and tg2. irrespective of working fluid being used in the 
cycle at second stage. However, the optimum generator 
temperature t^ ^ depends upon the type of energy used . 
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The maximum value of COP for the two stage absorption 
evaporation cycle, the combined dual-fluid cycle and the 
ammonia cycle at the second stage, appear relatively at 
very low generator temperatures as compared to the single 
stage cycle. 
Area of solar collectors and flow rate of gases, including 
their costs, decrease from high values, become minimum and 
then increase as generator temperature increases, the 
optimum generator temperatures being selected for the 
minimum energy requirement. 
The optimum generator temperatures vary linearly with 
condenser temperature for fixed temperatures in 
evaporator. For the single stage cycle without HRA, ammonia 
cycle at the second stage of dual-fluid system and two 
stage absorption evaporation cycle, the optimum generator 
temperatures are related with condenser and evaporator 
temperatures in the respective form given below: 
t^=mt^-nt^+c. 
to2=mt,2-nt^, + c. 
t^  = mt^-nt^,+ c. 
The optimum generator temperatures in the system using heat 
242 
recovery absorber (HRA) are slightly higher than those in the 
system without HRA. For ordinary flat plate collector operated 
cycle, they are higher by around 7%. However, for other 
energy sources, they increase by 2 to 14% in case of 
H2O-NH3 solution and by 3 to 5% in case of LINO3-NH3 and 
NaSCN-NH3 solutions. 
7. Among the three fluids selected for use in the single stage 
absorption cycle with HRA, the optimum generator 
temperatures in case of NaSCN-NH3 solution come out to be 
relatively higher than those of Hp-NHg and LiN03- NH3 
solutions. When compared with the optimum generator 
temperatures of H2O-NH3 cycle using HRA, percentage 
deviation in their values, from those of LiN03-NH3 solution, 
are -5 to 2%, 3 to 10%, 9 to 14%, and 10 to 16%. And from 
those of NaSCN-NHj solution, they are 5 to 20%, 16 to 
20%, 19 to 25%, and 22 to 32% when operated by flat plate 
collector, evacuated tubular collector, biogas and LPG, 
respectively. 
8. Percentage deviation in the optimum generator temperature 
of the single stage cycle with HRA operated by evacuated-
tubular collector, biogas and LPG, from those of flat plate 
collector operated cycle are respectively, 10 to 36%, 13 to 
26%, and 15 to 30% for LiN03-NH3; while 11 to 18%, 16 to 
23%, and 18 to 26% for NaSCN-NH3. However, for 
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H,0-NH„ they are around 3 to 10%. 
9. The optimum generator temperatures, t^ ^ in the cycle at the 
second stage of dual-fluid system are found to be around 
17 to 90% lower than the temperatures in the single stage 
cycle with heat recovery absorber. 
10. In case of the flat plate collector operated dual-fluid cycle , 
deviation in the optimum value of t^^, in the cycle at second 
stage using LiNOj-NHg solution from those of H2O-NH3 
solution are very nominal, the latter having little higher values 
at low evaporator temperatures. However, in case of evacuated 
tubular collector, biogas and LPG-operated dual-fluid cycle, 
high temperatures are found. They are around 1 to 20%, 1 to 
16%, and 3 to 18% in LiNOg-NHjand 17 to 33%, 20 to 41%, 
and 20 to 45% in NaSCN-NHj, respectively. 
11. Increase in the optimum generator temperatures of the 
dual-fluid cycle operated by evacuated type collector, biogas 
and LPG from those of the flat plate operated cycle are 3 to 
15%, 3 to 20% and 5 to 21 % in case of LiNOg-NHg mixture; 
while for NaSCN-NHg mixture, they are 5 to 16%, 9 to 20% 
and 11 to 22%, respectively. However, for H2O-NH3 mixture, 
they Increase only up to 5%. 
12. Decrease in the optimum generator temperatures of the two 
stage absorption-evaporation cycle (TSAEC) from those of 
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the single stage cycle with HRA are nearly 23 to 85%. 
13. The optimum generator temperatures in the TSAEC becomes 
lower than those in the dual-fluid cycle, especially at low 
evaporator temperatures. 
14. The possibility of operating the dual-fluid and the two stage 
absorption/evaporation cycle, unlike the single stage cycle 
with and without HRA, increases even at very low evaporator 
temperatures, requiring relatively low generator temperatures. 
15. The problem of crystallisation of the solid absorbents in 
LiN03-NH3 and NaSCN-NHg mixtures, especially at low 
evaporator temperatures and high condenser temperatures, 
can be eliminated by using either the two stage dual-fluid cycle 
or two stage absorption-evaporation cycle. However, at the 
evaporator temperatures below-40°C, crystallisation may 
occur at some operating conditions. 
16. Comparison of the optimum values of t , in the two stage 
absorption-evaporation cycle using different fluids, with 
H2O-NH3 solution, show that high generator temperatures, upto 
9%, 11% and 12% in LiN03-NH3, and 26%, 31%, and 33% 
In NaSCN-NH3 are found for the tubular collector, biogas and 
LPG, repectively. However, for the flat plate collector, low values 
of tjj (upto -10%) in case of LiN03-NH3 while high values 
(upto +10%) in case of NaSCN-NH3 fluids are observed. 
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17. For the two stage absorption-evaporation cycle operated 
by evacuated type collector, biogas and LPG, Increase in t 
from the cycle operated by flat plate collector are 
respectively, 8 to 12%, 7 to 17%, 9 to 23% for LiN03-NH3 and 
8 to 13%. 12 to 17%. 12 to 19% for NaSCN-NH_; being only 1 
to 3% for the H2O-NH3 mixture. 
18. The optimum values of COP in the single stage cycle, two 
stage dual-fluid system and the two stage absorption-
evaporation cycle (TSAEC), decrease almost linearly with 
condenser temperature in case of LiN03-NH3 and 
NaSCN-NH3 mixtures. However, for H^O-NHg mixture in the 
dual-fluid and the TSAEC cycles, it decreases gradually, with 
a little faster rate at around 30 to 35°C temperatures in the 
condenser. 
19. Increase in the coefficient of performance of the absorption 
cycle with HRA is around 36 to 95%, 32 to 44% and 25 to 
44% in case of H^O-NHg, LiN03-NH3 and NaSCN-NH3 
mixtures, respectively. 
20. Increase in COP of LiN03-NH3 and NaSCN-NH3 from those of 
H2O-NH3 in the cycle with HRA are 14 to 175%, 17 to 179%, 
17 to 113%, 17to114%and 11 to 77%, 15 to 104%, 15 to 
106% and 15 to 107%. respectively, when powered by flat 
plate solar collector, evacuated tubular collector, biogas and 
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LPG. 
21. Percentage increase in the optimum values of COP for 
evacuated-tubular solar collector, biogas and LPG operated 
cycle with HRA, from those operated by the flat plate solar 
collector, are around 1 to 9%, 3 to 23%, and 4 to 12% for 
H2O-NH3, LiNOg-NHj and NaSCN-NHg mixtures respectively; 
they being more at high values of t^  and low values of t^ . 
22. The conditions at which the cycle with HRA can operate 
easily, percentage increase in its COP from those of the dual-
fluid cycle are around 25 to 102%, 38 to 124%, 28 to 100%, 
and 29 to 100% for H^O-NHg, 94 to 149%, 128 to 152%, 
129 to 153% and 127 to 153% for LiNOg-NHjand 94 to 152%, 
139 to 157%, 141 to 158% and 140 to 158% for NaSCN-NH3 
solution when using ordinary flat plate solar collector, 
evacuated tubular collector, biogas and LPG, respectively. 
However, these deviations become low as the evaporator 
temperature goes down and the condenser temperature 
becomes high. 
23. Increase in COP of the combined dual-fluid cycle, while 
operating by means of the evacuated type collector, biogas 
and LPG, from those of the ordinary flat plate collector powered 
cycle, are around 1 to 5%, 2 to 10% and 2 to 10%, respectively 
for H2O-NH3, LiN03-NH3 and NaSCN-NH3 mixtures. 
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24. Like those found in case of the dual-fluid cycle, COP of two 
stage absorption-evaporation cycle are also low as compared 
to those of single stage cycle with HRA. 
25. Percentage increase in COP of the dual-fluid cycle from those 
of the two stage absorption/evaporation cycle, are around 5 
to 50%, 3 to 11% and 4 to 11% for H^O-NHj, LiNOg-NHgand 
NaSCN-NHg solutions, respectively. With increasing values 
of t^  and decreasing value of t^ , these deviations become more 
in case of H2O-NH3 mixtures. However, in case of 
LiNOg-NHg and NaSCN-NHg mixtures, they get reduced. 
26. COP of the two stage absorption evaporation cycle using 
LiNOg-NHgand NaSCN-NHg mixtures are generally higher than 
the one using H2O-NH3 solution; increasing upto 364% at 
low evaporator and high condenser temperatures . However, 
at high evaporator temperatures, COP of H^O-NHg mixture 
becomes more, like those found also in the dual-fluid cycle. 
27. Water-ammonia solution in the two stage absorption-
evaporation cycle (TSAEC) may be operated using any of 
the energy sources, because there is no appreciable 
difference in its performance with change in the energy 
source. 
28. Lithium nitrate-ammonia and NaSCN-NHg solutions in the 
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TSAEC, when operated by the evacuated type collector, biogas 
and LPG, result in high values of COP, around 2 to 16% from 
those when operated by the flat plate collector. These are 
same as found in case of the dual-fluid cycle. Therefore the 
dual-fluid and the two stage absorption-evaporation cycle, 
using LiNOg-NHg and NaSCN-NHg solution should be operated 
preferably by the energy sources-other than the ordinary flat 
plate collector. 
29. For the flat plate collector-operated absorption cycles (using 
any of the working fluids) and the H2O-NH3 cycles (operated 
by any type of the energy sources), area of the solar collectors 
and volume flow rate of the gases, increase rapidly with the 
condenser temperature and become quit high at low 
evaporator temperatures. However, for absorption cycle using 
other energy sources and the working fluids, they increase 
almost linearly with the condenser temperature; showing slightly 
higher values at low evaporator temperatures. 
30. Percentage decrease in the operating cost of the absorption 
system with HRA from those of the cycle without HRA are 
around 25 to 37%, 26 to 45%, 18 to 34% and 26 to 46% for 
H2O-NH3; 20 to 29%, 27 to 30%, 19 to 21 % and 28 to 30% for 
LiNOg-NHg and 21 to 28%, 25 to 29%, 18 to 20% and 26 to 
29% for NaSCN-NHg with flat plat solar collector, evacuated 
tubular collector, biogas and LPG as the sources of energy, 
respectively. 
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31. Operating costs of the absorption cycle with HRA, using 
H^O-NHg solution, are considerably higher than those of the 
cycle using LiNOg-NHg and NaSCN-NH^ solutions. Decrease 
in the operating costs of the cycle using LiN03-NH3from those 
of H2O-NH3 are around 11 to 70%, 13 to 64%, 10 to 38% and 
14 to 53% respectively when operated by ordinary flat plate 
collector, evacuated tubular collector, biogas and LPG. 
Similarly, while using NaSCN-NH3 solution they are 5 to 37%, 
11 to 48 %, 8 to 37%, 13 to 50%, lower from those of 
H2O-NH3 solution when operated by the same energy sources, 
respectively. 
32. Maximum increase in the operating costs of the evacuated 
type collector from those of the ordinary flat plate collector 
are 90%, 86% and 78% for H2O-NH3, LiN03-NH3 and 
NaSCN-NHg solutions respectively, which are at t^ =25°C and 
t^=0°C. On the other hand, cost of the biogas and LPG-
operated cycle, when compared with that of the ordinary type 
collector, are found to be very low. Percentage decrease in 
the costs of the biogas operated cycle are around 16 to 70%, 
15 to 60%, 20 to 54%, while those of the LPG-operated cycle 
are 35 to 68%, 37 to 68% and 41 to 64% for H2O-NH3, 
LiNOg-NHgand NaSCN-NHg mixtures, respectively in the 
absorption cycle with HRA. The LPG-operated cycle seem to 
be cheaper than the other sources of energy under study. 
250 
However, costs of the biogas and LPG-operated cycle are 
almost equal, except at low values of t^  and high values of t^ . 
33. Although the single stage cyde with HRA has got limited range 
of operation, yet its operating costs are quite low, for the 
cycles operated by the energy sources other than the flat 
plate collector. For H^O-NHg solution, they are around 15 to 
54%, while for UN03-NH3and NaSCN-NHj solutions, they 
are 41 to 60%. However, for the ordinary flat plate collector 
operated cycle, especially at low evaporator and high 
condenser temperature the single stage cycle with HRA 
become costlier than the dual-fluid cycle. The dual-fluid cycle 
would, thus be suitable at low evaporator and high condenser 
temperatures. 
34. At high evaporator temperatures, the cycle using H2O-NH3 
mixture has the operating costs cheaper than those using the 
other fluids. But, as the evaporator temperature becomes low, 
its operating cost increases. Thus, decrease in the operating 
costs of LiNOg-NHg from those of H2O-NH3 in the cycle at the 
seond stage of the dual-fluid system, with the ordinary collector, 
evacuated collector, biogas and LPG as the energy sources 
are, respectively 76%, 50%, 66% and 70% and with 
NaSCN-NHg mixture, they are around 40%, 33%, 11% and 
35%, respectively. 
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35. Comparison with the ordinary type collector, show that the 
evacuated type collector would be costlier by around 6 to 
117%, 19 to 117% and 41 to 114%, respectively for 
H2O-NH3, LiNOg-NHg and NaSCN-NHj mixtures used in the 
dual-fluid cycle. While the biogas and LPG-operated 
cycles would be around 18 to 80% cheaper than those 
operated by the ordinary type collector. 
36. Although, high operating costs, as compared to the cycle with 
HRA, are found in case of the TSAEC, operated by the 
evacuated-tubular solar collector, biogas and LPG. The 
operating costs of the flat plate operated TSAEC get reduced, 
especially at low evaporator and high condenser temperature. 
37. Except for some operating conditions in case of the ordinary 
flat plate operated H2O-NH3 cycle, the operating costs of 
the TSAEC are generally higher than the cycle with 
HRA; decreasing towards low evaporator and high 
condenser temperatures. With ordinary flat plate collector, 
evacuated-tubular collector, biogas and LPG as the energy 
sources, percentage deviation in the costs of the cycle with 
HRA from those of the TSAEC, for H2O-NH3 solution are 
+0.36 to -49%, -27 to -55%, -22 to - 42% and -32 to -56%, 
for LINOa-NHg, they are-4 to -56%, -55 to -63%,-45 t o -
49% and -59 to -64%, and for NaSCN-NH3 are +5 to -
55%, - 57 to - 63%, -46 to -50% and - 6 1 to - 6 4 % , 
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respectively. 
38. The range of variation in the operating costs of the absorption 
cycle with HRA and the TSAEC given above, are very large 
for the flat plate operated cycle, little less for the evacuated-
tubular collector and LPG; being least for the biogas operated 
cycle. 
39. The single stage cycle having the heat recovery absorber 
will be more economical, especially at high evaporator and 
low condenser temperatures. However, for the evaporator 
temperatures below-30°C, and in some cases below-15°C, 
the single stage cycle may not operate due to some limiting 
conditions of the working fluids. The only alternative then 
remains, is to use either the dual-fluid cycle or the two stage-
absorption and evaporation cycle. 
40. The operating costs of the two stage absorption and evaporation 
cycle are more than those of the two stage dual-fluid cycle, 
except for some conditions in case of the flat plate operated 
cycle, where the dual-fluid cycle shows high operating costs. 
41. The deviation in the operating costs of the dual-fluid cycle 
from those of the TSAEC, for H^O-NHg solution, becomes 
more towards the low evaporator and the high condenser 
temperatures. While for LiN03-NH3 and NaSCN-NHg 
solutions, this deviation is generally more towards low 
condenser and high evaporator temperatures. 
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42. The range of deviation in the operating costs of the two cycles 
is very large with the ordinary flat plate collector around +7.4 
to-AA% for H2O-NH3, +12 to -34% for LiNOg-NHg and +7 to 
-30% for NaSCN-NH3 mixture. For H2O-NH3 solution, 
operated by the evacuated type solar collector, biogas and 
LPG, decrease in the operating costs of the dual- fluid cycle 
from those of the TSAEC are, -5 to -34%, -0.26 to - 3 0 % 
and -3 to -34%, respectively. With the same energy 
sources, decrease in the costs of LiN03-NH3 and 
NaSCN-NHg solutions are, -4 to -10%, -3 to - 6 % and - 5 to 
-9%, respectively. 
43. For some operating conditions, especially at high evaporator 
and low condenser temperatures, the operating costs of the 
TSAEC, using LINOg-NHgand NaSCN-NH3 solutions are 
more than the one using H^O-NHg solution. 
44. The evacuated-tubular type solar collectors, having 
sophisticated construction and high quality materials, are 
much costlier, rising upto 114%, 120% and 114%, from the 
ordinary type collector when using H2O-NH3, LiN03-NH3 
and NaSCN-NH3 solutions in the TSAEC, respectively. 
45. The biogas and the LPG operated cycles are cheaper than 
the ordinary flat plate operated cycles. They are -27 to -87% 
and -26 to -74% for H2O-NH3,-26to-70% and -24 to 
-63% for LiNOg-NHg, while -30 to -70% and -26 to-62%) for 
NaSCN-NH solution, respectively 
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APPENDIX-A 
Some Refrigerant-Absorbent Pairs 
ABSORBENT 
(a) Lithum bromide 
(LiBr) 
(b) 2LiBr+ ZnBri 
(c) 4LiBr + LiN03 • 
(d) LiBr + ZnBr2 
+ LiCl 
(e) LiBr +Lil 
(f) LiBr +ZnCl: 
+ CaBr2 
(g) LiBr + ZnCb 
(h)LiBr + LiSCN 
(i) LiBr 
+ ethylene glycol 
(j) LiBr + 
X - butyrolactone 
(k) LiCl 
(1) LiCl + CaCl2 
+ Zn (N03)2 
(m) Lithium Iodide 
(Lil) 
1. REFRIGERANT: 
IMPROVEMENT 
Solubility of LiBr salt 
improves 
Performance improves, 
corrosity reduces 
Solubility improves. 
crystallization reduces 
WATER 
REFERENCES 
Mansoori and Pate! [63] 
ASHRAE Hand book of 
Fundamentals [64] 
Altamush Siddiqui et al [28] 
Altamush Siddiqui [36,37,40,49] 
Adegoke and Gosney [65] 
Adegoke [66] 
lyoki et al. [67] 
lyoki et al. [68] 
lyoki and Uemura [69,70] 
lyoki et al. [71,72] 
lyoki and Uemura [73] 
Uemura and lyoki [74] 
Won and Kang [75] 
Kaushik[76] 
Won et al. [77] 
Uemura [78] 
lyoki and Uemura [79] 
Eisa et al [80] 
lyoki et al [81] 
Won and Kang [75] 
Grover et al. [82] 
Won and Kang [75] 
Kaushik [76] 
Patil et al. [83] 
Bach and Bourdman [84] 
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ABSORBENT 
LiBr +ZnCl2 
(a) Lithium -
Bromide 
(b) LiBr + ZnCh 
(c) LiBr + ZnBr2 
(d) Lil + ZnBrj 
(a) Water 
(b) Sodium -
Thiocyanate 
( c ) Lithium-
Nitrate 
5REFR 
Water 
6. RE 
N—methyl 
pyrrolidinone 
(NMP) 
Dimethyl -
formamide 
2. REFRIGERANT: 9H2 0:CH3 0H 
IMPROVEMENT 
Operating range 
increases , temperatures 
below freezing point of 
H2O attainable 
REFERENCES 
lyoki et al. [85] 
3. REFRIGERANT: METHANOL 
Uemura and Hasaba [86] 
Renz and SteimJe [87] 
lyoki etal. [88] 
Hasaba and Uemura [89], Renz [90] 
Uemura [91] 
4. REFRIGERANT: AMMONIA 
Mansoori and Patel [63] 
Zeigler and Trepp [92] 
Marcel Bogart [93] 
Jain and Gable [94] 
Altamush Siddiqui [36,37,41,48,49] 
Infante Ferreira [95] 
Best, R., et al [96] 
Rogdakis and Antonopoulos [1995] 
Infante Ferrira [95] 
Best, R., et al. [97] 
JGERANT: MONOMETHYLAMINE (CH2 NH3) 
Reduced effinity to 
water compared to NH3 
FRIGERANT: TRIFLU< 
Many advantages over 
LiBr-HzO and NH3-H2O 
mixture 
Pilarowsky et al [98] 
Uemura et al [99] 
3ROETHANOL ( TFE) 
Antonopoulos [100] 
Bokelmann et al [ 101 ] 
7. REFRIGERANT: R21 
Badrinarayanan etal. [102] 
George and Murthy[103] 
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8. REFRIGERANT: MONOCHLORO-DIFLURO-METHANE (R22) 
(a) Dimethyl formamide 
(b) Dimethyl formamide 
(c) Bis-( 2-methoxyenyl) 
Ether 
(d) Dimethyl acetamide 
(e) Cyclo hexanone 
(f) Diethylene glycol 
(g) Aniline 
(h) Xylene 
(h) N,N- Dimethyl -
formamide 
( j ) Methyl, 
1-2-pyrolidone 
(k) Dimethylether-
tetraethylene glycol 
(l)Dibutyl phthalate 
( m ) I B A 
( n ) D Tr G 
Bapat [104] 
Takeshita and Hozumi[105] 
Uemura and Hasaba [106] 
Jelineket al [107] Das and Agarwal [108] 
Ando and Takeshita [ 109] 
Bhaduri and Varma [110] 
Bhaduri and Varma [110] 
Bhaduri and Varma [110] 
Bhaduri and Varma [110] 
Bhaduri and Varma [110] 
Das and Mani [111] 
Das and Mani [111] 
Das and Mani [111] 
Krieble and Lofler[112] 
Lateshev [113] 
Seliverstov [114] 
Lateshev [113] 
Uemura and Hasaba [106] 
Bokelman et al [101] 
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APPENDIX B 
B 1. Thermodynamic and Thermophysical Property Equations 
of Some Working Fluids. 
B1.1 Enthalpy 
The equation for enthalpy in terms of temperature and 
concentration of LiBr-H^O are taken from ASHRAE [64] and for 
NaSCN-NHj and LiNOj-NHg from Ferreira [95]. The enthalpy 
equations for pure ammonia, pure water and H2O-NH3 mixture were 
obtained by Siddiqui [36] mixture using the procedure given by Ziegler 
and Trepp. [92]. 
Saturated enthalpy 
The reference states of zero enthalpy are CC for the saturated 
ammonia as well as for the saturated water 
Pure components (water and ammonia) 
H, = a^ + a, T+ a^ P + ag P + (a, + a^ T^) P + a^ P^  
H^ = b„ + b, T + b^  P + bj P + (b, + b^m + b /^T^ )^ P + b^p'fT'' 
Water ammonia mixture 
H,3= (1 - X) H,^  + X H,; + [(c„ + c /T + c,m) + (C3 + c,P + c,/T + 
c,m)(2x-^) + (c, + C3P + c,/T + c,„/T^)(2x-1)^]x(1-x) 
where, a, b. and c, are constants as given in Table B1.1. 
H =(1-y) H + y H 
vs \ ' ' VY, y va 
Table Bl.l Constants for the saturated enthalpy equations 
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ao 
ai 
32 
a? 
a4 
as 
a6 
bo 
b, 
b2 
b3 
b4 
b5 
b6 
b7 
Ammonia 
-1477.925379 
7.979672715 
-1.584957E-2 
2.357889E-5 
1.938836E-1 
-1.832123E-6 
-4.370722E-6 
780.3751592 
1.793463444 
2.438453E-4 
5.887041E-7 
-5.123027E-2 
-1.618514E+8 
-3.894205E+26 
-5.946927E+24 
Water 
-1296.803487 
5.6052326 
-4.3682107E-3 
4.4796158E-6 
0.12685805 
-3.8716726E-7 
-2.3459764E-6 
1995 675063 
1.854864237 
-1.194269E-4 
3.002761E-7 
9858336E-2 
-5.850564E+8 
-2.566671E'28 
0.0 
H2O-NH3 mixture 
Co 
c, 
C2 
C^ 
C4 
Cs 
C6 
C7 
C8 
C9 
C,o 
-2.258462E+3 
7.884209E+5 
-1.239222E+8 
1.197489E+3 
4686089E-2 
-9.412826E+5 
1.797014E+8 
-3.701820E+2 
2.935257E-3 
5.357491E+5 
-1.122989E+8 
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The data for the concentration of ammonia in the 
vapour phase were taken from Marcel Bogart [93] and correlated by 
Siddiqui [48] In terms of pressure and concentration of ammonia in 
the liquid phase, as follows: 
y = I ^ d, x' + (d^ + dg X). x P 
where d,, d^ and d^are constants given in Table B1.2. 
The saturated enthalpy equations of ammonia and water in 
the liquid and gas phases cover the following ranges of temperature 
and pressure as reported in [92]: 
230 K < T < 500 K and 0.2 < P < 50 bar 
The enthalpy equations for H^O-NHj mixture developed by 
Siddiqui [48] were found to be in good agreement with the tabulated 
values in reference [64] up to the pressure of 20 bar. 
Lithium nitrate-ammonia solution 
His = ©0 + (®i + ©2 X) t + (ej + e , X) Vf2 + e^ x.V/3 + e^ (0.54 - x^ + e, (x 
-0.54)^5 
where, 6^=0 for x < 0.54, and eg=0 for x > 0.54. 
Sodium thiocyanate-ammonia solution 
H„ = A, t + A^  t^ /2 + A3 tVS + A,(1 - X) 81.08 
A, = l ' f, x, Aj = l ' g, x ' , A 3 = E^  h,x' and 
i=0 i=1 i=1 
A, = l ' k, X' 
1=0 
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Table B1.2 Constants di,d7andd8 
Cons-
Tants 
Do 
d, 
d2 
d3 
d4 
ds 
4 
d7 
d8 
Cons-
Tants 
do 
d, 
d2 
d3 
d4 
dj 
d6 
dv 
d8 
for 0.25 <X < 1.0, 
0.413 < P < 3 45 
0,89793712 
0.29685405 
0.0 
-0.39722288 
-0.31843513E-1 
0.16958766 
0.0 
0.14493282E-1 
-0 16365455E-1 
for 0.02 
0.413 < P < 3.45 
-0.2308885 lE-5 
12.71762 
-45.258118 
-10.311857 
191.62596 
-259.67126 
1043.3805 
-0.99521232 
4.0347633 
3 45<P<6 5 
0.81351143 
0.4196054 
0.0 
-0.35416231 
-0.20990156E-1 
0.17765182 
0.0 
0.15354949E-1 
-0.2280685 IE-1 
< X < 0.25, (wit 
3.45<P<6.5 
0.34794535E-4 
86561079 
-18.622324 
-21.436794 
78.931686 
-110.47383 
439.37634 
-0.20546657 
1 0.63089645 
(with error upto 
6.5 < P < 13 5 
0.72752833 
0.66046214 
0.0 
-0.6009903 
-0.4914533E-1 
0.26705107 
0.0 
0.1413030E-2 
-0.25908167E-2 
th error upto 3% 
6.5 < P < 13.5 
0.5437887E-4 
7.4216547 
-7.005034 
-43.726231 
-37.295422 
-127 05183 
1570.8754 
-0.16737512 
0.72220981 
2%) 
13.5 < P< 20.0 
0.77097851 
0.45622018 
0.0 
-0.24143952 
-0 72747812E-1 
0.77452242E-1 
0.0 
0.22001734E-2 
-0.22307627E-2 
13.5 < P < 20 0 
0.67674802E-4 
6.0439196 
1.1659851 
-39.259068 
-26.786652 
-257.97452 
1347,1125 
-0 10000949 
0.31766015 
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Lithium bromide-water solution 
H,^  = B, + Bj (t + 17.778) + B, (t + 17.778)2 
B, = 2:'.o », X'. B , = l\._, m, X' and B3 = s ' . „ n, x' 
Range: 16 < t < 165'C and 40 < x < 70% 
where e,, f, g,, h,, k,, I, m, and n, are constants given in Table B1.3. 
Superheated enthalpy : 
The superheated enthalpy for pure water vapour and 
ammonia-vapour, taken from Siddiqui et al. [28] and Siddiqui [36], 
respectively, are given below: 
H^^= 1.925 tg-0.126 t^  +2500.0 
H^ ^ = 2.3678756 t^  - 0.72779902 t^  + 1379.8894 
B1.2 Equilibrium pressure 
The equilibrium pressure equations for LiBr-H^O solution 
and pure water have been taken from ASHRAE [64]. The equilibrium 
pressure equation for NaSCN-NHj solution, LiN03-NH3 solution and 
pure ammonia are taken from Ferriera [95]. For the H2O-NH3 
solution, the experimental equilibrium pressure data from Perry and 
Chilton [115] correlated by Siddiqui [36] are listed below: 
Lithium nitrate-ammonia 
P^  = exp {s, + s,(1-x)3 + [S3 + s, (1-x)3]/T} 
Sodium thiocyanate-ammonia 
P^  = exp {s, + Sg X + [s, + sJ{1-x)3/T} 
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Table B1.3 Constants for the saturated enthalpy equation and equilibrium pressure 
LiN03-NH3 
Solution 
Co 
ei 
62 
63 
64 
65 
66 
67 
-215.0 
1.151250 
3.382678 
0.2198E-2 
0.4793E-2 
0.1180E-3 
1570 0 
689.0 
NaSCN-NH3 
Solution 
fo 
fl 
f2 
f3 
g l 
g2 
g3 
h, 
h: 
h3 
ko 
k, 
k2 
2.4081 
-2.2814 
7.9291 
-3.5137 
0.0251 
-0 08 
0.0612 
-0.0001 
0.0003 
-0 0001 
6464.0 
-80450.38 
23972.57 
lo 
li 
l2 
I3 
I4 
mo 
m i 
m2 
m? 
m4 
no 
Hi 
n2 
n? 
n4 
LiBr-HzO 
Solution 
-2359.42878 
184.8797542 
-5.48097239 
0.070466115 
-3.2547666E-4 
19.58526423 
-1.270976992 
3 5347638E-2 
-43835808E-4 
2 0086874E-6 
-3.6982756E-2 
28857801E-3 
-8.1257307E-5 
9.9048448E-7 
-4 4410637E-9 
Equilibrium 
pressure 
Sl 
S2 
S3 
S4 
S5 
S6 
S7 
S8 
S9 
SlO 
Sll 
S12 
Sl3 
Sl4 
Sl5 
SI6 
Sl7 
S18 
11.68483 
3.859 
-2802.0 
-4192.0 
11.12143 
-0.298628 
-2548.65 
-2621.92 
11,289381 
0.58506864 
-2864.7202 
-1576.0613 
10.65557981 
-2234.09497 
-76156.125 
5.050102 
-1603.540555 
-104095 5123 
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Water-ammonia 
P^  = exp {Sg + s,„^ + [s,, + s,,](1-x)^]/T} 
Range: 0.2 < x < 1.0 and 273.16 < T < 393.16 K 
Pure ammonia 
P^  = exp(s,3+s,,/T,+ s,,/T,2) 
Pure Water 
'og,oPw= s,6 + s,/T, + 8,3/1,2 
Range: 273.16 < T, < 283.16 K 
Where, s, are constants given in the Table B1.3. 
B1.3 Solution-refrigerant temperature 
Equating the equilibrium pressure equations for the 
refrigerant-absorbent solutions with the equilibrium pressure 
equations for the refrigerants, the solution temperatures can be 
represented in terms of the refrigerant temperatures as follows [37] : 
Lithium nitrate-ammonia 
T,= [S3+s,(1-x)3]/[A-s,-s,(1-xP] 
Sodium thiocyanate-ammonia 
L = [s, + s , ( 1 - x m A - s , - s , x ] 
Water ammonia 
Ts = K + s,,(1 - xP]/[A - Sg - s,„ X] 
Where. 
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A = S , 3 + S , , / T , + S , , /T; 
Lithium bromide water 
T^= B(T,-255.382)+C 
where, B = I u, x'and C = I w, x' 
Range: 273.16<T< 383.16K; 278.15 < Ts < 449.16 K 
and 45 < X < 70% 
u,and w, are constants given in table B 1.4 
Table B 1.4 Constants u, and w, 
u. 
u. 
u. 
u. 
2.00755 
0.16976 
3.133362E-3 
1.97668E-5 
Wo 
w, 
w, 
w. 
= 160.62667 
= 10.73444 
=0.20799 
= 1.146499E-3 
B 1.4 Specific heat 
The equations for specific heat of NaSCN-NH3 and 
LiNOg-NHgSolutions are taken from Ferriera [95]. The equations for 
the various solutions and pure components are listed below: 
Saturated water 
The specific heat data of saturated liquid water and water 
vapour [116] and those of the saturated liquid ammonia [117] and 
ammonia gas [118] were related by Siddiqui [48] as follows: 
CP,^  = 4.2686 - 0.3538 E-2. (T-273.16) + 0.255 E-4.(T-273.16)= 
283 
Range: 273.16 < T < 573.16 K, (with error upto 2%) 
CP^= 7.636 - 0.3715 E-1 . T+0.5965 E-4. F - 0.27293817 E-6 P. V 
Range: 273.16 < T < 450K (with error upto 2%) 
Saturated l iquid ammonia 
CP,^  = 4.444544 - 0.5064 E-2 T + 0.21567 E-4 V 
Range: 223.16 < T < 323.16 K, (with error upto 1.6%) 
Ammonia gas at one atmosphere 
CP^ = 1.9556 + 0.789 E-4 T + 0.4032684 E-4 T^^ 
Range: 253 < T < 513K, (with error upto 1%) 
B 1.5 Cfystall ization line 
The equations for concentration of L iNOj and 
NaSCN salts in the absorbent circuit (absorber, preheater and 
generator side), which may lead to crystall ization because of 
temperature changes in each component, have been taken from 
Ferriera [95], while the concentrations of the lithium bromide salt, 
taken from Bogart [93] were correlated by Siddiqui [38]. 
Li thium nitrate ammonia 
x^= 0.3021 - 0.34E-3 t-0.272E-5 t-, 0.0 < x < 0.2911 
x^= x; 0.2911 < X < 0.3 
X = -0.608E-3 t + 0.3152; 0.3 < x < 0.3076 
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x^ = 0.143E-1 t + 0.12885; 0.3076 < x < 0.3362 
x^ = -0.5402E-2 t + 0.41318; 0.3362 < x < 0.4304 
x^ = 0.443413 + 0.69E-2 t + 0.854E-3 V; 0.4304 < x < 0.5072 
x^  = 0.527643 -0.3126E-2 t -0.19E-4 t^; 0.5072 < x < 0.6434 
x^  = -0.4605E-2 t + 0.40761; 0.6434 < x < 0.6649 
X = -0.309 E-4 t' + 0.57452; .6649 < x < 0.7826 
c 
x^ = 0.7378E-2 t + 0.67214; 0.7826 < x < 1.0 
Sodium thiocyanate-ammonia 
x^  = 0.360207 - 0.1285E-3 t-0.30158 E-5 t^  + 0.1058E-7 t^  
-0.39364 E-10 t^ 0.0 < x < 0.36 
x^ = 0.4924 + 0.124E-1 + 0.3E-3 t^ ; 0.36 < x < 0.430 
x^  = 0.386 - 0.94E-2 t - 0.1 E-3 F; 0.43 < x < 0.565 
x^ = 0.2198 - 0.6444E-2 t; 0.565 < x < 0.735 
x = 0.72395E + 1 + 0.80303E-1 t; 0.735 < x < 1.0 
Lithium bromide water 
x^  = 9.8459E-2 (T-273.15) + 59.7995 
Range: x <70% and 300 < T < 375K 
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Appendix CI 
FLOW CHART FOR SINGLE STAGE ABSOPRPTION REFRIGERATION 
CYCLE (SSAC AND HRA) 
11 
Read ; Qe= 12600.0-ITR, 
S = 2436.577 
Assign : t e = ^ 0 0 
DO 11 1 = 2,8 
Set :te = te+ 10.0 
Assign : tc= 20.0 = t, = t,, U = t .- lO.O 
Do 12 N = 1. 5 
12 Set: tc = tc +5.0 
Compute : p ^  and p c form the subroutine P, at t e and 
t c, respectively 
Set Pa = p e and Pg = pc = Pi and compute x, from the subroutme 
?»( T,, p,) and \u from P, ( T, , p,) 
-J-
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12 
11 
Compute : c pv ,8, c pv ,9, h i , hs and hg from the respective subroutines 
Assign : x g = x. 
DO 13 J =1,30 
13 Set X „ = X. - 0.005 g '^ g 
Compute : t g, yi?, h4, hio, h^ , hi?, hi4, and hi6 from the respective subroutine 
Calculate : h^, hg, h?, mi , rm, mio, m^, mu. Qc, Qc, Q., Qh, Qb, Qi, Qp ,Qt 
COP, COPI, Ap, A,, Vh, V,, Cp, C, Cb, C, 
OUTPUT 
Optimization of 
generator temperature, t 
( 
( 
STOP 
i 
END 
) 
) 
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Optimization of 
generator temperature 
Assign C( l )= 10 20 
DO 100 k = 2 , 30 
No 
Out put Conespondmg to the C„ 
C „„„ = C (k) 
m = k 
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Appendix C2 
FLOW CHART FOR TWOSTAGE DUAL-FLUID CYCLE 
START 
12 
13 
Read : 0,-2 = 12600 
I 
Assign : ta, = 20. t^ i = 5 te2=-80 
Do 12 M = l , 5 
I 
> 
1.1 = t.i + 5 
tcl ~ tc2 - t r - tai , tam ~ t^l " 5 , ta2 " t^] + 5 . 
< 
D o l 3 N = l ,16 
I 
tc2=t.2+5. 
i 
Compute : pc2 at tc2 from the SUB. Pa 
Equate : Pr=Pg2 =pc2 and 
Compute : Xa2 and x^ from the SUB. P 
Compute : hi , h^ , h^. C pv,8 from the respective subroutmes 
Z 
Assign ; Xg2 = Xa2 
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Compute . tg2 ,Y]3, h4, hio, h ^ , h ^ , hi4, from the respective Subroutines 
i 
Calculate : hs, hs, hg, mi, m4, mio, m,,, mi4, Q.: - Qr2. Qg: , Qa2, 
Q«,e^g^.2COP:.A2 0^V2andCT2 
Equate Qei = Qa2 
Compute : Xai from SUB T^ ( Tai , 1^2) 
Compute : Pd and Pei from SUB. P,^  at td and tei 
Compute : C p„ from CPv« ( Tei, Pei ) 
I 
S e t : Xgi — Xai g l •^al 
Do 10 k k =1 ,40 
1 
m 
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III 
^ 
Xgi = Xgi +0 .5 
1 
Compute : Tg, from T, (Xgi ,Tei) and h|s , hig , h,9, h: : , h24, h26 
from the respective subroutines 
Calculate : 
V 
h l 7 , h 2 0 , h 2 3 , m i 5 , m 2 4 , Q c l , Q g l , Qal 
Q energ>.I a n d V , Of A , 
,COP, 
Yes 
i 
Vn.n=V{kk) 
k = k k 
•^  min "^  "^  i 
niA 
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niA 
i 
X = v + O S * k 
i 
Calculate new value of t g, H24, H25, H,)i, mi5, m24, hiv, Qgi, Q cncrg>.i 
CTI corresponding to x g and t g at V „,„ 
It 
Calculate : COP = Oe2 / ( Qe2 + O^i) i 
Calculate ; Total V or A and d for I" and 2""^ stage 
J 
OUTPUT 
Optimization of 
generator temperature, t , 
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Appendix C3 
FLOW CHART FOR TWO STAGE ABSORPTION AND 
EVAPORATION CYCLE 
Dimension: Xg(31).t g(3i).COP(31),COPI(31), Vb(31), Vc(31), 
Ap(31),A,(31),Cb(31),C,(31),Cp(31), C,(31),ni,(31),m4(31) 
Read : tei= -80.,te2= -5. , tai=te2+5. , Qei=12600. , S=2436.577 
11 
12 
< 
I 
Do 11 J = 2,9 
' ' 
U\=Ui+5. 
' ' 
tc = tr = 20. tam = tc-10 
1 1 
> 
Do 12 N= 1 ,5 
t c = t c + 5. 
Compute : pc, Pei, pe2, from 1 SUB Pa at tc, t^i, and te2, 
Respectively and Xafrom SUB Ps (Tei,pa) 
I 
IV 
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IV 
Calculate : Ta2 corresponding to Ts ( x a, Tc2) and 
Compute : XM from SUB. Ps (Tr, Pr) 
Compute : Cpv.s, C p v 8 ,Cpi .5 from CPva and 
CP la , respectively and hi , hg , h), hs, hg from the respective subroutines 
X g ( 0 ) = X: 
< 
Dol3 ,JJJ =1 ,30 
> 
mr(l)=0 1 
10 
Calculate : hg, he , te', hg, he, mg 
^ g ( i u ) ~ ' ' g ( j j j ) - 0 0 0 5 
Calculate ; mi(juj).mi2 
Compute :t g(,,j > and y^ 
Yes 
Yi3=0.99 
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Calculate : ITIH , mi3 
Calculate : hio, hn , hjj', h^ , hi4, Iti 
Calculate. Qai , 019', mi", m4( j j j ) ,mr( j j j ) 
DIF = ABS [ m , (j^) - m ruu-i) ] 
Yes ^ mr(jj,,-i)-mr(jjj) 
No; 
Goto 10 
^ 
Calculate m,. mio, Ks.Q^:, Q c, Q g. Q r. COP (JJJ) .Q b, 
Q e, Q p, Q,.V b(JJJ),V,(JJJ), Ap(JJJ). A,(JJJ).C b(JJJ), 
C ,{JJJ) ,C p(JJJ), C , (JJJ), COPI (JJJ) 
/ 
OUTPUT 
VI 
13 
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VI 
<b 
12 
11 
Optimization of 
generator temperature, t 
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